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ABSTRACT 

The transportation sector in New Zealand accounts for the highest CO2 emission. Replacing 

the fossil fuels with liquid biofuels derived from woody biomass as a carbon neutral resource 

can decrease the CO2 emission and secure future liquid fuel supply. The Fischer-Tropsch (FT) 

liquid fuel production using syngas from gasification is a promising technology for 

commercialisation in the next 5 to 10 years in New Zealand. However, in order to achieve the 

maximum benefits by using the woody biomass for liquid fuel production, the plant design and 

operation need to be optimised. The objectives of this study were: (1). Develop an integrated 

system model for production of FT liquid fuels from woody biomass; 2) Finding an optimum 

plant configuration by using energy and exergy analyses; 3) Performing techno-economic 

analysis on the plant.  

The integrated system models for conversion of woody biomass to FT liquid fuels (BTL) were 

developed based on two different scenarios. Scenario I included biomass pretreatment 

(chipping and drying), biomass gasification in a dual fluidised bed (DFB) gasifier with steam 

as the gasification agent, producer gas cleaning and gas conditioning, and FT liquid fuel 

synthesis. Scenario II included biomass pretreatment (chipping, drying and grinding), biomass 

densification through fast pyrolysis, entrained flow gasification of bio-slurry, gas cleaning and 

gas conditioning, and FT liquid fuel synthesis. For Scenario I, it was assumed that woody 

biomass chips were transported from the biomass field to the processing plant where the chips 

were dried and then fed to the DFB gasifier. For Scenario II, the wood chips were firstly 

converted to bio-slurry by fast pyrolysis reactors in the biomass field, and then the bio-slurry 

was transported to the main process plant. The scale of the fast pyrolysis plant was fixed at 20 

MWth thus when the main process plant had greater capacity, more than one such pyrolysis 

systems were operated simultaneously in different biomass fields. 
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The unit operations of each scenario were modelled in a UniSim simulation environment by 

using a combination of built-in and user-defined unit operations. In the modelling, energy and 

mass balances in each operation unit were considered. In addition, chemical reactions in 

pyrolysis, gasification and FT reactors were also modelled using quasi-equilibrium and kinetic 

approaches. The system models were solved, and the results were compared with reported data. 

Finally, the system models were applied for a 100 MWth (based on the lower heating value of 

biomass feed) plant to analyse energy efficiency, exergy efficiency and economic returns. 

Parametrical analysis was also performed to investigate the effects of feedstock and operational 

conditions on the system performance.  

As part of the energy analysis, the pinch analysis was performed to optimise the heat recovery 

of the system and steam generation. The simulation results show that the energy efficiency of 

the BTL plant based on Scenario I varies from 55 % to 61.5 % while it is 53 % for the BTL 

plant based on Scenario II. For improving the energy efficiency, the exhaust heat should be 

entirely used for biomass drying and steam generation, and the FT off gas should be used for 

electricity generation. Also, the steam-methane reforming reactor should be chosen over the 

high-temperature shift converter for the gas conditioning method in Scenario I in order to 

achieve higher energy efficiency.  

The model simulation results also indicate that the exergy efficiency of the BTL plant based 

on Scenario I varies between 38 % and 48 % while it is 33 % for the BTL plant based on 

Scenario II. Power generation is identified as the largest source of exergy loss in the system. It 

is proposed to maximise the liquid fuel yields and minimise the power generation capacity for 

improving the exergy efficiency of the system. Also, the number of process steps should be 

minimised in a plant configuration.  
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The developed system models were also applied for techno-economic analysis on the BTL 

plant based on the two scenarios. A sensitivity analysis was conducted to investigate the effect 

of various parameters on production cost and total capital investment of the BTL plant based 

on each scenario. These parameters included plant scale, feed biomass moisture content, unit 

operations’ conditions, and transportation distance between the biomass field and the BTL 

plant. 

From the feasibility analysis, it was found that the capital investment required for the BTL 

plant based on Scenario I was $NZ187 million which was considerably less than that of $NZ 

248.5 million required for the BTL plant based on Scenario II. The production costs of FT 

liquid fuels produced from the Scenario I BTL plant were at $NZ 1.34/litre for diesel and $NZ 

1.27/litre for gasoline. These costs were lower than the costs of corresponding products 

produced from the Scenario II BTL plant ($NZ 1.95/litre for diesel and $NZ1.85/litre for 

gasoline). The key factor for the higher production costs in the Scenario II BTL plant is the 

additional cost for biomass pyrolysis to produce bio-slurry that cannot be compensated by the 

cost of biomass transportation. At the scale of 100 MWth, the Scenario I BTL plant is 

competitive for commercialisation considering the actual market prices of petroleum-derived 

diesel and gasoline at $NZ 1.3/litre and $NZ 1.23/litre, respectively. However, the extra costs 

of production of bio-slurry may be paid by the cost of biomass transportation at large scale of 

plant (>150 MWth) when more biomass needs to be transported over a long distance.  

It should be emphasised that at the time of the study in October 2013, the BTL plant was 

economically feasible. Unfortunately, the plant is not feasible currently as the price of crude 

oil has been declined significantly to $US 62.5/barrel from $US 105.5/barrel in October 2013. 

Therefore, the FT liquid fuel production has to compete against the conventional liquid fuels 

unless some subsidies are provided by the government. 
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1. CHAPTER 1: INTRODUCTION 

The enormous industrial activities over the last century have had adverse impacts on nature 

and human lives. Excessive use of fossil fuels is believed to contribute to climate change and 

global warming due to the CO2 emissions. Based on the statistical data of the International 

Energy Agency (IEA)(2012a), carbon dioxide accounts for 92 % of the greenhouse gas 

emission of the energy sector in the developed countries. 

1.1. THE GLOBAL AND LOCAL ENERGY CONSUMPTION AND CO2 EMISSION  

The atmospheric concentration of carbon dioxide and global temperature is increasing. 

According to the United Nations Framework Convention on Climate Change (UNFCCC) 

(2007), the atmospheric concentrations of carbon dioxide increased from 278 parts per million 

(ppm) in the pre-industrial era (17th century) to 379 ppm in 2005. As a result, the average global 

temperature rose by 0.74 ˚C, which was the largest warming trend claimed by scientists in the 

known history of the earth. The Intergovernmental Panel on Climate Change (IPCC) (2007) 

predicts that global warming will continue in the 21st century, and the earth’s temperature will 

rise by another 3 ˚C by 2100. 

The contribution of different sectors to global CO2 emission is shown in Figure 1-1. Electricity 

and heat generation account for 41 %, the largest source of the world’s CO2 emission, (IEA 

(2012a)). Transportation and industry are the next major sources of CO2 emission which 

contribute 22 % and 20 %, respectively. The trend in New Zealand is different from the global 

trend. The largest CO2 emission is associated with the transportation sector with CO2 

contribution of 44 %. Industry follows it with 25 % and electricity and heat with 22 %. 
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Figure 1-1. World’s CO2 emission by sector in 2010 adapted from IEA (2012a). 

 

Figure 1-2. New Zealand’s CO2 emission by sector in 2010 adapted from IEA (2012a). 

Fossil fuels are the main source of energy in the world. According to IEA (2012a), fossil fuels, 

including crude oil, coal and natural gas, contribute 81 % of the global energy demand of which 

32 % is associated with oil, 28 % is associated with coal and 21 % is associated with natural 

gas. Coal accounts for the highest CO2 emission with a contribution of 43 %; oil and natural 

gas are next with 36 % and 20 %, respectively. Renewable energy resources provide 19 % of 

global energy demand while they generate only 1 % of the net CO2 emission. 
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Replacing fossil fuels with renewable energy resources can decrease the CO2 emission 

considerably. For the electricity and heat sectors, renewable energy resources such as wind, 

hydropower and solar power can replace fossil fuels efficiently. For the transportation sector, 

efforts have been made to improve the engines’ efficiency and encourage people to use more 

public transportation. However, these efforts are not enough due to the growth of the 

transportation demand (World Energy Outlook published by IEA (2012b)). Therefore, 

development of new technologies for production of liquid fuels using renewable resources such 

as biomass is important.  

1.2. LIQUID BIO-FUELS FROM BIOMASS: FISCHER-TROPSCH (FT) LIQUID FUEL 

SYNTHESIS USING SYNGAS FROM BIOMASS GASIFICATION 

Woody biomass as a carbon-neutral resource has attracted extensive attention for the 

production of liquid fuels such as ethanol, biodiesel and diesel. By using woody biomass for 

fuel production, the CO2 generated during the fuel production and consumption are absorbed 

by the growing trees, thus the whole process is regarded as largely carbon-neutral. Liquid fuels 

such as ethanol and biodiesel can be blended with conventional liquid fuels while diesel from 

the Fischer-Tropsch (FT) liquid fuel synthesis can replace conventional diesel. FT liquid fuel 

synthesis is expected to be one of the most promising technologies for production of liquid 

fuels from woody biomass (Boerrigter et al. (2003)).  

The process of FT liquid fuel synthesis was discovered in 1923 by two German scientists and 

was named after them. The process was initially used by Germany during World War II for the 

production of transportation fuel and other chemicals from coal. It was then applied in South 

Africa for the production of liquid fuels from coal. As described in Steynberg and Dry (2004), 

this process consisted of two stages: i) Production of synthesis gas (syngas) from coal, and ii) 

Converting the synthesis gas to liquid hydrocarbons in a fixed bed reactor filled with catalysts  
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Meanwhile, an alternative process was developed in USA by using natural gas as feedstock for 

the FT liquid fuel production (Steynberg and Dry (2004)). However, this technology was 

commercialised outside USA, and the first gas to FT liquid fuel (GTL) plant was started up in 

1992 in Mossel Bay, South Africa. A year later, Shell Company started up a GTL plant in 

Bintulu, Malaysia. The largest GTL plant (Pearl) with capacity of production of 140,000 

barrel/day (bpd) was commissioned in 2011 by cooperation between Shell and Qatar Petroleum 

(Bao et al. (2010)). The other large GTL plant is Oryx (located in Qatar) which produces 34,000 

bpd liquid fuel products. The Oryx plant has been developed by cooperation between Sasol and 

Chevron companies. A simple flow diagram of a GTL plant is shown in Figure 1-3. 

 

Figure 1-3. A simple flow digram of the GTL plant adopted from Bao et al. (2010).  

Crude oil resources are limited and concentrated in certain and often problematic areas in the 

world. The crises in those regions have been always one of the major incentives for 

development of FT liquid fuel synthesis processes from coal. In addition, the difficulty and 
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cost of transportation of natural gas from remote areas to the main markets have been incentives 

for development of FT liquid fuel synthesis from natural gas.  

The FT synthesis process has three main steps: synthesis gas preparation, FT synthesis and 

product refining (upgrading). The produced syngas has to be cleaned quite well prior to FT 

synthesis since the FT synthesis catalysts are very sensitive to impurities. As a result, the liquid 

fuel produced by FT synthesis contains less environmental pollutants than conventional diesel 

from crude oil. For example, the diesel from FT liquid fuel synthesis emits 12% less NOX and 

24% fewer particulates according to Andrews and Logan (2008).  

The biomass to FT liquid fuels (BTL) plants share many features with coal to FT liquid fuels 

(CTL) and gas to FT liquid fuels (GTL) plants. However, some parts of the BTL plant are more 

complex while others are simpler than CTL and GTL plants. For example, due to much lower 

sulphur content of the woody biomass compared to coal, the sulphur removal technology in a 

BTL plant does not have to be as sophisticated as in CTL plants (Ramage et al. (2009)). 

However, similar to coal, woody biomass requires considerable pretreatment in order to be fed 

to the gasifier (Boerrigter (2006)). A simple flow diagram of a CTL plant is shown in Figure 

1-4. 



6 

 

 

Figure 1-4. A simple flow diagram of a CTL plant adopted from Hao et al. (2007). 

The chemical efficiencies of BTL plant and CTL plants are normally less than a GTL plant. 

The chemical efficiencies of different plants for FT liquid fuel synthesis are listed in Table 1-1. 

For the BTL plant, the chemical efficiency of the 45 MWth plant of Choren Company was 

reported. Unfortunately, this plant is no longer in operation. A simple process flow diagram of 

the BTL plant of Choren Company is shown in Figure 1-5.  

Table 1-1. The chemical efficiency of different technologies reported in Andrews and Logan 

(2008). 

 



7 

 

 

Figure 1-5. A simple flow diagram of the BTL plant of the Choren Company 

 adopted from Vogels (2010). 

The BTL technology has not been commercialised at the present time although the analysis for 

the economy, energy efficiency and environmental impacts has been under study. To achieve 

the most benefit for a commercial scale BTL plant, the optimum plant configuration and 

operation are critically important. Thermodynamic analysis is a helpful tool in determining an 

optimum configuration by studying the efficiency of the plant. Traditionally, thermodynamic 

analysis means energy or the first law of thermodynamics analysis. However, the energy 

analysis alone is not able to justify whether a system configuration is the most efficient one or 

not. 

Most of the unit operations in an integrated system of the BTL are irreversible. By including 

the analysis of the second law of thermodynamics, the thermodynamic analysis can become a 

stronger tool in designing a plant configuration. This second law of thermodynamics is also 

referred to as ‘exergy analysis’ that shows the quality of energy. By this new definition, the 
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two different types of energy, for example, steam and electricity which carry the same quantity 

of energy, have different qualities (exergy). 

The major challenges in commercialisation of the biomass to FT liquid fuel are the high 

production costs and required economic returns of the plant. One of the most important factors 

affecting the production costs of FT liquid fuel is the cost of woody biomass feedstock 

including transportation and handling. The biomass resources are not concentrated in a certain 

region. They have to be collected from various fields and transported to the process plant. Also, 

as energy density of the biomass resources is low, the costs of collection, transportation and 

storage are high. In addition, the cost of biomass harvesting and growing must be included in 

the feedstock cost, which increases the cost of feedstock as well. Furthermore, in order to feed 

the woody biomass to the BTL plant, some treatments, such as drying and chipping, are 

required to be done on the woody biomass.  

Such constraints on the BTL plant show the necessity of defining a boundary for the system. 

Assuming different boundaries leads to different scenarios for the BTL plants. Well defined 

scenarios make the study of different aspects of the plant more convenient. The outcomes of 

these analyses are eventually helpful in deciding between different scenarios. 

1.3. WOODY BIOMASS RESOURCES IN NEW ZEALAND 

New Zealand has plenty of forests although according to New Zealand Ministry of Primary 

Industries (2012), around 70 % of plantation forests (1,211,500 ha) are located in the North 

Island. Forty-three percent of these forests are located in the central North Island while others 

are scattered in other parts of the island. In the central North Island, there are many wood-based 

companies which are dependent on forest products either directly or indirectly.  

Forest residues, including landing and cutover residues and wood residues from wood 

processing industries, are two sources of inexpensive woody biomass for liquid fuel 
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production. However, as reported by Hall et al. (2001), landing residues are the cheapest option 

for energy generation while cutover residues are very expensive to be collected. In addition, 

the cutovers left on the ground provide nutrients to the soil as they decay (Scion (2007)). The 

landing residues is about 4 to 6 % of the extracted volumes and is composed of off-cuts from 

base, tips, midsection, and some branches of trees produced during log making (Hall and 

Gifford (2007)). The current landing residues available in New Zealand is 923,767 tonnes per 

annum, 27 % of which is already utilised in current energy plants for wood processing facilities 

(Hall and Gifford (2007)).  

However, for a large scale BTL plant, the biomass resources around that plant may not be 

sufficient. The other option is the energy crops or fast grown crops that can be harvested in a 

short time and provide additional woody biomass for liquid fuel production. Certain 

environmental impacts such as water and land use must be studied carefully for fast grown 

crops, so they do not compete with food crops. 

1.4. WOODY BIOMASS PRETREATMENT  

Because of high moisture content and large and different particle sizes, woody biomass needs 

to be treated prior to liquid fuel synthesis. The most common woody biomass pre-treatment 

technologies are fast pyrolysis, torrefaction and pelletising, which all include biomass drying 

and biomass size reduction. Fast pyrolysis is more complicated and requires a standalone 

process plant. In a biomass fast pyrolysis plant, the woody biomass is converted to bio-oil 

slurry which has an energy density (GJ/m3) of 4 to 5 times higher than the original woody 

biomass as claimed by Raffelt et al. (2006). Therefore, the cost of transportation can be 

decreased significantly.  

The torrefaction process of woody biomass happens in four stages: heating, drying, 

torrefaction, and cooling according to Meerman et al. (2011). For several minutes, the biomass 
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is heated to 200–300 ˚C in a moving bed reactor. During the process, the moisture and some 

volatile gases are released, thus the C/O ratio of the solid products increases. The released low 

calorific gas and some biomass can be combusted to provide the heat required by the process. 

If the torrefaction product is not used immediately, the product needs to be pelletised. 

According to Meerman et al. (2011), direct pelletising of woody biomass consists of drying 

and grinding, steam conditioning, pressurising, and cooling. The pelletising happens at 150 ˚C 

when the biomass lignin content begins to soften and act like a glue. 

1.5. THE CONVERSION OF WOODY BIOMASS TO FT LIQUID FUELS AND 

ELECTRICITY 

The BTL plant has three major parts: the syngas preparation, the FT synthesis and the FT crude 

upgrading (refining). The syngas preparation includes gasification, gas cleaning and gas 

conditioning to provide suitable syngas to feed into the FT synthesis reactor. In the gasification 

process, the woody biomass is converted to a gas mixture composed of hydrogen, carbon 

monoxide, carbon dioxide, and methane at high temperature (>700 ˚C) with a controlled 

amount of a gasification agent (steam, air or pure oxygen). The operating pressure of the 

gasifier varies from low pressure (atmospheric or several bar) to high pressure (20–70 bar).  

1.5.1. BIOMASS GASIFICATION  

There are different types of gasifiers including fixed bed gasifiers (up-draft gasifier and down-

draft gasifier), fluidised bed gasifiers (bubbling fluidised bed gasifiers, circulating fluidised 

bed gasifiers and dual fluidised bed gasifiers) and entrained flow gasifiers. An extensive review 

of different gasification technologies can be found in E4Tech (2009). Except for the dual 

fluidised bed (DFB) gasifier, the other types of gasifiers have been commercially used for coal 

gasification. Among them, the entrained flow gasifier designed by Shell Company has been 

used for co-gasification of biomass and coal (Meerman et al. (2011)). Compared with other 
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gasifiers, clean syngas can be generated in the entrained flow gasifier at high gasification 

temperature and pressure (>1500˚C and 20 –70 bar) by applying pure oxygen as a gasification 

agent.  

In the above-mentioned gasifiers, excluding the DFB gasifier, using air or oxygen as a 

gasification agent, the feedstock and the gasification agent are in direct contact and heated from 

the partial combustion. These gasifiers are also termed as ‘directly heated gasifiers’. However, 

in steam gasification such as the dual fluidised bed (DFB) gasifier, external heat is provided 

either by heating coils or by circulating bed materials, and these gasifiers are called ‘indirectly 

heated gasifiers’. 

 The DFB gasifier contains two columns, a bubbling fluidized bed (BFB) reactor and a fast 

fluidised bed (FFB) reactor, as described in Saw and Pang (2012). The steam gasification of 

the feedstock occurs in the BFB reactor with the operation temperature between 750 and 850- 

˚C at atmospheric pressure. The bed materials which could be silica sands or olivine particles 

and the chars generated from the gasification process flow from the bottom of the BFB reactor 

to the FFB reactor through the chute by gravity. In the FFB reactor, air is introduced for 

combustion of the chars that heats the bed material to a temperature 50 to 100 C hotter than 

in the BFB reactor. The hot bed particles are then carried out of the FFB reactor and removed 

from the flue gas by a cyclone and then flow back to the BFB reactor through a siphon. 

1.5.2. SYNGAS CLEANING AND CONDITIONING  

The feed of syngas to the FT synthesis reactor is required to be clean with H2/CO ratio of about 

2 according to Boerrigter et al. (2004). Also, the syngas needs to meet certain specifications as 

listed in Table 1-2 so that the catalysts in the FT reactor can last a sufficiently long time. The 

fine particles in the syngas including soot, dust and ash have to be removed entirely. The 

sulphur and nitric impurities have to be removed to less than 1 part per million (ppm) while the 
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halogen compound and alkaline metals have to be removed to less than 10 parts per billion 

(ppb). In low temperature gasification such as a DFB gasifier, tars are an important technical 

issue and the tar removal is the major challenge of gas cleaning of the syngas produced from 

the low temperature biomass gasification. The tars are commonly categorised into five classes 

depending on the molecular weight and chemical structure. The class two compounds, the 

hetero atoms tar like phenol, must be removed to less than 1ppm. Removing the smaller tar 

components, benzene to xylenes (BTX), is extremely difficult. However, they can be decreased 

to below their dew point at FT synthesis reactor’s condition to prevent their condensation.  

The producer gas from the DFB gasifier is rich in hydrogen and it is possible to achieve the 

H2/CO ratio of 2 by using the catalytic bed material and operating at optimum conditions. 

However, in the entrained flow gasifier, although the produced syngas is clean, the H2/CO ratio 

is normally less than 1 as reported in E4Tech (2009). Therefore, it is required to modify gas 

composition, thus the H2/CO ratio of the syngas should be close to 2 prior to the FT synthesis. 

This ratio may be achieved by gas conditioning using a water-gas shift converter or a steam-

methane reformer.  
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Table 1-2. Specification of the inlet syngas to FT reactor adapted from Boerrigter et al. 

(2004). 

 

1.5.3. FT LIQUID FUEL SYNTHESIS AND FUEL UPGRADING 

There are four types of FT synthesis reactors which are commercially available according to 

Steynberg and Dry (2004): 

 Circulating fluidised bed reactor 

 Fluidised bed reactor 

 Tubular fixed bed reactor 

 Slurry phase reactor 

There are two different operation conditions for the FT synthesis based on the operation 

temperature: high temperature FT (HTFT) synthesis and low temperature FT (LTFT) synthesis 

(Steynberg and Dry (2004)). The HTFT occurs at 320 ˚C to 350 ˚C and produces mainly 

gasoline. In contrast, the LTFT happens at 220 ˚C to 250 ˚C and results in more waxy products 

and diesel. The HTFT technology is used with fluidised bed reactors while LTFT is generally 

used with either a multi-tubular fixed bed reactor or a slurry phase reactor. There is another 
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state of the art type of reactor called a micro-channel reactor is under study and not 

commercially available.  

The catalysts used in the FT synthesis include metals of Fe, Co, Ni and Ru, which have high 

activities for hydrogenation of carbon monoxide and FT synthesis ( Steynberg and Dry (2004)). 

Among them, Fe and Co are the most popular options for commercial use. Ruthenium is very 

active but very expensive thus it is not feasible for commercial use. Nickel has two major 

drawbacks: it produces more methane than Fe and Co and at FT synthesis condition forms 

volatile carbonyl resulting in a continuous loss of metal. Cobalt is much more active than iron 

and has been used in many plants, such as, the Shell GTL plant in Malaysia which targets the 

production of diesel. However, for production of high value linear alkenes, iron catalysts are 

used in HTFT fluidised bed reactors and is used in the Sasol III plants in South Africa. 

Using the cobalt catalysts in the slurry phase fluidised bed reactor for diesel production results 

in a range of long chain paraffinic compounds. The outcome from the LTFT synthesis includes 

three main products: condensate, wax and off-gas. The condensate is the light hydrocarbon 

compounds with final boiling point of 370 ˚C and is liquid at room temperature. The wax 

contains heavy paraffinic compounds which are solid at room temperature. The off-gas from 

the FT synthesis can be used for electricity or heat production in an integrated system. 

According to Steynberg and Dry (2004), some water is produced during FT synthesis, which 

contains some dissolved oxygenates like alcohols and organic acid. The reaction water can be 

further processed to produce a valuable product.  

The LTFT primary products, condensate and wax, are suited to be upgraded to middle distillate 

products and naphtha (gasoline). As suggested by Steynberg and Dry (2004), the most 

important middle distillate product is diesel. As shown by Shah et al. (1988), the upgrading 

process includes hydrogenation, hydro-cracking and hydro-isomerisation which can happen in 
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a single process by using hydrogen and a suitable catalyst. In the upgrading process, the olefins 

are converted to paraffinic compounds; the waxy products are cracked to a middle distillate 

and the linear paraffinic compounds are converted to branched paraffinic compounds. 

1.5.4. POWER GENERATION 

The power generation system can be either a simple cycle or a combined cycle gas turbine. The 

simple cycle is composed of a compressor for pressurising the air flow, a combustion chamber 

and a gas turbine. In the combustion chamber, the off-gas is combusted with air and generates 

a gas stream with high pressure and temperature. The gas stream is then directed to the gas 

turbine where it expands and generates electricity. Both the gas turbine and the compressor 

share the same shaft. Therefore, the electricity generated is the work done by the gas turbine 

minus the work required by the compressor. The isentropic efficiency of compressor and 

turbine is in the range of 85% to 90 % as reported by Rahman et al. (2011).  

 

Figure 1-6. The simple cycle power generation system adopted from Rahman et al. (2011). 
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Figure 1-7. The combined cycle for power generation adopted from Ibrahim et al.  (2011). 

The efficiency of the power generation system can be increased in a combined cycle. The heat 

of the exhaust gas of the turbine is recovered in a heat exchanger to produce some medium 

pressure (MP) steam. The MP steam is then directed to a steam turbine to generate some 

electricity and low pressure (LP) steam. If the low pressure steam has no use, it can be directed 

to another steam turbine for generating the electricity according to Ibrahim et al. (2011).  

1.6. OBJECTIVES OF THE RESEARCH 

The objective of this Ph.D. thesis is to develop an integrated model for the BTL plant and 

perform the thermodynamic and economic analyses by applying the developed system model. 

Based on the brief background given in the previous sections, two scenarios are chosen for 

production of FT liquid fuel from biomass. 

 Scenario I is for the biomass to liquid fuel through gasification and FT synthesis. The 

main stages of the process include:  

o Biomass collection  

o Biomass chipping 
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o Biomass transportation 

o Biomass drying 

o DFB biomass gasification 

o Gas cleaning 

o Gas compression  

o FT liquid fuel synthesis 

o FT crude upgrading 

o Off-gas utilisation 

 Scenario II is for biomass densification by fast pyrolysis, gasification and FT synthesis. 

The stages in this process include:  

o Biomass collection  

o Biomass chipping  

o Biomass drying  

o Biomass grinding  

o Biomass fast pyrolysis to generate bio-slurry  

o Transportation of bio-slurry  

o Entrained flow (EF) gasification of the bio-slurry and heat recovery 

o Gas cleaning and gas conditioning  

o FT liquid fuel synthesis 

o FT crude upgrading  

o Off-gas utilisation. 

A simple diagram of each of the scenarios is shown in Figure 1-8 for Scenario I and in Figure 

1-9 for Scenario II. For each scenario, an integrated system model is developed in a UniSim 

simulation environment. The model development are based on experimental results and 

theoretical analysis. The developed system model is then used for thermodynamic (energy and 
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exergy) analysis and economic analysis of production of FT liquid fuels from woody biomass 

based on the two scenarios.  

 

Figure 1-8. A simple diagram of BTL plant based on Scenario I. 

 

Figure 1-9. A simple flow diagram of BTL plant based on Scenario II. 
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1.7. THESIS SCOPE AND OUTLINE 

The thesis content is presented in the following order. Chapter 2 provides a summary on the 

basics of energy and exergy analysis. Also, it presents a literature review on energy and exergy 

analysis of BTL plants and a literature review on techno-economic analysis of BTL plants. 

Chapter 3 reviews the technologies available for each of the unit operations included in a BTL 

plant.  

The development of an integrated system model for the BTL plant based on Scenario I is 

presented in Chapter 4, while the BTL plant based on Scenario II is presented in Chapter 5. A 

combination of user-defined and built-in unit operations have been used for modelling and 

simulation of individual unit operations which are based on mass and energy balances, and 

kinetics of reactions. 

A summary on different BTL plant configurations and efficiencies reported in the literature is 

provided in Chapter 6. It is followed by optimisation of the integrated system models developed 

the BTL plants in previous chapters for. The energy and exergy analyses have been used as the 

optimisation tools, and the effects of different parameters on energy and exergy efficiencies of 

the BTL plants have been studied. In Scenario I, these parameters include feed biomass 

moisture content, operation condition of the DFB gasifier, operation condition of the FT 

synthesis reactor, and selection of the gas conditioning method. In Scenario II, only the effect 

of feed biomass moisture content has been investigated. 

In Chapter 7, a techno-economic analysis is performed on the optimum configurations resulted 

for the BTL plants in Chapter 6. The total capital investment (TCI) and production cost of FT 

liquid fuels have been estimated. The effect of the parameters aforementioned for energy and 

exergy analyses on TCI and production costs of FT liquid fuels have been examined as well. 

In addition, a sensitivity analysis has been conducted to study the impact of other parameters 
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including biomass feedstock cost and transportation distance on the production cost of FT 

liquid fuels. Finally, Chapter 8 summarises the thesis conclusion and makes a number of 

recommendations for improving the exergy efficiency and economic performance of the BTL 

plant. 
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2. CHAPTER 2: LITERATURE REVIEW ON SYSTEM ANALYSIS 

This chapter presents a literature review on method of analysis for the biomass to liquid fuel 

(BTL) systems. A literature review and detailed descriptions of technologies in the BTL 

systems will be presented in Chapter 3 whereas a literature review on system modelling will 

be presented for Scenario I in Chapter 4 and for Scenario II in Chapter 5. 

2.1. ENERGY AND EXERGY ANALYSES 

Based on the first law of thermodynamics, energy and matter cannot be created or destroyed as 

they can only be converted from one form to another form. However, during these changes, the 

quality of matter and energy deteriorates. The quality of matter or a type of energy may be 

improved at the expense of the quality of another matter or energy. Baehr (as cited in Wall 

(1986)) defined the exergy as a part of the energy which is convertible to all other forms of 

energy. The exergy can be expressed as physical exergy and chemical exergy, and its change 

may also occur with material mixing.  

The energy content of an open system is changed by the energy and material streams exchanged 

between the system and its environment and the work performed on or by the system. The 

energy balance of a steady state system can be shown by Eq.(2.1) taken from Sankaranarayanan 

et al. (2010).  

0i i j j in outm h m h Q W      (2.1) 

Where, ṁi and ṁj are the mass flow rates of material streams entering and exiting the concerned 

system, respectively; hi and hj are the corresponding enthalpies of the streams; 
inQ  is the heat 

flow entering the system; 
outW  is the work performed by the system on the environment. 
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2.1.1. PHYSICAL EXERGY 

In a reversible system, the total entropy change which is the sum of the entropy change of the 

system and the entropy change of the environment is zero as shown by Eq.(2.2) 

(Sankaranarayanan et al. (2010)). In contrast, in an irreversible system, each spontaneous 

process proceeds in a direction that the total entropy increases. When the process reaches the 

equilibrium, the total entropy is at the maximum.  

total system environmentS S S     (2.2) 

The concepts of exergy and lost work are explained by considering a system with initial 

condition of P0 and T0 similar to the condition of the environment. As shown in Figure 2-1, the 

condition of the system is changed to P and T by performing some work on the system while 

some heat is released to the environment. The energy equation for this system is shown by 

Eq.(2.3) which results from Eq.(2.1) when there is no mass transfer between the system and 

the environment.  

 

Figure 2-1. A diagram of a simple system adopted from Sankaranarayanan et al. (2010). 

W m h Q    (2.3) 

Where, W is the work performed on the system; Q is the heat released from the system to the 

environment; Δh is the enthalpy change of the system; m is the mass of the system. Based on 
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Clausius formula as shown in Sankaranarayanan et al. (2010), the entropy change between the 

system and the environment is: 

0
environment

Q
S

T
   

(2.4) 

Where, Q is the heat released to the environment, and T0 is the environmental temperature. 

Also, based on Eq.(2.2), the entropy change between the system and the environment is written 

as: 

environment total systemS S S     (2.5) 

By applying Eq.(2.3) and Eq.(2.4) in Eq.(2.5), Eq.(2.6) is derived: 

0 0 totalW m h T S T S       (2.6) 

The first two terms of Eq.(2.6) are regarded as physical exergy which is represented in Eq.(2.7), 

and the third term in Eq.(2.6) is regarded as lost work.  

0phEx m h T S     (2.7) 

Also, Eq.(2.7) can be rewritten as Eq.(2.8): 

0 0 0 0, 0 , , 0 ,(m ) (m )ph P T P T P T P TEx h T S h T S     (2.8) 

Where, m is the mass of the system; hP,T is the enthalpy of the system at target condition; hP0,T0 

is the enthalpy of the system at environmental condition. 

2.1.2. CHEMICAL EXERGY 

Physical exergy is the amount of work available due to differences between the temperature 

and pressure of the system and the environment. As presented in Eq.(2.8), the physical exergy 

can be calculated by knowing the enthalpy and entropy of the material stream at temperature 

and pressure of the system and their corresponding values at temperature and pressure of the 
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environment. However, if there is a chemical reaction in the system, another term of chemical 

exergy must be added.  

For calculating the chemical exergy of a material stream, the reference exergy or the chemical 

exergy of a matter at standard conditions (standard chemical exergy) must be defined first. The 

standard chemical exergies of many natural substances at standard condition (25 ˚C and 1atm) 

can be found in Szargut (2005) and Morris and Szargut (1986). However, if the standard 

chemical exergy of a substance is not known, it can be calculated from Eq.(2.9) by knowing its 

chemical reaction of formation, its standard Gibbs free energy of formation and the standard 

chemical exergies of the reactants and other products.  

0 0 0

298.15 ,f ch f i ch iEx G Ex     (2.9) 

Where, 0

298.15f G  is the standard Gibbs free energy of formation; 
0

,ch iEx  is the standard chemical 

exergy of each component; νi is the stoichiometric coefficient of each of the reactants and other 

products. In the chemical and process industries, besides chemical compounds, there are 

numerous mixtures whose chemical exergy must be found. Szargut (2005) suggested Eq.(2.10) 

for calculating the chemical exergy of a solution or a gas mixture. The equation has two parts: 

first part is the sum of the chemical exergies of components of a solution or a gas mixture, and 

the second part is the change of chemical exergy of a solution due to the mixing process. 

0

,ch i ch i mix

w

m
Ex y Ex Ex

M
   

(2.10) 

Where, m is the mass of the system; Mw is the molecular weight of the system; yi is the mole 

fraction of the component i; mixEx  is the exergy of mixing which can be calculated in 

Eq.(2.11) taken from Sankaranarayanan et al. (2010): 

0mix mix mixEx m h T S      (2.11) 
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Where, m is the mass of the system; mixh  is the enthalpy change due to mixing; T0 is the 

standard environmental temperature; mixS  is the entropy change due to mixing. For an ideal 

mixture, it can be assumed that the enthalpy of mixing is zero thus the entropy of the mixture 

is calculated from Eq.(2.12). Consequently, the exergy of mixing can be calculated from 

Eq.(2.13) which represents the value of the minimum work required for the separation of the 

components of a solution or gas mixture.  

lnmix i i

w

mR
S y y

M
     

(2.12) 

0 lnmix i i

w

mRT
Ex y y

M
     

(2.13) 

Where, m and Mw are the mass and molecular weight of the system, respectively; yi is the mole 

fraction of component i; T0 is the environmental temperature; R is the gas constant. For a non-

ideal solution, the activity of the components replaces the component mole fraction. Thus, 

Eq.(2.13) is rewritten in a general format as Eq.(2.14) (Szargut (2005)). 

0

, 0( ln )ch i ch i i i

w

m
Ex y Ex RT y

M
    

(2.14) 

Where, αi is the activity of component i in the solution or gas mixture, and yi is the component 

mole fraction. The total exergy of a system is calculated from Eq.(2.15) which is the sum of 

the chemical and physical exergy of that system. 

ch phEx Ex Ex   (2.15) 

The exergy may be understood as the quality of energy, which is defined as a proportion of one 

joule of energy concerned. If the energy content of a stream in a system is taken as its enthalpy 
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difference with the environment and the exergy is taken from Eq.(2.7) then the quality of 

energy is defined by Eq.(2.16) as suggested in Sankaranarayanan et al. (2010). 

0
01

m h T S S
T

m h m h


   
  

 
 

(2.16) 

By this definition, the quality of the electricity and the energy possessed in chemical fuels are 

close to unity. According to Sankaranarayanan et al. (2010), the quality of a heat stream is (1-

T0/T) where, T0 is the environment temperature, and T is the temperature of the heat source.  

If a process does not involve chemical reactions, the thermodynamic analysis can be performed 

only for physical exergy and mixing exergy whereas the chemical exergies are excluded from 

the calculations. Otherwise, for analysing a process including chemical reactions, the exergy 

analysis should consider the physical and chemical exergies as well as the mixing exergy. 

However, Sankaranarayanan et al. (2010) recommended that the physical and chemical exergy 

efficiencies should be distinguished.  

For calculating the exergy efficiency of an integrated system, there are two approaches. In one 

approach as performed by Vitasari et al. (2011), Sohel and Jack (2011), and Prins et al. (2005), 

the system is assumed as a black box and exergy efficiency is calculated as the ratio of total 

exergy of useful products to the total exergy inputs, Eq.(2.17).  

,

,

out useful

ex

in process

Ex

Ex
 




 
(2.17) 

In another approach used by Nikulshin et al. (2002) and Prins (2005), the role of individual 

unit operations in total exergy efficiency of an integrated system is determined. Based on this 

approach, the overall exergy efficiency of the system is calculated from Eq.(2.18): 

, ,η ( )
m n m n

ex u i j a kEx I Ex


     
(2.18) 
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Where, m and n represents the numbers of head and non-head unit operations. A head unit 

operation exchanges the energy streams with the environment while a non-head unit operation 

does not. Ėxu,i, is the useful exergy of unit operation i; İj is the internal exergy loss of unit 

operation j; Ėxa,k is the available exergy of each unit operation. The internal exergy loss is 

calculated from Eq.(2.19): 

ua xExEI  
 

(2.19) 

According to Nikulshin et al. (2002), the definitions of useful and available exergies differ 

between various unit operations. For calculating the energy efficiency, the system can be 

assumed as a black box. Therefore, the energy efficiency can be calculated from Eq.(2.20) as 

the ratio of total useful energy output and total energy input. 

,

,

out useful

en

in process

En

En
 




 
(2.20) 

2.2. REVIEW OF ENERGY AND EXERGY EFFICIENCIES OF 

THE BTL PLANTS  

The biomass gasification is regarded as the heart of the BTL plant. Thus, some authors such as 

Prins (2005), Ptasinski et al. (2007), and Karamarkovic and Karamarkovic (2010) have studied 

the energy and exergy efficiencies of the biomass gasification and the effect of various 

parameters including use of different biomass resources and gasification operation conditions. 

The exergy and energy efficiencies of the air-blown biomass gasification were analysed by 

Ptasinski et al. (2007) and Karamarkovic and Karamarkovic (2010). The energy efficiency was 

based on the cold efficiency which is the ratio of lower heating value of all of the products to 

lower heating value of all of the feeds while the exergy efficiency was calculated based on 

Eq.(2.17). 



31 

 

The comparison between different biomass resources and coal fed into an air-blown gasifier 

was studied by Ptasinski et al. (2007). The energy efficiencies obtained for different biomass 

resources and coal were approximately the same while exergy efficiencies of the biomass 

resources were lower than that of coal feed. For example, for untreated wood, the energy 

efficiency of about 85 % was obtained, which was the same as for coal. In contrast, the exergy 

efficiency of untreated wood in gasification was 71 % compared with 75 % for coal. The effect 

of gasification temperature, pressure and biomass pre-treatment on the energy and exergy 

efficiency of the gasifier was studied by Karamarkovic and Karamarkovic (2010). They 

concluded that the exergy efficiency of the biomass gasification increases dramatically with a 

decrease in feed biomass moisture content.  

The exergy efficiency of biomass gasification in an integrated system for the production of 

hydrogen, syngas and liquid fuels has been studied by some authors including Lu et al. (2007), 

Vitasari et al. (2011) and Prins et al. (2005). Lu et al. (2007) and Vitasari et al. (2011) 

performed energy and exergy analysis on production of hydrogen and syngas, respectively, 

from biomass gasification. However, the focus of Lu et al. (2007) was on production of 

hydrogen while the focus of Vitasari et al. (2011) was on Methanation reactor rather than DFB 

biomass gasification. Lu et l. (2007) did not included biomass drying while Vitasari et al. 

(2011) assumed  biomass drying as a pretreatment which was limited to feed biomass moisture 

content of 30% or less. Exergy analysis of FT liquid fuel synthesis from woody biomass was 

carried out by Prins et al. (2005). The system included an air-blown gasifier with sawdust as 

the feedstock and a Steam-Rankine cycle for power generation from a FT synthesis reactor’s 

off-gas. The system was once-through without a CO2 removal section and gas recycling to the 

FT synthesis reactor. From this study, the exergy efficiency was reported to be 36.4 % for the 

whole system in which 34.5 % was for the FT liquid fuel production and 1.9 % for the 

electricity generation. Based on their research, the authors proposed that with system 
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optimisation, the exergy efficiency could be increased to 46.2 % consisting of 41.8 % for the 

liquid fuel production and 4.4 % for the electricity generation. The exergy loss was found to 

be largely in the gasification and power generation units. The exergy loss of the gasification 

unit is an internal loss which limits the extent of improvement. Prins et al. (2005) proposed 

some solutions to further reduce the exergy loss of the power generation unit. Also, they 

proposed that the system exergy efficiency could be increased by optimising the yield of liquid 

hydrocarbons in the FT reactor, by improving the recovery of the FT liquids from the gas, and 

by using more efficient electricity generation technology.  

The energy efficiency of FT liquid fuel synthesis from woody biomass resources has been 

studied by many authors including Tijmensen et al. (2002), Hamelinck et al. (2004), Tock et 

al. (2010), and Meerman et al. (2011). These studies have assumed different BTL plant 

configurations which can be divided into two distinct groups: once-through process and 

recycling process. In both configurations, CO2 was generated in the gasification process and 

the gas conditioning step for adjusting the H2/CO ratio of syngas for the subsequent FT 

synthesis reactor. The CO2 in the synthesis gas acts as an inert gas which reduces the partial 

pressure of reactants (CO and H2) and selectivity of FT catalysts toward waxy products 

(Hamelinck et al. (2004)). By using a CO2 removal section, the CO2 could be removed from 

the syngas and the unconverted gas directed from the FT synthesis reactor is recycled to the 

system or reactor for increasing the liquid fuel production. From these studies, it has been found 

that there are many factors affecting the energy efficiency of a BTL plant. These factors include 

the gasification type, gasification operation conditions, and FT synthesis reactor’s 

configuration and operation conditions such as CO conversion and pressure. 

The CO conversion inside the FT synthesis reactor has a significant impact on energy 

efficiency of the BTL plant. Tijmensen et al. (2002) showed that increase in CO-conversion 

was very useful in increasing the FT liquid fuel yield. However, Prins et al. (2005) claimed that 
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at CO conversion above 85 %, the selectivity to liquid fuels in the FT synthesis reactor 

decreased dramatically, and led to lower liquid yields and higher electricity generation from 

off-gas. The main reason for that is the lower partial pressure of CO towards the outlet in the 

reactor. Therefore, the reactor volume needs to be increased due to the low FT reaction rate at 

high CO conversion. Consequently, Prins et al. (2005) recommended that the FT reactor should 

be operated at CO conversion of around 80 %.  

A wide range of values for energy efficiency of the BTL plant has been reported. The energy 

efficiency between 37.7 % and 49.8 % was reported by Tijmensen et al. (2002) for a once-

through configuration with 80 % CO conversion. A maximum energy efficiency of 61.8 % was 

reported by Tock et al. (2010) for a separate BTL plant with indirect-heating entrained flow 

(EF) gasifier while for the conventional EF gasifier, an energy efficiency of 51.3 % was 

reported. They estimated a relatively high energy efficiency of 59.3 % for a BTL plant using 

dual fluidised bed (DFB) gasifier and subsequent steam reforming step for gas conditioning. 

Meerman et al. (2011) compared the use of coal and woody biomass for FT liquid fuel synthesis 

by applying CO2 removal and gas recycling in the system. For coal to FT liquid fuel, they 

calculated an efficiency of 59 % while there was a lower efficiency of 55 % for woody biomass.  

2.3. REVIEW OF ECONOMIC ANALYSIS OF THE BTL PLANTS 

There have been many studies conducted on techno-economic analysis of the FT liquid fuel 

production from woody biomass resources. The techno-economic term is used rather than 

economic analysis as the technical aspects of the BTL plant have been taken into account in 

the analysis. Because of different technologies and assumptions used in these studies, a wide 

range of results can be found. The plant configuration, feedstock type and price, transportation 

distance, and analysing methods are the factors affecting the outcome of the techno-economic 

study. Also, the year of the study should be considered when the results are compared since the 

production cost, such as cost of raw materials and labour, is affected by the inflation rate 
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(Towler and Sinnott (2008)). These findings and suggestion are useful for improving the 

economy and configuration of the BTL plants in future studies.  

The techno-economic studies conducted on production of liquid fuels from woody biomass by 

thermo-chemical conversion can be divided into three groups. The first group of studies include 

woody biomass gasification and subsequent production of FT liquid fuel from syngas. The 

second group of studies include conversion of woody biomass to bio-slurry using fast pyrolysis, 

subsequent gasification of bio-slurry and production of FT liquid fuel from syngas. The third 

group of studies include conversion of woody biomass to bio-oil using fast pyrolysis and 

subsequent upgrading of the bio-oil to liquid fuels. This study will focus on the analysis of the 

first two groups for production of FT liquid fuel using woody biomass.  

A pioneer techno-economic analysis of FT liquid fuel from biomass gasification was conducted 

by Bechtel (1998) based on a simulation of the plant developed in Aspen Plus. The total capital 

investment (TCI) of the plant with the capacity of 2200 dry tonnes/day (t/d) of maple wood 

chips was calculated to be $US 142 million. An indirect low-temperature biomass gasification 

was employed in the study while the tar removal system was not included in the gas cleaning 

system.  

Three different scenarios for BTL plants, two with thermal cracking and one with an oil 

scrubber as a tar removal system, were studied by Tijmensen et al. (2002). An Aspen Plus 

model was developed for the BTL plant with 1920 dry t/d poplar wood as biomass feed using 

a circulating fluidised bed (CFB) gasifier with oxygen as the gasification agent. They found 

that the TCI of the plant varied between $US 280–450 million, depending on plant 

configuration. The higher TCI compared with Bechtel’s study is related to inclusion of an air 

separation unit for oxygen supply to the CFB gasifier and a combined cycle for power 

generation. Hamelinck et al. (2004) performed the techno-economic analysis on a BTL plant 
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with similar configuration but with inclusion of FT liquid fuel upgrading. In the study of 

Hamelinck et al. (2004), the FT diesel could be produced at the production cost of $US 16/GJ 

($US 0.53/litre) at moderate scale (~2000 dry t/d). However, for the future larger scale plants 

and using improved technologies and FT catalysts, the costs would be reduced dramatically 

and the FT diesel could be produced at $US 9/GJ ($US 0.3/litre).  

The FT liquid fuel yield from the BTL plant can be increased with inclusion of a system for 

CO2 removal from syngas. Because, CO2 acts as an inert gas and removing the CO2 escalates 

the FT catalyst selectivity towards reactants (H2+CO). Also, unconverted syngas from the FT 

synthesis reactor can be recycled to the system to increase the FT liquid fuel yield. Tijmensen 

et al. (2002) studied the effect of including a CO2 removal system on the production cost of FT 

liquid fuel. It was found that the increase in FT liquid fuel yield did not compensate for the 

increase in production cost of FT liquid fuel due to the high capital cost of the CO2 removal 

system. 

The operation conditions of the gasifier and FT synthesis reactor can also affect the yield and 

production cost of FT liquid fuel. Tijmensen et al. (2002) studied the effect of operation 

pressure of the gasification and CO conversion in the FT synthesis reactor on the performance 

of the BTL plant. It was found that higher CO conversion in the FT synthesis reactor and higher 

operation pressure of the gasifier improved the energy efficiency of the system. With an 

increase in CO conversion, the FT liquid fuel yield increased. With pressurised gasification, 

the compressing step for the syngas before the FT reactor was eliminated. As a result, electricity 

consumption of the plant was decreased. That was the main reason for better energy efficiency 

(42–50 %) compared with the energy efficiency (33–40 %) of the plant with atmospheric 

gasification. Capital cost accounted for 50 % of the production cost of FT liquids in which 

biomass pre-treatment, biomass gasification and cold gas cleaning accounted for 75 % of the 

TCI. In the analysis of Tijmensen et al. (2002), the feedstock cost was assumed to be $US 2/GJ. 
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A more recent economic feasibility study was conducted by Swanson et al. (2010) who also 

developed an Aspen model for the BTL plant. Two different scenarios for FT liquid fuel 

production from corn stover as biomass feedstock were considered in their study. The first 

scenario included an oxygen fed low temperature (870 ˚C) fluidised bed gasifier. The second 

scenario included a high temperature (1300 ˚C) entrained flow gasifier. The total capital 

investment for the first scenario was estimated at $US 500 million and that for the second 

scenario was estimated at $US 610 million. Economic evaluations of BTL plants based on the 

data available for both natural gas and coal based plants were conducted by Boerrigter (2006) 

and AMEC (2007) on the large commercial scale plants in Europe and UK. Boerrigter (2006) 

suggested that in order to compensate for the high capital cost of the BTL plant, the plant needs 

to be constructed at very large scales (1 GWth – 5 GWth). However, this is impractical for the 

biomass-based liquid fuel production.  

In order to reduce costs for transportation of the low density biomass, a densification process 

such as fast pyrolysis can be used first. The economic analysis of production of FT liquid fuels 

from gasification of bio-slurry produced from several fast pyrolysis plants was studied by 

Henrich et al. (2008). In their analysis of the integrated process, the straw and forest residues 

as biomass feedstock were collected in an area with a 30 km radius and was firstly transported 

to several fast pyrolysis plants where the biomass was converted to bio-slurry. The bio-slurry 

is a mixture of bio-oil and char produced from a fast pyrolysis reactor. The bio-slurry was then 

transported to a main process plant where it was gasified and then converted to FT liquid fuels 

in FT synthesis reactors. In the study of Henrich et al. (2008), the mass and energy balances 

were based on the total biomass conversion chain obtained from empirical chemical equations 

which were either obtained from literature or from their own experiments. Energy efficiency, 

plant configuration and economic analysis of the BTL plant were based on the data from the 

commercially available coal to FT liquid fuel (CTL) and gas to FT liquid fuel (GTL) plants. 
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The following equation (Eq.(2.21)) was used to calculate the TCI of the BTL plant at different 

scales. 

0.72
2 1

1

( )
Scale

TCI TCI
Scale

  
(2.21) 

Where, TCI1 is the capital cost of the plant with capacity Scale1 and TCI2 is the capital cost of 

the plant with capacity Scale2. Henrich et al. (2008) assumed forty fast pyrolysis plants with 

scale of 100 MWth to produce 1.5 GW of liquid fuels from the bio-oil gasification and FT 

synthesis. The total capital cost of the BTL plant was calculated to be U$ 950 million. The 

production cost of the FT Liquid fuel was estimated to be between $US 20.5/GJ ($US 

0.68/litre) and $US 38.3/GJ ($US 1.3/litre). Also, the effect of transportation distance on 

transportation cost of both the straw and the bio-slurry was studied by Henrich et al. (2008). It 

was found that at transportation distances longer than 65 km, the transportation cost of straw 

overtook the transportation cost of bio-oil.  

The techno-economic analysis was performed by Trippe et al. (2010) on production of bio-

slurry from agriculture residues (wheat straw) in a standalone fast pyrolysis plant. The studied 

scale of the fast pyrolysis plant was 100 MWth and it consisted of five functional units: biomass 

storage, biomass pre-treatment, heat carrier loop, product recovery, and bio-oil and char 

mixing. For storing the woody biomass, the biomass moisture content was reduced to 15% 

which is required to prevent the risk of biological decomposition (Trippe et al. (2010)). The 

capital investment of a 100 MWth fast pyrolysis plant was estimated to be between $US 52.6 

and $US 61.1 million. The bio-slurry (bio-oil mixed with char) could be produced at $US- 

12.7/GJ. About 50 % of the bio-slurry production cost was associated with the biomass 

feedstock price.  
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The techno-economic analysis of conversion of the studied bio-slurry to syngas suitable for FT 

liquid fuel synthesis was also conducted by Trippe et al. (2011). The scale of the syngas plant 

was 1 GWth and it consisted of an entrained flow (EF) gasifier, gas cleaning and gas 

conditioning. The TCI of the plant was estimated at $US390 million and the production cost 

of syngas was estimated at $US 0.3/Nm3. From the analysis of Trippe et al. (2011), the 

production cost of bio-slurry and its transportation cost contributed to about 75 % of the syngas 

production cost. They concluded that, besides the feedstock cost, the energy optimisation of 

the fast pyrolysis plant had a significant impact on the production cost of the syngas. Also, they 

suggested that by selling the nitrogen, which is a by-product of the air separation unit, the 

production cost of syngas could be reduced by 30 %. 

Furthermore, the effect of operation pressure of the EF gasifier on the economy of the system 

was also examined in the study of Trippe et al. (2011). It was noticed that the downstream 

equipment sizes could be reduced with an increase in the operation pressure of the EF gasifier. 

Under high operation pressure, the EF gasifier size could also be reduced, thus the exposed 

surface area was decreased, resulting in less heat loss from the surface. In addition, the thermal 

loss by the cooling screen which accounts for 15 % in a small scale gasifier (5 MWth) can be 

reduced to 1.7 % in large scale (1 GWth). However, the elevated pressure has a negative impact 

on the construction material of the EF gasifier which may be needed to be more stringent as 

suggested by Trippe et al. (2011). In addition, the savings in fixed capital investment is not 

much since they are partly outweighed by the constant investment in connection and control 

systems as well as a high production cost at high pressure.  

In some of the recent techno-economic studies of the BTL plants, the carbon credit was taken 

into account. According to Ramage et al. (2009), a biomass based plant could cost four times 

as much as the cost of a coal based plant on an energy equivalent basis. To make the BTL plant 

competitive, an economic incentive for reducing the CO2 emission should be offered. Ramage 
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et al. (2009) claimed that the CO2 emission life cycle from a biomass thermo-chemical plant 

could be negative with carbon capturing and storage (CCS). Different prices of CO2 credit have 

been reported in the literature. For example, the CO2 credit price of $US 50/tonne CO2 was 

reported in Ramage et al. (2009) while a much lower CO2 credit price of $US 20/tonne was 

reported in Meerman et al. (2011). These different prices and instability of the CO2 credit 

market suggest that it should be used with care in the economic analysis. 
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3. CHAPTER 3: PROCESS DESCRIPTION AND TECHNOLOGY 

SELECTION OF KEY UNIT OPERATIONS  

From the discussion in Chapter 1 and Chapter 2, a number of processes and a lot of equipment 

are involved in the biomass to liquid (BTL) fuel production. The key processing units are 

biomass drying, biomass pyrolysis, gasification, gas cleaning and conditioning, Fischer-

Tropsch (FT) synthesis, hydro-treating of the FT crude, hydrogen generation, and oxygen 

generation. This chapter presents a literature review of technologies available for these unit 

operations. 

3.1. BIOMASS DRYING 

The moisture content of green woody biomass is between 100 % and 150 % on an oven-dry 

(od) basis as reported in Holmberg and Ahtila (2005). However, according to Holmberg (2007), 

if the green woody residues are left to be naturally dried, their moisture content can decrease 

to 25–43 % (od) in the summer time. As suggested by Brammer and Bridgwater (1999) and 

Worley and Yale (2012), the biomass moisture content for gasification needs to be 10–20 %. 

Because, the high moisture content of feed biomass results in high energy consumption of the 

gasification, which is due to water evaporation. However, according to Bridgwater (1999), the 

feed biomass moisture content needs to be less than 10 % for fast pyrolysis.  

Selection of an efficient drying technology should consider the energy efficiency, capital and 

operation costs, and environmental impact. For example, for drying of woody biomass, the 

emission of volatile organic compounds (VOCs) may vary with the dryer type and drying 

conditions ( Pang (2001), Rupar and Sanati (2003) and Spets and Ahtila (2004)). Also, Pang 
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and Mujumdar (2010) reported that the drying temperature has a direct impact on VOC 

emission. 

The following drying technologies were reported in Pang and Mujumdar (2010) as the most 

common used in wood industries. Depending on the drying process, the drying medium can be 

flue gas, hot air or superheated steam. 

 Rotary dryers 

 Pneumatic or flash dryers  

 Packed moving bed dryers 

A rotary dryer (Figure 3-1) is a rotational cylinder which provides the space for direct contact 

between the material and the drying medium (Pang and Mujumdar (2010)). Large scale drying 

operations use rotary dryers frequently since they have greater capacity than other types of the 

dryers (Amos (1998), Brammer and Bridgwater (1999), and Mujumdar (2000)). Moreover, 

rotary dryers are not sensitive to biomass size (Amos (1998)). Pang and Mujumdar (2010) 

reported that rotary dryers can be operated at high drying temperatures of up to 500˚C. 

However, in this case, the outlet temperature may be close to the auto-ignition temperature of 

wood (260-280 ˚C) in the counter-current configuration where the dry biomass is in contact 

with the incoming hot air. 
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Figure 3-1. A simple scheme of a rotary dryer adopted from Krokida et al. (2006). 

A pneumatic dryer (Figure 3-2) is a gas-solid transport system, which provides a continuous 

system with convective mass and heat transfer (Pang and Mujumdar (2010)). Flash and 

pneumatic dryers are more compact than the rotary dryers. In addition, because of the short 

retention time or lower drying temperatures, they have a lower fire risk than the rotary dryer 

(Amos (1998)). However, the flash dryer and the pneumatic dryer were reported by Amos 

(1998) and Mujumdar (2000) to have lower energy efficiency and is suitable for drying of 

biomass with fine particle size.  
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Figure 3-2. A simple scheme of a flash dryer adopted from Pang and Mujumdar (2010). 

A packed moving bed dryer (Figure 3-3) is basically a moving bed with the wet biomass 

entering from one side while allowing the hot gas to flow through the moving biomass (Pang 

and Mujumdar (2010)). Packed moving bed (PMB) can use relatively low temperature heat 

and achieve low target moisture content (15-18 %) in a multi-pass configuration ( Pang and Xu 

(2010)). Although a PMB dryer has many advantages as a simple structure-low capital cost and 

high efficiency- it cannot use a high-temperature drying medium as reported in Pang and 

Mujumdar (2010). Therefore, it is less attractive for energy integration of the system when a 

high-temperature flue gas is used as the drying medium.  
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Figure 3-3. A simple scheme of moving bed dryer adopted from Pang and Mujumdar (2010). 

3.1.1. ROTARY DRYER 

Biomass drying as the first unit operation in the BTL plant plays an important role for energy 

efficiency and exergy efficiency of the plant. The rotary dryer is usually used for drying 

biomass as it is relatively simple and flexible in using different types of feedstock ((Amos, 

1998)). According to Krokida et al. (2006), rotary dryers can be categorised as direct and 

indirect types based on whether the drying medium is in direct contact with the material or 

indirect contact. Direct contact dryers are the simplest and the most economical ones for woody 

biomass drying. In a direct contact rotary dryer, biomass and the drying medium enter the dryer 

either in same directions (co-current) or in opposite directions (counter-current). However, the 

co-current configuration is the preferred option for woody biomass drying. This design 

prevents direct contact between dry biomass and the inlet hot gas, thus it lowers the fire hazard 

(Amos (1998) and Xu and Pang (2008)). 

The rotary dryer is a horizontal and slightly-inclined rotating cylinder as can be seen in Figure 

3-1. The length to diameter ratio (L/D) of the dryer was reported in Moyers and Baldwin (1999) 

to be between 4 and 10 for the most efficient performance of commercial drying. Both rotation 

speed and the cylinder slope of the dryer determine the solid material movement through the 

dryer. In most cases, a combustion chamber is required for the direct dryer system (Figure 3-1) 
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to provide a hot gas as the drying medium. However, if the hot gas is available in a processing 

plant, this hot gas can be used as the drying medium. In this case, the dryer is integrated into 

the processing plant, and the combustor is excluded. As reported by Krokida et al. (2006), an 

exhaust fan and a blower are the other auxiliary equipment which are used for forcing the gas 

through the cylinder in the direct rotary dryer. Besides, a cyclone is usually installed at the exit 

of the dryer for collecting the dust from the outlet gas.  

In the cylinder of a direct rotary dryer, peripheral flights are mounted on the inner walls as 

shown in Figure 3-4. The flights are for lifting and showering the wet solid particles inside the 

dryer, which enhance the contact of the flowing hot gas and the falling wet material. It was 

reported in Krokida et al. (2006) that the flights are often offset every 0.6 m to 2.0 m to provide 

continuous and uniform dispersion of the solid particles in the gas. The radial height of the 

flight is usually 1/26 of the dryer’s diameter (Moyers and Baldwin (1999)).  

 

Figure 3-4. A schematic diagram of the flights action in direct rotary dryer adopted from 

Lisboa et al. (2007). 

3.1.2. DRYING PHENOMENON AND DRYER’S DESIGN 

The drying mechanism of solid materials can be explained in three steps: feed preheating, 

constant rate drying and falling rate drying. The first or initial phase is when the sensible heat 

is transferred from the drying medium to the wet material; in this period the temperature of the 
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wet solid increases towards the wet bulb temperature. In the second step, the evaporation of 

moisture of the feed is fast. In this step, the rate of drying is constant and is dominated by the 

heat transfer to the evaporation surface. The third step is the falling rate drying period when 

the moisture content of the feed is less than its critical moisture content. The rate of the drying 

is not constant in this period and decreases with the feed moisture content. The rate of drying 

is determined by both the diffusion of moisture vapour from the material surface to the drying 

medium and the moisture movement rate inside the solid (McCabe et al. (2001) and Moyers 

and Baldwin (1999)).  

The critical moisture content is defined as the moisture content from the constant rate drying 

period to the falling rate drying period. It depends on various factors such as the drying 

conditions, material type, thickness of the particle, and the solid porosity (Moyers and Baldwin 

(1999)). The critical moisture content of wood chips was reported by Xu and Pang (2008) to 

be 55 % (oven-dry based). The following relationships, Eq.(3.1) and Eq.(3.2), were also 

suggested for both constant and falling rates of drying woody biomass. The equations show 

that the drying rate is 62 % of the maximum or initial drying rate in the constant rate period. In 

addition, the drying rate is a linear function of wood’s moisture content in the falling rate 

period.  

max( ) 0.62( ) 0.55practiacl imum

dX dX
for X

dt dt
   

(3.1) 

max( ) 0.0112 ( ) 0.55practiacl imum

dX dX
X for X

dt dt
   

(3.2) 

The maximum drying rate at the dryer’s inlet can be calculated from Eq.(3.3) taken from Pang 

and Xu (2010) by assuming that - sdY Y Y  at dryer’s inlet. 
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dY dX
u

dz dt
    

(3.3) 

Where, Y is the humidity of the inlet gas; Ys is the saturated humidity of the gas, defined as 

weight of water per weight of dry gas. u is the gas velocity, m/s; z is the length dimension, m; 

t is the time dimension, s; X is the moisture content of biomass, defined as weight of water per 

weight of oven dry biomass; ρg and ρs are the mass density of the gas and solid, respectively, 

kg/m3. Ys can be calculated from Eq.(3.4), taken from Moyers and Baldwin (1999).  

s w
s

g

P Mw
Y

PMw
  

(3.4) 

Where, Ps is the saturated pressure of water at the gas inlet temperature; P is the inlet gas 

pressure; Mw and Mg are water and gas molecular weight, respectively. 

However, drying is often regarded as a thermal process. The drying rate is often limited by heat 

transfer only, when the moisture content is high, although it is sometimes complicated by 

diffusion in the solid or through a gas. Therefore, most of the dryers are designed on the basis 

of heat transfer considerations ( Ngo et al. (2011)). The heat transferred in direct rotary dryers 

is shown by the Eq.(3.5), taken from Krokida et al. (2006). 

( )va mQ U V T   (3.5) 

Where, Q is the rate of heat transfer, kJ/hr; Uva is the volumetric heat transfer coefficient, 

kJ/(hrm3K); V is the dryer’s volume, m3; ΔTm is the mean temperature difference between the 

hot gases and the solid, K.  

Several empirical relations for Uva were reported in Pacheco and Stella (1998) and Krokida et 

al. (2006). The following equation, Eq.(3.6), was proposed by Friedman and Marshall (1949). 
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0.1644vaU J D  (3.6) 

In Eq.(3.6), the constants are determined for a specified flight’s geometry and shell speed. J is 

the gas mass superficial velocity, kg/m2hr, and D is the dryer’s diameter, m.  

A separate correlation as Eq.(3.7) was recommended by Saeman and Mitchell (1954)  for 

commercial direct rotary dryers. Moyers and Baldwin (1999) reported the reciprocal speed of 

18 to 23 m/min for these dryers.   

0.673.5vaU J D  (3.7) 

In Eq.(3.7), the gas mass superficial velocity in rotary dryers ranges between 1800 and 18,000 

kg/(hrm2) (Moyers and Baldwin (1999)). In the direct rotary drying, a high gas mass velocity 

is preferred which improves fine particle separation, thus reduces the dusting problem. 

According to Moyers and Baldwin (1999), the extent of dusting and its occurrence depends on 

many factors. These factors include the type of material being dried, its physical state, the gas 

velocity, the hold up in the dryer, the number of flights, the rate of rotation, and the construction 

of the breeching at the end of the dryer. An optimum gas mass velocity in a particular condition 

may vary, but can be determined by experimental tests. For a 35 mesh solid, a gas mass 

superficial velocity of 5000 kg/(hr∙m2) is recommended in Moyers and Baldwin (1999).  

The mean temperature difference used in Eq.(3.5) can be determined by assuming that the solid 

temperature is the same as the wet bulb temperature through the dryer. Moyers and Baldwin 

(1999) suggested Eq.(3.8) for the mean temperature difference.   

, ,

, ,ln ( ) ( )

g in g out

m

g in w g out w

T T
T

T T T T


 

   
 

(3.8) 

Where, Tg,in and Tg,out are the gas inlet and outlet temperatures, respectively, and Tw is the wet 

bulb temperature of the inlet gas. The heating medium available for drying, usually, fixes the 
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gas inlet temperature. The proper gas exit temperature should consider the dryer efficiency, the 

drying residence time and potential risk of fire.  

3.2. BIOMASS PYROLYSIS  

Although pyrolysis of wood has been observed during the biomass gasification process, the 

pyrolysis process, itself, has been established to produce char and bio-oils. Depending on the 

heating rate, temperature and residence time, the pyrolysis process can be categorised as slow 

pyrolysis and fast pyrolysis. Slow pyrolysis happens when biomass is slowly heated at a 

temperature less than 500˚C. Mohan et al. (2006) reported that the vapour residence time is 

between 5 and 30 minutes in slow pyrolysis. 

At fast pyrolysis, biomass is rapidly heated to a temperature between 425˚C and 500˚C with 

vapour residence time between 0.5 and 5 seconds (Mohan et al. (2006)). Compared with slow 

pyrolysis, fast pyrolysis produces more bio-oil and less char; therefore, it is the preferred 

process for the target product of bio-oil. Another significant difference between the fast 

pyrolysis and the slow pyrolysis is that the fast pyrolysis is performed on a finely-ground 

material while slow pyrolysis is performed on a coarse material (Fagbemi et al. (2001)).  

A feed biomass with low moisture content is required for fast pyrolysis. Bridgwater (1999) 

suggested that the feed biomass moisture content for fast pyrolysis should be less than 10%. 

The biomass moisture not only affects the pyrolysis efficiency but it also contributes to water 

content in the liquid product directly, which is a negative point. For biomass fast pyrolysis, 

small particles are required to be fluidised easily and to increase the heat and mass transfer 

surface in the pyrolysis reactor.  

A schematic diagram of a fast pyrolysis plant is shown in Figure 3-5. The biomass is firstly 

dried to the required moisture content, then it is fed to a grinder for size reduction, and finally 

enters the pyrolysis reactor. After the pyrolysis, the product of char and vapour enters a cyclone 



53 

 

that separates the char from the vapour. Then the vapour is condensed to form a pyrolysis oil 

(bio-oil) while a non-condensable gas is separated. Both char and bio-oil, in this stage, are 

highly reactive and very hot; therefore, handling and storage of the char and bio-oil need special 

care (Raffelt et al. (2006)). For storage and transportation purposes, the bio-oil and char can be 

mixed together to generate a highly viscous slurry which is much denser than the original 

biomass. Because of the high porosity of the char, it acts like a sponge which adsorbs the bio-

oil and produces a hard mixture. However, as suggested by Raffelt et al. (2006) by means of a 

colloid mixer, this mixture becomes softer and easier to be pumped and fed to an entrained 

flow (EF) gasifier.  

 

Figure 3-5. A schematic diagram of the pilot plant for fast pyrolysis of biomass adopted from 

Bridgwater et al. (1999). 

Although the non-condensable gas is not highly flammable, it could be burnt to provide the 

required heat for the pyrolysis. Besides, it can be used both as the drying agent in the dryer or 

a fluidising agent in the pyrolysis reactor. As claimed by Raffelt et al. (2006), the produced 

bio-slurry retains approximately 90 % of original biomass energy, and the non-condensable 

gas with the following composition carries the remaining 10 %.  
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 45-65% CO2 

 27-45% CO 

 5-9% hydrocarbons 

 0.3% H2 

3.2.1. FAST PYROLYSIS REACTOR 

There are two technologies for fast pyrolysis reactors which are attractive in respect of energy 

integration: a bubbling fluidised bed reactor and a circulating fluidised bed reactor. A 

schematic diagram of the bubbling fluidised bed reactor is shown in Figure 3-6. In this reactor, 

the fluidised agent gas is directed to a bed of sand and biomass particles and make a fluid bed 

(Stevens and Brown (2011)). The heat required by the fast pyrolysis is provided indirectly by 

steam and hot gas which pass through a series of tubes located inside the bed. 

A schematic diagram of the circulating fluidised bed reactor is shown in Figure 3-7. As can be 

seen from the figure, this type of the pyrolysis reactor is a twin bed system. In one bed, the 

pyrolysis reactions occur while, in the second bed, the combustion of char and excessive fuel 

happens. The heat required by the pyrolysis reactions is directly provided by the hot sand 

particles flow from the combustion section to the pyrolysis section. 

In both types of reactors, the mass and heat transfer rates between the gas and biomass particles 

are high, which are favourable for the fast pyrolysis (Stevens and Brown (2011)).  However, 

as reported in Stevens and Brown (2011), there is a limit on scaling up of the bubbling fluidised 

bed reactor because of the limitation of the indirect heat transfer from the gas/steam tubes to 

the fluid bed. This problem has been solved in the circulating fluidised bed reactor by direct 

heat transfer from the solid particles to the fluid bed. However, it was reported by LaClaire et 

al. (2004) that in the circulating fluidised bed reactor, a large amount of a carrier gas is required 
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to keep the short contact time between the solid particles and the fluid bed in order to maximise 

the oil production. A high rate of the carrier gas results in high heat loss and high attrition of 

the solid particles, which increase the capital and operation cost of the reactor. 

 

Figure 3-6. A schematic diagram of the bubbling fluidised bed fast pyrolysis reactor adopted 

from Brown and Holmgren (2009).  

The bubbling-fluidised bed pyrolysis reactor was developed in the University of Waterloo 

between 1980 and 1984; further details can be found in Scott et al. (1999) and Piskorz et al. 

(2000). A 200–250 tonne/day (t/d) pyrolysis system based on this type of reactor was built by 

Dynamotive Energy Systems in Canada as reported in LaClaire et al. (2004) and Radlein and 

Quignard (2013). The fast pyrolysis process based on the circulating fluidised bed system was 

developed by Ensyn who established seven units with 100 t/d capacity in North America. It 

was reported by Radlein and Quignard (2013) that Ensyn also announced development of 

plants with 150 t/d capacities in North America and South America, Asia, and Europe. The 
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Technical Research Centre of Finland which is called VTT developed a 20 kg/hr pyrolysis 

system based on the circulating fluidised bed reactor. A fast pyrolysis plant based on the VTT 

pyrolysis system with 30 MW bio-oil production capacity is expected to be built by industrial 

partners ( Radlein and Quignard (2013)).  

 

 

Figure 3-7. A schematic diagram of the circulating fluidised bed reactor adopted from Brown 

and Holmgren (2009). 

Karlsruhe Institute of Technology (KIT) developed a fast pyrolysis system based on the twin 

screw reactor of Lurgi that had been used in oil refinery plants. A schematic diagram of the 

fast pyrolysis system of KIT is shown in Figure 3-8. In this type of reactor as described by 

Raffelt et al. (2006), the hot sand particles which are externally heated in a heat exchanger or 

a combustor fall into the reactor. In the reactor, the mixture of sand and biomass particles are 

fluidised mechanically. The cold sand particles from the reactor’s bottom are then lifted to the 

heat exchangers by a bucket elevator. 
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Figure 3-8. A schematic diagram of KIT fast pyrolysis system adopted from Raffelt et al. 

(2006). 

3.2.2. FAST PYROLYSIS KINETICS 

The woody biomass is composed of cellulose, hemicellulose, lignin, extractives, and a small 

amount of minerals which account for 0.1–0.3 %, by weight, of wood (Walker (2006)). The 

first three components are regarded as the main constituents of woody biomass; each of them 

has its own kinetic characteristics during the pyrolysis process. According to Mohan et al. 

(2006), the pyrolysis products result from the individual pyrolysis of each of these components. 

Cellulose accounts for 42 % to 44 % of dry wood and plays a crucial role in wood strength. It 

was described by Walker (2006) as a polymer derived from glucose. Hemicellulose that 

accounts for 27 % to 28 % of the dry wood was described as a polymer consisting of galactose 

and mannose monomers. Lignin accounts for 24 % to 28 % of dry wood, and it was described 

as an aromatic polymer consisting of guaiacyl-propane units. As reported in Mohan et al. 

(2006), cellulose degradation occurs at temperatures from 240 ˚C to 350 ˚C while 

hemicellulose degrades at lower temperatures from 200 ˚C to 260 ˚C. However, degradation of 



58 

 

lignin is more complicated than cellulose and hemicelluloses and happens at relatively higher 

temperatures from 280 ˚C to 500 ˚C.  

The mechanism of pyrolysis reactions is very complicated and composed of a variety of 

independent reactions. However, it can be simplified to those shown in Figure 3-9, also known 

as the Broido-Shafizadeh mechanism (Broido (1976), Varhegyi et al. (1994), and Várhegyi et 

al. (1997)). The Broido-Shafizadeh mechanism was originally proposed for pyrolysis of 

cellulose and consisted of the conversion of cellulose to an active cellulose and conversion of 

the active cellulose to volatile tars, char and gases by two parallel reactions. However, the 

pyrolysis mechanism shown in later studies, such as Fagbemi et al. (2001), included a 

secondary reaction stage. According to this mechanism which is shown in Figure 3-10, the 

pyrolysis reactions can be assumed to happen in two successive steps, primary and secondary 

reactions. The endothermic primary reactions produce gas, tar and char products, and the 

exothermic secondary reactions produce additional gas and char from the tar generated in the 

primary step. 

 

Figure 3-9. Broido-Shafizadeh mechanism of pyrolysis adopted from Várhegyi et al. (1997). 
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Figure 3-10. The mechanism of pyrolysis reactions adopted from Fagbemi et al. (2001). 

The kinetics of the pyrolysis have been studied by many researchers who reported different 

kinetics for various biomass resources. For simplicity, the rates of the reactions were expressed 

by the first order Arrhenius relation with different activation energies and pre-exponential 

factors which have been suggested in the literature. 

For more comprehensive modelling, the experimental data and pyrolysis models reported by 

Miller and Bellan (1997) and Blasi (2000) have been widely used by researchers including 

Blasi and Branca (2001), Blasi (2002), Luo et al. (2005), Van de Velden et al. (2008), and 

Bruchmüller et al. (2011). However, the data of Blasi (2000) was obtained for cellulose only 

while data of Miller and Bellan (1997) included hemicelluloses and lignin as well. Based on 

these models, once the composition of these components in the woody biomass are known, the 

product yield distribution can be predicted at given operation conditions.  

There is a difference between the kinetic model proposed by Blasi (2000), Figure 3-10, and the 

kinetic model proposed by Miller and Bellan (1997), Figure 3-11. In the model developed by 

Miller and Bellan (1997), the biomass converts to an active component through a single step 

called depolymerisation. Then, the active component decomposes to the tar, gas and char while 

some additional gas is also generated from the tar decomposition. 
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Figure 3-11. The mechanism of the fast pyrolysis adopted from Miller and Bellan (1997). 

3.3. BIOMASS GASIFICATION 

3.3.1. DUAL FLUIDISED BED (DFB) GASIFIER  

In gasification, the hydrocarbons of the biomass decompose and react with a controlled amount 

of a gasification agent (such as oxygen, air or steam) to form a mixture of combustible gases. 

Dual fluidised bed steam gasification has been proven to be a promising technology for 

converting biomass into hydrogen-rich syngas for liquid fuel synthesis or for production of 

pure hydrogen for fuel cell application (Saw et al. (2012)). 

A pilot scale of dual fluidised bed (DFB) gasifier has been constructed and tested at the 

University of Canterbury for biomass gasification following the pioneer work at the Vienna 

University of Technology (Saw and Pang (2012), Hofbauer et al. (2002b) and Hofbauer et al. 

(2003)). As can be seen from Figure 3-12, the DFB gasifier consists of a bubbling fluidised 

bed (BFB) gasification reactor fluidised with steam as the gasification agent and a fast fluidised 

bed (FFB) combustion reactor fluidised with air for char combustion. As claimed by Saw and 

Pang (2012), the DFB gasification process produces a hydrogen-rich producer gas with a much 

higher calorific value of approximately 13 MJ/Nm³ compared to that from air gasification, 

which is approximately 5 MJ/Nm³. It is also able to produce a syngas with the desired ratio of 

H2/CO suitable for Fischer-Tropsch synthesis of transport fuels (Saw et al. (2012)). 
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The overall reactions of the steam gasification process are highly endothermic and therefore 

require external heat which is supplied by combustion of char and excessive fuel with air as 

the oxidising agent in the FFB reactor. As described by Saw and Pang (2012), the heat is 

transferred by the bed material from the FFB to the BFB reactor through a siphon. In the BFB 

reactor, the biomass which is directly fed to the reactor is gasified by steam. Then, the cold bed 

material and the generated char from the BFB reactor return to the FFB reactor through an 

inclined chute.  

 

Figure 3-12. A schematic diagram of DFB gasifier adopted from Bull (2008). 

The temperature of the producer gas leaving the BFB reactor is assumed to be similar to the 

gasification operation temperature between 750–850 ˚C while the temperature of the flue gas 

coming out of the FFB reactor is between 850–950 ˚C. The DFB gasifier system is operated at 

a pressure slightly higher than atmospheric pressure. The tar content of the producer gas formed 

due to the DFB gasifier’s low temperature is the major problem of the gas cleaning section. In 
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the biomass gasification, the producer gas contains tars and minor contaminants such as NH3 

and H2S, which must be removed before the downstream processing.  

3.3.2. ENTRAINED FLOW (EF) GASIFIER  

The entrained flow (EF) gasifier has been used for commercial gasification of pulverised coal. 

Some studies including Stahl and Henrich (2003) and Raffelt et al. (2006) have reported on 

entrained flow (EF) gasification of the bio-oil slurry which has been derived from the fast 

pyrolysis of biomass resources.  

In the EF gasifier, bio-slurry is fed into the gasifier with pressurised oxygen or an oxygen/ 

steam mixture as the gasification agent as shown in Figure 3-13. A turbulent flame at the top 

of the gasifier ignites the partial combustion of the fed bio-slurry to provide the required heat 

for quick conversion of slurry into a tar-free syngas. The residence time of the bio-slurry 

droplets is very short inside the reactor, commonly, a few seconds according to Van der Drift 

et al. (2004). 

 

Figure 3-13. The EF gasifier for gasification of bio-slurry adopted from Raffelt et al. (2006). 
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The EF gasifiers are divided into two types: the slagging and non-slagging types. In a slagging 

type of the gasifier, the ash content of biomass is melted, or the ash melting point of biomass 

is reduced by adding some ash-forming materials such as silica at the start of the operation. 

The slag, once formed, flows downward on the reactor inner wall and forms a thin and 

protective layer as the wall temperature is lower than that of the flame. It is reported in Van der 

Drift et al. (2004) that the slagging type of the entrained flow gasifier is preferred for biomass 

with a high ash content due to its high fuel flexibility. The slagging EF gasifier operates at high 

temperatures of 1300–1500 ˚C, and, in this case, the syngas leaving the EF gasifier contains 

high sensible heat. As mentioned above, the syngas from the EF gasifier is tar-free but there 

are still minor contaminants such as NH3 and H2S in the gas, which need to be removed before 

the downstream FT liquid fuel synthesis. Most EF gasifiers operate at high pressures (26–50 

bar) although some atmospheric EF gasifiers have also been reported in E4Tech. (2009).  

3.3.3. PROCESSES AND BIOMASS GASIFICATION 

The gasification process is a complicated process involving drying, pyrolysis and gasification 

reactions. The gasification reactions of woody biomass can be described by three stages: 

pyrolysis, reactions between char particles and gases, and reactions among gases(Sadaka et al. 

(2002), Franco et al. (2003) and Ngo et al. (2011)). At the pyrolysis step, the biomass feed is 

devolatilised into tars, vapours and solid char. It is followed by the char-gas reactions where 

char reacts with gas and steam. In the final step, the reactions among gases including steam 

occur.  

3.3.3.1. Pyrolysis 

The chemical structure of wood changes when it is exposed to elevated temperatures. The 

extent of the changes depends on the temperature level and duration of the exposure. The wood 

strength is reduced with temperature while its thermal decomposition happens above 100 ˚C 
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according to White and Dietenberger (2001). At temperatures higher than 100°C, some weak 

chemical bonds in the wood start to break and the rate of cracking increases with the 

temperature rising. Non-combustible gases such as water vapour and traces of organic 

compounds are released between 100 ˚C and 200 ˚C while above 200 ˚C, tars and flammable 

volatiles are produced from cellulose cracking. At temperatures above 450 ˚C, all volatiles are 

gone and only char and ash remain.  

3.3.3.2. Reactions between Char and Gases and Among Gases 

Composition of the producer gas from the biomass gasification process is the result of a series 

of complex and competing reactions reported in Franco et al. (2003). The kinetics of reactions 

may be affected by the operation conditions. The most important reactions are listed as in 

Eq.(3.9)–(3.16): 

 Oxidation Reactions: 

2 2( )C s O CO   (3.9) 

2 2
1( )

2
C s O CO   (3.10) 

 Char-Gas Reactions: 

2( ) ( ) 2C s CO g CO 
 

(3.11) 

2 2( ) ( ) ( ) ( )C s H O g CO g H g  
 

(3.12) 

2 2 2( ) 2 ( ) ( ) 2 ( )C s H O g CO g H g    (3.13) 

2 4( ) 2 ( ) ( )C s H g CH g 
 

(3.14) 
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 Steam-Gas Reactions: 

2 2 2( ) O( ) ( ) H (g)CO g H g CO g  
 

(3.15) 

4 2 2( ) O( ) ( ) 3H (g)CH g H g CO g  
 

(3.16) 

The effect of temperature on gasification reactions was studied by Franco et al. (2003) for 

various biomass resources. The results were compared to those of the studies conducted by 

Corella et al. (1991) and Herguido et al. (1992), and close agreement between these two studies 

was found. According to Franco et al. (2003), the Steam-Gas Shift Reaction, Eq.(3.15), was 

more dominant at the temperature range of 730–830 ˚C for holm-oak and eucalyptus. In 

contrast, for the temperature range of 830–900 ˚C, Boudouard, Eq.(3.11), and Steam-Char 

Reactions, Eq.(3.12) and Eq.(3.13), became more important. However, for steam gasification 

of pine wood, it was found that at temperatures lower than 830˚C, Steam-Char Reactions are 

more important than the Steam-Gas Shift Reaction. Therefore, Boudouard and Steam-Char 

Reactions appeared to play an important role over a wide range of temperatures when pine 

wastes are gasified. On the other hand, Steam-Gas Shift Reactions were found to be less 

significant and became more important only over a narrow range of temperatures. It was 

reported in Nguyen et al. (2012) that the Methanation Reaction, Eq.(3.14), and Steam Methane 

Reforming Reaction, Eq.(3.16), were not active at temperatures around 800 ˚C.  

The deviation of the observed Steam-Gas Shift Reaction from its theoretical equilibrium 

constant was studied by Herguido et al. (1992) and Wei et al. (2007) for different types of 

biomass including sawdust, straw, woodchips and thistle which were gasified at a temperature 

range of 650–850˚C. Also, Herguido et al. (1992) studied the carbon conversion and char yield 

for various biomass feedstock at different temperatures. They found that the carbon conversion 

increased while char yield decreased with an increase in the gasification temperature. As a 

result, the gas yield increased with temperature for all biomass resources due to the faster 
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pyrolysis and endothermic Boudouard and Steam-Char Reactions according to Herguido et al. 

(1992). However, different gas yields were obtained for different biomass feedstock which 

were associated with differences in chemical compositions and physical properties of the 

biomass resources. For example, the gas yield of sawdust and straw was higher than chips and 

thistles. The different size and shape of biomass particles could also affect the gas production 

since the heat transfer coefficient increases with a decrease in size of wood particles.  

3.3.3.3. Steam Contribution to Gasification Reactions 

There is a limited contribution of steam to Steam-Char Reactions. It was shown by Yoshida et 

al. (2008) that Steam-Char reactions were far from the equilibrium state. The reason was 

suggested to be the limited contribution of steam to char-gas reactions. They also suggested 

that for a more applicable equilibrium model, a temperature dependent correlation, Eq.(3.17), 

for quantifying the steam participation in char gasification reactions, should be added to the 

model.  

2

2

, 4.8228
0.474(1 )

H O con

H O

n

n T
     

(3.17) 

Where, nH2O,con is the mole of the steam contributing to the reactions; nH2O is the total mole of 

steam existing in the system; T is the gasification temperature, K. However, the above 

correlation proposed by Yoshida et al. (2008) for steam participation has a weak dependency 

on the gasification temperature. Nguyen et al. (2010) studied other factors that influence the 

steam contribution in the steam gasification. These factors included feed reactivity, feed 

particle size, residence time, and gasifier configuration. Nguyen et al. (2010) suggested another 

empirical correlation, Eq.(3.18), which reflects the diffusion rate of steam on char particles for 

coal: 
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3.4. GAS CLEANING  

As discussed in previous sections, the producer gas from gasification of biomass or bio-slurry 

needs to be cleaned prior to the Fischer-Tropsch (FT) synthesis. The specification of the gas 

that is required for FT synthesis is listed in Table 1-2. According to Boerrigter et al. (2004), 

the solid content of the producer gas has to be removed completely to protect downstream 

equipment. The concentration of tar compounds needs to be less than the dew point at operation 

pressure of downstream equipment in order to prevent fouling problems due to hydrocarbon 

condensation. 

However, the class 2 tar with S or N hetero atoms (thiophene and pyridine) are poisonous for 

FT catalyst and must be removed to part per million (ppm) level as suggested in Boerrigter et 

al. (2004). The boiling point of tar is between 80–350˚C so that the condensation of tar starts 

when the temperature falls to 350˚C at atmospheric pressure. Also, the inorganic impurities 

including ammonia, hydrogen chloride and hydrogen sulphide must be removed prior to FT 

synthesis reactor. Ammonia and hydrogen sulphide must be removed to ppm level and 

hydrogen chloride to part per billion (ppb) level. Könemann (2009) suggested the following 

logical order for gas cleaning steps:  

 Particulate removal 

 Tar removal 

 Inorganic impurities (NH3, HCN, COS, H2S,  HCl and alkali / heavy metals ) 

removal 
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3.4.1. PARTICLE REMOVAL 

Raw syngas gas directed from the gasifier includes ash and other fine particles which need to 

be removed before directing to the downstream equipment. The particulate removal 

technologies can be divided into two different groups: 

 Dry methods (cyclones or filters) 

 Wet methods (wet scrubbing systems) 

3.4.1.1. Dry Methods 

Applying a suitable particle removal system plays a significant role in an integrated BTL plant 

because of the impacts that it could have on the selection of upstream and downstream 

equipment. Cyclones are widely used for removing particles, but they are not as efficient as 

filters and usually are followed by a wet scrubbing system or a filter for complete removal of 

the particles.  

Application of filters alone may be sufficient to remove the fine particles. However, there are 

some limitations in the filter application such as the capacity for particle removal, high pressure 

drops and a requirement on maximum gas temperatures which can be resisted by the filters. 

Some improvements have been carried out to the construction materials of filters in order to 

increase the withstanding temperatures as reported in Jha et al. (1999). Using a filter that can 

withstand high temperatures (> 350 ˚C) reduces the load of the upstream cooler as well as the 

fouling problems due to tar condensation. 

In order to overcome the above problems in the filter applications, sintered metal filters have 

been used for hot gas filtration in various plants in chemical, petrochemical and power 

generation industries. According to Jha et al. (1999), the efficiency of these filters can be as 

high as 99.9 %, and they can resist high temperatures up to 900 ˚C and remove down to 20 µm 
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of particle size.  Other filters such as fabric bag filters (made of polymeric or fiberglass 

material) are typically used at temperatures between 90 to 250 ˚C as reported by Jha et al. 

(1999). 

3.4.1.2. Wet Methods  

Another technology for particulate removal is water scrubbing. This method is widely used in 

petrochemical plants and refineries for particle removal according to Bridgwater et al. (1997) 

and Könemann (2009). In gasification plants, it could be applied to remove particles, tars and 

other contaminants such as ammonia and chlorine. However, this method is not favorable from 

an environmental point of view because it produces and accumulates a high amount of waste 

water that is harmful to the environment (e.g. phenol content). In addition, the energy content 

of tars is lost through produced waste water by applying this method while this energy can be 

potentially recovered if more appropriate technologies are used.  

3.4.2. TAR REMOVAL 

Tar removal technologies are generally divided into two different methods: chemical tar 

removal technologies including thermal and catalytic cracking of tar, and physical tar removal 

technologies which are based on absorbing tar by a solvent. 

3.4.2.1. Tar Removal by Thermal Cracking 

The temperature required for thermal tar cracking is normally between 800–1000 ̊ C. However, 

Hamelinck et al. (2004) suggested higher temperatures (1000–1200 ˚C) be applied for thermal 

cracking of tar derived from biomass gasification since these tars are more refractory and harder 

to be cracked. According to Bridgwater et al. (1997), there are three different thermal cracking 

options:  

 Thermal cracking with the gasifier by increasing the gas residence time such as 

increasing the freeboard space in a fluid bed gasification reactor; 
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 Adding a separate gas heating chamber after the gasification; 

  Partial oxidation by addition of limited air or oxygen to the producer gas after 

gasification.  

Each method has its advantages and disadvantages. However, according to a study conducted 

by Boerrigter et al. (2004) on appropriate gas cleaning systems for different gasification 

technologies, there are several common issues associated with thermal tar cracking options.  

The thermal tar cracking is not efficient enough for the producer gas to meet the FT synthesis 

requirements on tar concentration. Although, light tar fractions could be removed effectively, 

the heavy tar fractions are still substantially higher than the required concentration suitable for 

FT liquid fuel synthesis. Soot production is another problem that results from the breakdown 

of tar and gaseous hydrocarbons. Although the production of soot can be suppressed by the 

addition of H2O or O2, it leads to higher proportions of H2O and CO2 in the producer gas, which 

is not favorable. Furthermore, a percentage of the producer gas needs to be burnt to supply the 

heat requirement of the process. Therefore, the thermal tar cracking method is not preferred for 

tar removal. 

3.4.2.2. Catalytic Tar Cracking 

Catalytic tar cracking is an effective method for tar removal and has attracted increasing 

attention. Catalytic tar cracking can be done by primary and secondary methods according to 

Dayton (2002). The primary methods are to use the catalysts as part of bed material or as an 

additional guarding bed inside the gasifier to reduce the tar content in the producer gas. The 

secondary methods are to further remove tars from the producer gas in a standalone reactor 

following the gasifier.  

By using catalysts such as dolomite or nickel-based materials, the tar cracking process can be 

performed at lower temperatures (800–900 ˚C) compared to the thermal cracking, and the tar 
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removal efficiency of 99 % can be achieved. Some experimental work on the catalytic tar 

cracking can be found in Simell et al. (1996), Pecho et al. (2008), Pfeifer and Hofbauer (2008), 

which was to clean the producer gas for application in gas engines. In this case, the tar removal 

can be in conjunction with a gas composition adjustment in favor of CH4 generation thus 

increasing the calorific value of the gas. 

The dolomite catalyst is mostly used for the primary application although dolomite, itself, is 

not very active in tar removing and needs to be calcined in order to become more effective. 

Dayton (2002) reported calcined dolomite as the most widely used non-metallic catalyst for tar 

conversion in biomass gasification processes. They are relatively inexpensive and are 

disposable, although they are not very robust and quickly undergo attrition in fluidised bed 

reactors according to Dayton (2002). In addition to tar removal, dolomite can reduce the H2S 

content of the producer gas as suggested in Simell et al. (1996).  

Although the primary tar removal has been investigated extensively, the tar content in the 

producer gas is still too high for downstream applications. Therefore, as suggested in 

Bridgwater et al. (1997), application of the secondary tar removal reactor is required, which is 

efficient with appropriate selection of catalysts and optimisation of operation conditions.  

Catalytic tar cracking is an attractive area of research and can improve the integration system 

of biomass to liquid fuel. By developing the catalytic tar cracking system, two main goals can 

be achieved. Firstly, by applying a tar removal technique right after the particle removal by hot 

filters, cooling of the hot producer gas is not required, which increases the overall energy 

efficiency. Secondly, the secondary tar removal and the gas conditioning can be done in a single 

step which results in a simpler operation. Nevertheless, these methods have not been 

commercialised yet; the most significant challenge in their commercialisation is the short life 

time of the catalysts according to Dayton (2002).  
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3.4.2.3. Wet Tar Removal Techniques 

Wet scrubber tar removal systems use solvent to absorb the tars from the producer gas. The 

solvent can be vegetable oils (such as rapeseed oil), biodiesel or simply water; however, water 

is not recommended for the tar removal. Bridgwater et al. (1997) claimed that without 

appropriate design and selection of the solvent, the efficiency in the wet scrubber system may 

not be high enough for FT synthesis application, and may create a waste disposal problem by 

generating a large amount of contaminated solvent such as waste water. The produced waste 

water is highly toxic because of phenol that is present in tar content of the producer gas and is 

a poisonous component and highly soluble in water according to Boerrigter et al. (2004).  

3.4.2.4. Oil Gas Tar Removal System 

The oil gas (OLGA) tar removal technology is a wet-scrubbing system using bio-solvent 

scrubbing for tar removal from the producer gas and a stripper to regenerate the bio-solvent by 

air stream and recover the tars (Könemann (2009) and Boerrigter et al. (2006)). For effective 

tar removal and tar recovery, the inlet temperature of the producer gas directed to the scrubber 

needs to be higher than the dew point of tar (> 300 ˚C). The outlet temperature of the producer 

gas from the scrubber has to be greater than the dew point of water (> 90 ̊ C) in order to prevent 

the mixing of water and regenerated bio-solvent. Both the heavy tars and the stripper air are 

returned to the gasifier so that there are no waste streams which need treatment. OLGA can be 

used for removing both particle and tar impurities.  

3.4.2.5. Bio-Diesel Tar Removal System 

Rapeseed methyl ester (RME) can be used for tar removal in a scrubbing system. As reported 

in Hofbauer et al. (2002a) and Boerrigter et al. (2006), this technology has been successfully 

used by Gussing CHP plant for cleaning of the producer gas from biomass gasification, which 

was used in a gas engine for power generation. In this plant, the DFB steam gasification is used 

and from the gasifier, the producer gas is first cooled to about 180 ˚C then, it is filtered in a 
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pre-coated fabric filter where the dust and about 15% of the tar are removed. The filtered ash 

is returned to the gasifier to be burnt, and the dust free producer gas enters the RME scrubber 

where tars are dissolved physically by the RME. A fraction of tar-loaded RME is pumped into 

the FFB combustor and is burnt for energy recovery. At the same time, the same amount of 

fresh REM is added into the scrubber for continuous operation. 

The wet scrubber system using water and bio-diesel as solvents was suggested by RENEW 

(2007) for the gas cleaning with some simplification suitable for BTL plants. In the proposed 

system, the gas cleaning consists of four steps of hot gas filtration, water scrubbing, biodiesel 

scrubbing, and activated carbon filter. The wet scrubbing tar removal technique is similar to 

Gussing although a water scrubbing system was added before the bio-diesel scrubbing for 

removing of some inorganic compounds. In contrast, in other reported systems, the removal of 

inorganic contaminants follows the tar removing unit. Although the water scrubbing in the 

proposed system can remove the inorganic contaminants and partially remove the tars in a 

single step, the waste water treatment is a problem that needs to be resolved.  

3.4.3. INORGANIC IMPURITIES REMOVAL 

The inorganic contaminants in the producer gas may include H2S, NH3, HCl, HCN, CS2 and 

COS. Normally, these contaminants are cleaned off after the tar removal. Wet scrubbing with 

an appropriate solvent can remove NH3, HCl and low quantities H2S. The dry cleaning methods 

(e.g. fixed bed reactors) can be applied for ammonia removal, but no evidence has been found 

in commercial plants. Application of the dry cleaning method has an advantage for increasing 

energy efficiency because this method works at a high temperature; therefore, unnecessary 

cooling of the producer gas can be avoided. 

In the Gussing CHP plant as suggested in Pröll et al. (2005), the ammonia was also removed 

in the RME scrubber although the contents of inorganic contaminants are too high for the FT 
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liquid fuel synthesis. The gas temperature leaving the scrubber is 40-50˚C so that the main part 

of the water is condensed which makes an emulsion with the organic phase. It was believed by 

Pröll et al. (2005), that only the condensates contribute to the NH3 removal in the tar scrubber.  

If the inorganic contaminants include HCN, CS2 and COS, a hydrolysis step may be required. 

It can be applied prior to or after the wet gas scrubbing for converting these contaminants to 

NH3 and H2S, which can be removed by adequate solvent or catalysts as suggested in Boerrigter 

et al. (2004), Olson et al. (2006) and Könemann (2009).  

For the removal of sulphur compounds, both wet and dry technologies are commercially 

available. The wet methods are based on the chemical or physical absorption of the sulphur 

compounds by a solvent. Mono-ethanol amine (MEA) and di-ethanol amine (DEA) are 

examples of chemical absorbents for sulphur removal compared with a physical absorbent like 

methanol. The process that uses methanol as an absorbent is called the Rectisol process that 

has been used in the Sasol Fischer-Tropsch plant in South Africa for gas cleaning. These 

methods consist of an absorber column for absorbing impurities and a stripper for regeneration 

of the absorbent. According to Hofbauer et al. (2007), the MEA and DEA, which are widely 

used in the oil and gas industries, are very useful at low partial pressures of sulphur compounds 

while physical solvents are effective for high partial pressure of sulphur compounds. In 

addition, the selectivity of chemical solvents can also be adjusted to be suitable for removal of 

a different component such as CO2 as suggested in Hofbauer et al. (2007).  

3.4.3.1. Wet Scrubbing Using Mono-ethanol Amine and di-ethanol 

Amine as Solvents 

In the wet scrubbing using mono-ethanol amine (MEA) or di-ethanol amine (DEA) as a solvent, 

amine reacts with acid compounds in the scrubber (a counter-current packing tower or jet 

scrubbers). After scrubbing, the used solvent enters a regenerator where it is heated by the 
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saturated steam in a reboiler. The absorption process takes place at a low temperature and 

atmospheric pressure, and both CO2 and H2S can be removed by MEA effectively.  

However, there are some disadvantages in using MEA, such as corrosiveness and solvent loss. 

If COS is present in the gas, it can react with amine and produce some undesired compounds 

which may damage the equipment and lead to solvent loss according to Hofbauer et al. (2007). 

However, as suggested in Hofbauer et al. (2007), by using DEA as the solvent instead of MEA, 

these disadvantages may be avoided although the price of DEA is slightly higher than MEA 

and it is not suitable at low pressures since it decomposes at the boiling point. In addition to 

MEA and DEA, methyl-di-ethanol amine (MDEA) has also been reported to be used as the 

solvent that has greater selectivity for H2S removal when absorption of CO2 is not necessary. 

MDEA will not react with COS if there is no oxygen in the gas. In any case, COS cannot be 

absorbed by any amine absorption process. Moreover, the amine plants need to be located after 

the ammonia removal stage because even small amounts of ammonia can cause serious 

problems for the plant as indicated in Hofbauer et al. (2007). 

Using a strong solution such as alkaline hydroxide solution can remove H2S, HCl and CO2 

efficiently. However, regeneration of the solvent is very difficult so that the alkaline solution 

has to be disposed of to the environment. It was reported by Newby et al. (2001) and Hofbauer 

et al. (2007) that the best known process in respect to alkaline solution is to use hot potassium 

carbonates at a pressure between 20 and 70 bar and a temperature between 75˚C and 125˚C. 

The regeneration can only take place by flashing or stream stripping at a low pressure of 0.138 

bar at the same temperature.  

In case of entrained flow gasifier, because of the high operation temperature and the application 

of oxygen as the gasification agent, the oxidation of sulphur may occur to form sulphur dioxide, 

and in this case, SO2 may exit in the producer gas. The SO2 removal methods are similar to 
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those for H2S removal except that SO2 cannot be removed by conventional amine scrubbing. 

There is a special amine patented by Shell Global (2014), which is particularly designed for 

sulphur dioxide removal. According to Weil et al. (2000) and Luo and Li (2002), the sulphur 

dioxide can also be removed by a weak alkaline solution and dry methods such as ZnO fixed 

bed reactors.  

3.4.3.2. Physical Absorption Using Methanol 

This process uses methanol at a low temperature (from -40˚C to -80˚C) as a physical absorbent 

for the acid compounds. Rectisol process can remove H2S and CO2 down to 0.1 ppm and 2 

ppm, respectively, in addition to traces of components such as COS, HCN, mercaptan, and 

HCl, which can be removed effectively. According to Hofbauer et al. (2007) and Swanson et 

al. (2010b), this process has the advantages and disadvantages which are listed below.  

 Advantages: 

o High solubility for CO2, H2S and COS, 

o High selectivity for H2S and COS versus CO2, 

o Low solubility for H2, CO and CH4 to prevent gas loss,  

o Low vapour pressure under process operation conditions, 

o Low viscosity at low temperature, 

o Chemical and thermal stability, 

o Using carbon steel as the material of construction, 

o Availability at low costs. 

 Disadvantages: 

o Complexity of the process and high capital cost. 
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3.4.3.3. Dry Methods for Sulphur Compounds Removal 

The dry methods for H2S removal include metal oxides fixed bed reactors for adsorption of 

H2S. Currently, there is no commercial process which has been reported for regeneration of the 

used metal oxides although research has been conducted on techno-economic analysis on the 

potential regeneration methods. Also, dry methods are limited to small gas composition of 

sulphur, less than 50 ppm. For higher contents, the wet sulphur removal methods are preferred. 

In Figure 3-14, the equilibrium concentrations of H2S for various metal oxides as a function of 

the operation temperature are shown. It can be seen from the figure that ZnO has removed H2S 

more efficiently at lower temperatures compared to other metal oxides. The ZnO may reduce 

the H2S to 0.1 ppm as reported in Olson et al. (2006). However, Hofbauer et al. (2007) reported 

the operation temperature of ZnO beds to be between 350-550 ˚C for efficient sulphur 

adsorption. 

On the other hand, if a water scrubbing system is applied for ammonia removal prior to sulphur 

removal, the outlet gas temperature will be around 30 ˚C according to Könemann (2009). 

Therefore, the gas needs to be reheated before the ZnO fixed bed reactor. Bridgwater et al. 

(1997), claimed that applying a hot fixed bed metal oxide reactor for sulphur removal is 

relatively inexpensive but will create a waste disposal problem as the produced zinc sulphide 

has to be directly disposed of to the environment.  
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Figure 3-14. Equilibrium concentration of the H2S reaction with different metal oxides; 35 % 

H2O, 25.5 % H2 adopted from Hofbauer et al. (2007). 

3.5. GAS CONDITIONING 

The H2/CO ratio of the syngas needs to be close to two for FT liquid fuel synthesis so that a 

gas conditioning step has been included in BTL plant configuration by many researchers 

including Tijmensen et al. (2002), Larson et al. (2009), Swanson et al. (2010a), and Tock et al. 

(2010). As reported by Saw et al. (2012), the producer gas form the DFB gasifier is rich in 

hydrogen and it is possible to reach the H2/CO ratio of two by using the special bed material at 

certain condition. However, in the EF gasifier, the H2/CO ratio is less than 1 as reported in 

Raffelt et al. (2006). Therefore, it is required to modify the H2/CO ratio of the syngas prior to 

the FT synthesis reactor. The gas conditioning can be done by using a catalytic fixed bed reactor 
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for steam-gas shift reaction, Eq.(3.15). Also, as the producer gas from the low temperature 

gasifier such as DFB gasifier contains about 10% methane and other light hydrocarbons, the 

gas conditioning of producer gas from a DFB gasifier can be done by using a catalytic reactor 

for steam methane reforming, Eq.(3.16).  

3.6.  FT LIQUID FUEL SYNTHESIS  

The slurry phase reactor has been used in the Sasol coal to liquid (CTL) plant in South Africa 

in which the cobalt catalyst particles are suspended in the liquid at relatively low temperatures, 

220–250 ̊ C, as reported in Steynberg and Dry (2004). Following the initial trials in Sasol plant, 

Gulf Oil proposed the use of a slurry phase reactor with a modern precipitated cobalt catalyst 

for target product of diesel according to Steynberg and Dry (2004). The simplified form of 

Fischer-Tropsch synthesis reactions, Eq.(3.19), was suggested in Andrews and Logan (2008). 

2 2 22CO H CH CO    (3.19) 

By changing temperature, pressure and residence time, the product distribution from the FT 

synthesis can be changed. FT synthesis ideally produces straight carbon chain hydrocarbons in 

the paraffin series (alkanes) according to Andrews and Logan (2008). In contrast, gasoline, jet 

fuel and diesel, which are produced from crude oil, are mixtures of hydrocarbons including 

paraffin, naphten and aromatic compounds. As reported in Boerrigter et al. (2004), Anderson-

Schulz-Flory (ASF) theory is used for prediction of FT synthesis products distribution, 

Eq.(3.20). 

2(1 )
log log lognx

N
N







    

(3.20) 

Where, xn is the weight fraction of a product with N as the carbon atoms and α is the chain 

growth probability. According to Hamelinck et al. (2004), chain growth probability is a 

characteristic of the catalyst used for FT synthesis and is a function of catalyst selectivity 
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towards liquid hydrocarbons. In the FT reactor, a high selectivity of liquid products as well as 

a high conversion of syngas are targeted. The selectivity toward liquid products depends on 

several factors including operation temperature, partial pressures of the reactants and the 

applied FT technology reported in Hamelinck et al. (2004). Water and carbon dioxide act as 

inert gas in the FT reactor and have a negative influence on the liquid products’ selectivity. 

3.7.  FT CRUDE UPGRADING 

Catalytic hydrocracking, which is commonly used for the treatment of FT liquid fuel, converts 

the long chain hydrocarbon compounds, such as paraffin, to lighter hydrocarbons according to 

Shah et al. (1988). In a single stage hydrocracking, the feed FT wax is heated to the desired 

temperature and then fed to the hydrocracker. The effluent from the hydrocracking reactor 

enters a high pressure separator where hydrogen rich gases are separated and recycled back to 

the reactor while the condensed liquid is sent to a flash drum where the light gases are removed. 

The remaining condensed liquid is sent to the refinery column and the desired products are 

recovered and sent to the storages.  

There are two different hydrocracking operations for a single stage process reported by Shah 

et al. (1988). One is carried out by fixing the temperature in a once through operation to 

maintain the desired conversion level. Another one is performed by recycling the unconverted 

feed stock from the refinery column bottom back to the reactor until achieving complete 

conversion of the feed stock to the desired products by multiple passes.  

The upgrading of FT-waxes was suggested by Bouchy et al. (2009) to be done by mild 

hydrocracking compared to conventional hydrocracking of petroleum based feed stocks. The 

operation conditions of conventional and mild hydrocracking are listed in Table 3-1. In the 

Bintulu Gas to Liquid (GTL) Plant of Malaysia and GTL Plant in Qatar, mild hydrocracking 

has been applied for FT-wax treatment ( Leckel (2009)). Steynberg and Dry (2004) claimed 
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that catalytic mild hydrocracking of the wax yields about 80% diesel, 15% naphtha and 5% C1 

to C4 gases. The pressure of the hydrocracking process depends on the hydrogenation capacity 

of the catalyst. According to Steynberg and Dry (2004), lower hydrogen/wax ratios decrease 

the conversion rate of wax. Because, at low partial pressure of hydrogen, the 

dehydrocyclisation of the paraffin compounds occurs which deactivates the catalyst due to 

cocking.  

Table 3-1. Typical process conditions for conventional and 

 mild FT waxes hydrocracking adopted from Bouchy et al. (2009). 

 

 

The hydrocracking catalysts include two types of active sites: 1) acidic sites to promote the 

isomerisation and cracking functions; 2) metal sites to promote the hydrogenation and 

dehydrogenation function (Shah et al. (1988)). The most commonly used metals are platinum, 

palladium or bimetallic systems such as Ni/Mo, Ni/W and Co/Mo. However, Pellegrini et al. 

(2008) suggested that catalysts including a noble metal, such as platinum, showed more 

selectivity towards hydro-isomerisation and product distribution and better performances. 

Two types of kinetic models are widely used for modelling of the hydrocracking of n-paraffin 

using the bi-functional (with two active sites) catalysts. In the first kinetic model known as 
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“lumped kinetic model” described in Baltanas et al. (1983), the feed and the products are 

divided into different classes or lumps of components such as n-paraffin and iso-paraffin. In 

the second kinetic model known as “single event kinetics” described in Baltanas et al. (1992), 

a number of elementary reactions are considered for the formation of each single component 

of the product mixture. The first method has been widely used by researchers including 

Pellegrini et al. (2004), Fernandes and Teles (2007) and Pellegrini et al. (2008) for modelling 

the hydrocracking reactor. As suggested in Pellegrini et al. (2008), the implementation of this 

method for describing the hydrocracking of a mixture of hydrocarbons is less challenging.  

3.8. HYDROGEN GENERATION 

Hydrogen is required for upgrading of FT crude by hydrocracking. It was suggested by  

Swanson et al. (2010b) that the hydrogen can be produced by enriching a proportion of syngas 

directed from the gasification (after gas cleaning) by a pressure swing adsorption (PSA) 

system. As described by Ruthven et al. (1994), adsorbent with the selectivity towards a 

particular component is the major part of a PSA that is a sequence of the following steps:  

1. Pressurisation and adsorption; 

2. Depressurisation (blow down) and desorption; 

3. Pressure equalisation;  

4. Rinse. 

Initially, the bed is pressurised with feed or raffinate by-product while the undesired 

components are removed by the adsorbent (pressurisation and adsorption). In the blow down 

step that happens co-currently or counter-currently to the first step, the bed is depressurised 

while the adsorbed (extract) components are released, thus the adsorbent material is 

regenerated. The pressure of high and low pressure beds is equalised by connecting either the 

feed or product streams in most cycles before the blow down step for energy conservation 
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(pressure equalisation). Finally, the bed is purged with preferably extract product at high 

pressure (Rinse). 

A mixture of activated carbon and 5A zeolite is employed as adsorbent for hydrogen production 

from the hydrogen-rich syngas according to Ruthven et al. (1994). The data of PSA units are 

confidential but as is stated in Ruthven et al. (1994), the PSA unit operates at ambient 

temperature and adsorption pressure of 20–30 bar and desorption pressure of 1–2 bar. 

3.9. OXYGEN GENERATION 

For gasification of bio-slurry in an EF gasifier, oxygen is used as the primary gasification agent 

although some steam may also be injected when the moisture content in the slurry is small. For 

commercial scale production of oxygen with high purity (>95 %), two different technologies 

are available to produce oxygen from the air: pressure swing adsorption (PSA) and cryogenic. 

Universal Industrial Gases Inc (2014) has reported that the PSA option is economical for 

moderate scales up to 60 tonne/day oxygen while cryogenic is economical for a scale greater 

than 100 tonne/day of oxygen  

The PSA unit for oxygen production is very similar to the one described for hydrogen 

production. The cryogenic air separation unit which has been described in detail in Universal 

Industrial Gases Inc (2014) is based on distillation of the liquefied air. For both of the 

technologies, the compression of air and oxygen is an essential step which consumes electricity. 

For cryogenic separation, the feed air is required to be compressed to 7 bar suggested in 

Universal Industrial Gases Inc (2014) while in the PSA, the operation pressure is between three 

and one bar stated in Ruthven et al. (1994). After separation, the oxygen is compressed to the 

pressure required by an entrained flow gasifier. 
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3.10. SIMULATION ENVIRONMENT 

Employing the commercial computer software for modelling and simulation of chemical and 

petrochemical plants is very common these days. With the aid of these simulators, even the 

very complex plants can be divided into several unit operations. Moreover, each of these units 

can then be modelled by a combination of the simulation library models and user-defined 

models in order to capture the performance of the actual process equipment. Each of these 

simulators has its unique characteristics although they share many common features such as 

types of reactors, columns, heat exchangers and thermodynamic packages as described in 

Towler and Sinnott (2008). Among various available simulators, Aspen Plus, Aspen Hysys 

(Aspen Technology Inc.) and UniSim Design (Honeywell Inc.) are widely used. UnsiSim 

Design is based on the Hysys software that was originally developed by Hyprotech Ltd. and is 

now owned and licensed by Honeywell. Aspen Hysys and UnsiSim Design are more popular 

in chemical plants and oil refineries than Aspen Plus. However, Aspen Plus is used in wider 

ranges of industries. These two simulators have both advantages and disadvantages.  

Both Aspen Plus and UniSim Design have very powerful databases. In UniSim Design, all the 

models and components are inside the simulator, and the flowsheet is obvious and it is very 

easy for checking and tracking (user friendly). Aspen Plus can deal with very complex 

industrial processes. Moreover, in simulating amine plants, Aspen Plus is more powerful than 

Unisim Design because packed columns are supported by the amine package, and the users can 

enter the kinetics as well. However, the graphic and interface in Aspen Plus is weaker than 

UniSim Design, the kinetics and models must be defined for the simulation and in some cases 

it is hard to converge according to Wilcox (2012). 

Aspen Plus was used by many researchers such as Ramzan et al. (2011) and Raju et al. (2009) 

for simulating the particular gasification processes including circulating fluidised bed and 

entrained flow gasifiers for both coal and biomass. The methodologies employed in all these 
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studies are very similar. The gasification process was divided into several steps namely 

pyrolysis, char-gas reactions and steam-gas reactions. Similarly, Aspen Technology Inc. itself 

has added a simple built-in model for coal gasification to Aspen Plus. This model consists of 

RStoic, RGibbs and REquil, applicable to an integrated gasification combined cycle (IGCC) 

system as described in Aspentech (2008). According to the description of the model, it covers 

the commercially available entrained flow gasifier. However, some researchers including 

Biagini et al. (2009) and Lang et al. (2011) preferred to develop their own model by a 

combination of user-defined models and available library models since this approach makes 

the model more flexible for modification to become more consistent with the experiment and 

reality.  

It was identified that there is no particular advantage for simulating the process by using Aspen 

Plus over using UniSim which is cheaper and user-friendlier. Therefore, in this thesis, UniSim 

software is used for development of an integrated system model for production of FT liquid 

fuels from woody biomass. 
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4. CHAPTER 4: DEVELOPMENT OF AN INTEGRATED SYSTEM MODEL 

FOR SCENARIO I 

4.1. INTRODUCTION 

Scenario I is a system of biomass to liquid fuels through gasification and Fischer-Tropsch (FT) 

synthesis, as illustrated in Figure1-5. The main stages of Scenario I include: 

o Biomass collection  

o Biomass chipping 

o Biomass transportation 

o Biomass drying 

o Dual fluidised bed biomass gasification 

o Gas cleaning 

o Gas compression  

o Fischer-Tropsch (FT) liquid fuel synthesis 

o FT crude upgrading 

o Off-gas utilisation 

The integrated system models were reviewed in Chapter 2 for thermodynamic and economic 

analyses of biomass to liquid fuel (BTL) plants. Most of the system models were based on 

entrained flow and fluidised bed gasifiers. Only one study (Tock et al. (2010)) performed an 

economic study on a dual fluidised bed (DFB) biomass gasifier. However, they did not 

investigate the energy consumption of the DFB biomass gasifier and conducted the economic 

analysis based on the experimental data of producer gas composition and gas yield. My study 

established a BTL system model based on the DFB gasification for not only energy and techno-

economic analyses, but also exergy and effect of parameters on the system performance. 
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Woody biomass, usually, has moisture content of between 50 and 150 % according to 

Holmberg and Ahtila (2005) and Holmberg (2007). Gasification requires a feedstock with 

moisture content not more than 20 %. Therefore, drying of biomass is required before feeding 

to the gasification. From the description of the DFB biomass gasification provided in Chapter 

3, the flue gas directed from bubbling fluidised bed (BFB) reactor of the DFB gasifier is clean. 

Thus, its sensible heat can be used for biomass drying. In addition, the sensible heat of producer 

gas and flue gas from the DFB gasification can be recovered to generate steam and preheat the 

air. The steam is used in the BFB reactor while the air is supplied to the fast fluidised bed (FFB) 

reactor. Integration of the DFB gasifier with biomass drying will increase the overall efficiency 

and potentially optimise the system operation. Biomass drying has been included in the 

integrated systems models developed by Bechtel (1998), Tijmensen et al. (2002) and Swanson 

et al. (2010). However, in these studies, entrained flow and fluidised bed gasifiers were used, 

and the drying medium was the preheated air and steam. Also, the feed biomass moisture 

content in these studies was low. For example, Bechtel (1998) considered the feed biomass 

moistures content of 60 % on oven dry (od) basis while Tijmensen et al. (2002) and Swanson 

et al. (2010) assumed 40 % and 25 %, respectively.  

A number of authors have studied the performance of biomass drying by application of 

mathematical models, some have been very sophisticated and others have been quite simple. 

Marinos-Kouris et al. (1998) developed a sophisticated model for biomass drying based on 

detailed mass and heat transfers which occur within the solid particles and between the solid 

material and the drying medium. Xu and Pang (2008) developed a simpler model based on 

overall mass and heat balances of the system by employing empirical equations and parameters 

for the drying rates. 

For the purpose of modelling, gasification mechanisms should be understood. Numerous 

authors conducted fundamental studies of biomass gasification systems. Some, including 
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Corella and Sanz (2005) and Brown et al. (2006), developed sophisticated kinetic rate and 

neural network models. In contrast, others, including Schuster et al. (2001), 

Jarungthammachote and Dutta (2007), and Rutherford (2006), applied simple equilibrium 

models. Ngo et al. (2011) and Nguyen et al. (2012) extensively studied the performance of 

DFB biomass gasification system with development of a “quasi-equilibrium model”. For 

improving the conventional equilibrium model, the quasi-equilibrium model introduced a 

number of justification factors based on experimental results which are used to fine tune the 

model to obtain more accurate results in comparison with experimental data. My study adopted 

the quasi-equilibrium model which was identified to be satisfying for the purpose of this study.  

The objectives of this chapter is to develop an integrated system model for production of FT 

liquid fuels from woody biomass based on Scenario I. Based on the literature review presented 

in Chapter 3, the commercially available technologies are selected and used in each of the main 

stages. Then, for each of them, a model is developed in UniSim simulation environment by 

using both built-in and user-defined unit operations. A quasi-equilibrium model is used for 

modelling of biomass steam gasification in the DFB gasifier. In simulation of the biomass 

drying, mass and energy balances, heat transfer and dryer’s configuration are considered. 

However, the stages of biomass collection, biomass chipping and biomass transportation are 

not included in this chapter and are discussed in Chapter 7.  

4.2. MODEL ESTABLISHMENT 

For each unit operation, a model was developed in UniSim simulation environment by using a 

combination of user-defined and built-in unit operations. Then, the different unit operations 

were integrated together to form a combined system model for production of FT liquid fuels 

from woody biomass. Both the individual models and integrated system model were checked 

by performing the mass and elemental balances.  
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4.2.1. WOODY BIOMASS CHARACTERISTICS 

Chips of Pinus radiata wood was used as the feedstock. Its chemical formula was assumed to 

be C31H45O24.5 with the proximate and ultimate analysis listed in Table 4-1 adopted form 

Rutherford (2006). Its lower heating value (LHV) (kJ/kg), in water and ash free basis, was 

calculated using the following correlation taken from Proll and Hofbauer (2008): 

34835 93870 10800 6280 10465biom C H O N SLHV x x x x x    
 

(4.1)  

In which, xi is the mass fraction of elements of carbon (C), hydrogen (H), oxygen (O), nitrogen 

(N), and sulphur (S). 

The thermal and physical properties of Pinus radiata wood were determined as a hypothetical 

compound in the UniSim. The heat of formation of the feedstock was calculated from the 

combustion reaction, Eq.(4.2). The heat capacity (kJ/kg∙C) of a moisture free feedstock was 

calculated using Eq.(4.3) taken from Glass and Zelinka (1999). 

OHCOOOHC 2225.244531 5.223130 
 (4.2)  

TCpbiom 003867.01031.0 
 (4.3)  

Where, T is the temperature (K). 

Table 4-1. The proximate and ultimate analyses of Pinus radiata adopted from Rutherford 

(2006). 
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4.2.2. PROCESS DESCRIPTION 

An overview of the BTL plant configuration based on Scenario I is shown in Figure 4-1. A 

more detailed process flow diagram is shown in Chapter 6. The delivered woody biomass is 

initially dried in a rotary dryer to moisture content of 17 %. The dried biomass is then fed to 

the DFB gasifier where the producer gas1 at a temperature between 750 ˚C and 850 ˚C is 

generated from the bubbling fluidised bed (BFB) reactor. The flue gas with a temperature from 

850 ˚C to 950 ˚C is produced from the fast fluidised bed (FFB) reactor. There is normally a 

temperature difference between 50˚C and 100˚C between the BFB and FFB reactors. Since the 

flue gas from the FFB reactor is from the combustion of char, it is very clean, and its heat can 

be efficiently extracted. The hot flue gas is initially used for air preheating and steam 

generation, both of which are used in the DFB gasification system, then for biomass drying. 

For FT liquid fuel synthesis application, the producer gas has to be cooled from the initial 

temperature of 750–850 ˚C for a subsequent tar removal system. The producer gas temperature 

is reduced to 340 ˚C based on Boerrigter et al. (2006) suggestion. The heat from the cooling of 

the producer gas is recovered for steam generation. 

The producer gas contains particles, tar and other inorganic impurities, such as ammonia, 

hydrogen chloride and hydrogen sulphide. In order to make the producer gas suitable for FT 

synthesis, the particles have to be removed entirely. Moreover, the concentration of tar 

compounds needs to be less than their dew point at corresponding pressure of the FT synthesis 

reactor to prevent fouling problems of hydrocarbon condensation as discussed in Chapter 1. 

Taking benzene, toluene, and xylene (BTX) and naphthalene as a basis, their concentrations in 

the producer gas have to be reduced to 2500 ppm and 2 ppm, respectively. These concentration 

limits were suggested by Boerrigter et al. (2004) for the FT synthesis reactor operation pressure 

                                                 
1 The gas from the DFB gasification system is referred to as producer gas as it contains methane. 
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of 40 bar. The concentrations of ammonia and hydrogen sulphide have to be reduced to 1ppm 

while the concentration of hydrogen chloride has to be reduced to less than 10 ppb.  

 

Figure 4-1. An overview of the BTL plant configuration based on Scenario I. 

Most of the particles are removed in cyclones which are located at the gasification section. Tars 

are removed in a system including a quench column, a bio-oil absorber and a stripper. Then, 

the tar free producer gas is sent to water scrubbers for removing the ammonia and hydrogen 

chloride. A primary compression step to escalate the producer gas pressure to 7 bar is used 

before the water scrubbers to increase the absorbing efficiency and to overcome the gas 

pressure drop occurring in downstream equipment. The gas temperature after the scrubbing is 

decreased dramatically to about 30 ˚C. The syngas is then reheated to 350 °C for hydrogen 

sulphide removal in a ZnO fixed bed reactor.   
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The producer gas at this stage is clean and suitable for applying in the FT synthesis reactor. 

However, the H2/CO ratio of producer gas has to be close to 2 for an efficient FT synthesis 

process. The H2/CO ratio of the producer gas is adjusted in a high-temperature steam-gas shift 

converter prior to the FT synthesis, except for that this ratio is achieved directly in the DFB 

biomass gasifier. The producer gas is then compressed to 49 bar which is the operation pressure 

of the FT synthesis reactor. In this study, a low temperature (200˚C) slurry-type FT reactor is 

adopted. The FT reactor temperature due to the exothermic FT reaction is controlled by cooling 

water to generate steam as a supplementary stream of energy. 

The products from the FT synthesis reactor include liquid products (wax and condensate), an 

off-gas (unconverted syngas and some light hydrocarbons) and steam. The wax-rich products 

from the FT reactor are sent to hydrocracking section operating at 400°C and 50 bar. Hydrogen 

required for the hydrocracking is obtained from the producer gas after gas conditioning by 

applying a pressure swing adsorption (PSA) technology. During hydrocracking, some light 

hydrocarbons are generated and recycled to the FT synthesis reactor. Gasoline, diesel and fuel 

gas are the final products of the system. The off-gas from the FT synthesis reactor is used in a 

turbo-generator for power generation.  

4.2.3. BIOMASS DRYING  

A rotary dryer with the co-current configuration was selected for biomass drying based on the 

literature review provided in Chapter 3. The flue gas from the FFB reactor of the DFB gasifier 

is used as the drying agent in the rotary dryer. The actual biomass drying rate involves heat and 

mass transfer both within the solid biomass and between the biomass surface and the drying 

medium, which need a complicated calculation. As the final moisture content in this study is 

high (17 %), the drying rate is still relatively fast at the end of drying. Thus, the drying process 

is largely controlled by the heat transfer. The modified correlation of Saeman and Mitchell 
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(1954) was used for calculating the dryer’s dimensions, which is described in Chapter 7. In this 

section, a user-defined unit operation in the UniSim based on the procedure presented in 

McCabe et al. (2001) is developed. The model is based on the overall mass and heat balance 

equations for both the biomass and the flue gas, and the following assumptions.  

 The temperature of the biomass and the drying medium at the outlet of the dryer is very 

close. Rigorous modelling results have shown that the temperature difference at the 

dryer’s outlet in co-current rotary dryer is insignificant when the final moisture content 

is less than 15 % as shown in Iguaz et al. (2003) and Xu and Pang (2008). 

 The exhaust gas temperature is always higher than the wet-bulb temperature of the flue 

gas (70 ˚C). 

 The heat of vaporisation of water is kept constant during the drying using the average 

temperature between inlet and outlet temperatures. 

 The heat loss of the dryer is assumed to be 15 % based on the experimental results with 

a semi-industrial rotary dryer reported in Meza et al. (2008). It does not include the heat 

loss by the exhaust gas.  
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4.2.3.1. Mass and Energy Balance 

An overview of the dryer’s model is shown in Figure 4-2. The overall mass balance for the 

water over the dryer is relatively simple. Because, there is no chemical reaction involved in the 

process, and the water is the only component transferring between phases. The water lost by 

the feed biomass is gained by the gas phase as described in Eq.(4.4). 

 

Figure 4-2. An overview of the rotary dryer model in UniSim. 

)()( 2112 XXMYYM biomfg    
(4.4) 

Where, Ṁfg and Ṁbiom are the mass flow rate of the flue gas and the feed biomass on dry basis, 

kg/s; X1 and X2 are inlet and outlet moisture content of the feed biomass, kg/kg; Y1 and Y2 are 

the inlet and the outlet humidity of the flue gas, kg/kg. 

The humidity and mass flow rate of the inlet flue gas are determined from the gasifier unit 

operation which is described in the next section. Therefore, as the inlet and target moisture 

content of the biomass are known, the outlet humidity of flue gas is determined from Eq. (4.4). 



107 

 

The energy balance of the drying system is based on the consideration that the heat provided 

by the flue gas (Q) is equal to the heat gained by the biomass for heat-up and for water 

vaporisation plus the heat loss (15%). 

LQQQQQQQ  54321  (4.5) 

In which,  

))(( 1 outfgvwfgfgfg TTCpYMCpMQ    (4.6) 

Q1 is the heat for the moist biomass to be heated to the wet-bulb temperature; 

))(( 11 bwvwbiombiombiom TTCpXMCpMQ    (4.7) 

Q2 is the heat for the water vaporisation at the wet-bulb temperature; 

2 1 2( )biom vwQ M X X h    (4.8) 

Q3 is the heat for the biomass to be heated to the outlet temperature; 

)(3 woutbiombiom TTCpMQ    (4.9) 

Q4 is the heat used to heat the remained moisture in the biomass to the outlet temperature; 

)(24 woutlwbiom TTCpXMQ    (4.10) 

Q5 is the heat used to heat the water vapour to the outlet temperature; 

)()( 215 woutvwbiom TTCpXXMQ    (4.11) 

QL is the heat loss and estimated by 

QQL 15.0  (4.12) 
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In the above equations, Tfg and Tb are the inlet temperatures of the flue gas and biomass, 

respectively. The Tout is the outlet temperature of the dryer, and Tw is the wet-bulb temperature 

of the flue gas, ˚C. The Δhvw is the latent heat of vaporisation of water, kJ/kg. The Cpfg, Cpbiom, 

Cplw, and Cpvw are the specific heat of, respectively, flue gas, biomass, liquid water, and vapour 

water, kJ/kg∙˚C, which were taken as constants during drying. 

4.2.4. DFB GASIFICATION 

Biomass steam gasification process in the BFB reactor was modelled in three stages including 

pyrolysis, char-gas reactions and reactions among gases. A “quasi three stage equilibrium 

model” was adopted from Nguyen et al. (2012) with some adjustments. For the pyrolysis step, 

a macro code was written in a user defined unit operation in UniSim. For char-gas reactions, a 

Gibbs reactor was modelled to calculate their equilibrium with limited steam contribution. For 

reactions among gases, a limited steam-gas shift reaction was modelled in an equilibrium 

reactor. For modelling the FFB reactor, a conversion reactor was defined for combustion of the 

un-reacted char and excessive fuel. An overview of the DFB gasifier model developed in 

UniSim is shown in Figure 4-3.  
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Figure 4-3. An overview of the DFB gasifier model developed in UniSim. 

4.2.4.1. Mass and Energy Balance 

4.2.4.1.1. Modelling of the Pyrolysis Step 

In pyrolysis step, biomass is converted to a mixture of char and combustible gases. The precise 

prediction of the pyrolysis products is regarded as the most important stage of the gasification 

as claimed by Ngo et al. (2011). The pyrolysis gas mainly consists of H2, CO, CO2, H2O, CH4, 

N2, NH3, H2S, and tar. By introduction of two empirical factors of CO  and 
4CH , five 

equations were generated based on elemental balances of C, H and O components of the 

biomass and the gas to calculate the concentration of five major components of the gas 

including H2, CO, CO2, H2O, and CH4, Eq.(3.2) to Eq.(4.17). In the modelling, methane also 

represents traces of other light hydrocarbons and tar. 
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 (4.13) 
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Where, ni is the molar flow rate of each component, kmol/s; CO  and 4CH  are CO/CO2 and 

CH4/H2 molar ratios of the pyrolysis gas, respectively, which are defined as:  
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(4.19) 

Where, Tg is the gasification temperature, (K). The A1 = 4.7×103, B1=7163.6, A2= 2.28×10-3 

and B2=5404.85 which were obtained from curve fitting of the experimental data reported in 

Fagbemi et al. (2001).  

The nC in Eq.(3.2) is the carbon content of the volatiles that is the difference between the total 

carbon content of the feed biomass and the its fixed carbon content. The fixed carbon content 

of biomass is associated with the char produced in pyrolysis step.  

The amount and composition of tar significantly change from pyrolysis step to the final 

gasification as shown by Aigner et al. (2009). However, in this study, this transition was 

ignored, and the final tar content in the producer gas (dry basis) was assumed as a function of 

gasification temperature, Eq.(4.20). This equation was adopted from the experimental data 

reported in Koppatz et al. (2011). Then, the composition of methane was modified by 
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subtracting the carbon and hydrogen content of tar which its composition was taken from Saw 

and Pang (2012). 

-3( %) -5.61 10 ( ) 6.95gTar wt T K     
(4.20) 

The concentrations of other species (N2, NH3 and H2S) were calculated from the elemental 

balances for N and S and their equation of formation. It was assumed that they are only formed 

from the N and S in the biomass. The composition of hydrogen was also modified by 

subtracting the hydrogen content of ammonia and hydrogen sulphide.  

4.2.4.1.2. Modelling of the Char-gas Reactions and Reactions among 

Gases 

In this study, Boudouard, primary and secondary steam-char reactions were assumed as char-

gas reactions while steam-gas shift reaction was assumed as steam-gas reaction: 

  Boudouard: 2 2C CO CO   

  Primary steam-char reaction: 2 2C H O CO H   

 Secondary steam-char reaction: 2 2 22 2C H O CO H   

 Steam-gas shift reaction: 2 2 2CO H O CO H   

It has been suggested by Yoshida et al. (2008) and Nguyen et al. (2010) that steam contribution 

to the primary and secondary steam-char reactions is limited. Therefore, the steam contribution 

to reactions at equilibrium was calculated using a simple correlation as follows taken from 

Nguyen et al. (2012): 

2

2

, 7542.851.4exp( )
H O con

gH O

n

Tn
    

(4.21) 
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Where, 
OHn

2
is the total mole of steam in the system, and 

conOHn ,2
 is the mole of steam 

contributes to the reactions. The Tg is the gasification temperature, K. 

In order to check the equilibrium assumption of steam-gas shift reaction, the equilibrium 

constant of this reaction was compared with the reaction constants derived from experimental 

results of Herguido et al. (1992) and Wei et al. (2007) as shown in Figure 4-4. The average 

value of their results for steam-gas shift reaction constant was used in the present model in 

UniSim. 

 

Figure 4-4. The theoretical and experimental steam-gas shift reaction constants at different 

temperatures. 

The heat requirement of the BFB gasification reactor is the sum of the heat requirement of 

pyrolysis, char-gas reactions and steam-gas reaction. The char generated from the biomass 

gasification and the excessive fuel to the FFB reactor are combusted with air to provide the 

energy required for the BFB gasification reactor. The heat requirement of each reaction was 

calculated from the enthalpy balance in UniSim. In a commercial scale DFB gasifier (100 

MWth), the heat loss can be reduced and in the present study, heat loss was assumed to be 5 % 

of biomass energy (LHVbiom × Ṁbiom). 
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4.2.5. GAS CLEANING 
4.2.5.1. Tar Removal 

An overview of the tar removal system is shown in Figure 4-5. For tar removal system, a model 

based on oil gas ( OLGA) scrubber system proposed by Boerrigter et al. (2006) and Könemann 

(2009) was developed in UniSim. Rapeseed oil is used as absorbent with high tar removal 

efficiency as reported in Phuphuakrat et al. (2011). The system is composed of three major 

columns: quench, absorber, and stripper. In the quench column, the remained particles and 

some heavy tar components are removed from the gas by quench with rapeseed oil as the 

producer gas temperature is reduced to about 90 ˚C. A stream of the tar loaded rapeseed oil is 

sent to the FFB reactor as an excessive fuel to provide heat for the gasification. The producer 

gas then goes to the absorber column where more volatile tar components are removed by oil 

in a packed bed absorber column. The impure rapeseed oil (rich oil) is then fed to the stripper 

column where the tar is removed from the spent oil by hot air, and the regenerated rapeseed oil 

(lean oil) is circulated in the system. The tar loaded stripper air is fed to the FFB reactor where 

the heat value of the tar is retrieved. A make-up stream of fresh rapeseed oil is injected to the 

system for the oil loss which occurs in both quench and stripping system. 

The rapeseed oil is a mixture of oleic acid (64 wt%), linoleic acid (23 wt%) and linolenic acid 

(13 %) as reported in  Hoekman et al. (2012). The process shown in Figure 4-5 was simulated 

in UniSim with Soave-Redlich-Kwong (SRK) equation of state and non-random two-liquid 

(NRTL) activity model were selected for equilibrium calculations of the system.  
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Figure 4-5. A schematic diagram of tar removal system adopted from Boerrigter et al. (2006). 

4.2.5.2. Inorganic Impurities Removal 

Ammonia and hydrogen chloride are removed in a water scrubber system. An overview of the 

water scrubber system is shown in Figure 4-6. Removal of the hydrogen chloride to the required 

concentration of 10 ppb for FT synthesis is much more difficult than removal of ammonia to 

1ppm by employing only fresh water. Therefore, it was assumed that a weak solution of NaOH 

is injected to the second column to increase the efficiency of absorption of the hydrogen 

chloride in water. However, as the ammonia is a weak base, the basic pH of water has negative 

impact on its absorption. Thus, ammonia and hydrogen chloride need to be removed in two 

successive scrubbers as shown in Figure 4-6. For equilibrium calculation, SRK equation of 

state and NRTL activity model were used in this study. The reaction shown by Eq.(4.22) was 

introduced in the second column for HCl removal.  

OHNaClHClNaOH 2  (4.22) 
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Figure 4-6. Schematic diagram of water scrubber system. 

For removing of hydrogen sulphide, a fixed bed ZnO reactor operating at 350 ˚C was 

considered. The ZnO fixed bed reactor was modelled based on a simple mass balance unit 

based on Eq.(4.23). 

2 2ZnO H S ZnS H O    (4.23) 

4.2.6. GAS CONDITIONING 

Gas conditioning is to get an optimum H2/CO ratio of 2 in the synthesis gas (syngas) for FT 

liquid fuels. Two methods were selected and modelled including a high-temperature shift 

(HTS) converter and a steam methane reformer (SMR). The HTS converter is for the reaction 

of steam-gas shift of CO to H2 2 2 2(CO+H O CO +H ) , which is slightly exothermic. Its 

operation temperature is between 300 and 400 ˚C as reported in Elnashaie (1994). For the HTS 

reaction, a plug flow reactor was modelled in the UniSim. The reaction rate reported in Smith 

et al. (2010) was used for steam-gas shift reaction, which is shown by Eq. (4.24).  
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Where, rs is the effective reaction rate, mole CO reacted/m3∙hr. The ρbed is the density of catalyst 

bed in the reactor, kg/m3; yi is the mole fraction of each component; Keq is the equilibrium 

constant of steam-gas shift reaction; T is the reactor’s temperature, K, and P is the reactor’s 

pressure, bar.  

The SMR is to convert the methane in the producer gas to hydrogen and carbon monoxide by 

steam reforming reaction 4 2 2(CH +H O 3H +CO) . The SMR reactor is more sophisticated 

than HTS converter. Because, it operates at higher temperature (>800 ˚C) and is highly 

endothermic which needs a source of heat (Elnashaie (1994) and Simbeck and Chang (2002)). 

The SMR reactor was modelled as an equilibrium state operating at 850 ˚C by using a built-in 

equilibrium reactor in the UniSim. A proportion of the producer gas was combusted to provide 

the energy required by the reaction. 

4.2.7. PRESSURE SWING ADSORPTION  

A pressure swing adsorption (PSA) unit was used for hydrogen generation from a stream of 

the producer gas after gas conditioning; the hydrogen is used for upgrading the FT liquid fuels. 

The performance of pressure swing adsorption unit was described in Chapter 3. A four bed 

system, consisting of two absorption beds and two desorption beds, was considered for 

modelling of the PSA unit. The operation temperature of the PSA unit was assumed 25˚C while 
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the operation pressures of adsorption and desorption beds were assumed 20 bar and 2 bar, 

respectively. Because of the high operation pressure required for adsorption beds, the PSA unit 

was located after the gas compression. However, both gas pressure and temperature after the 

gas compression are higher than the temperature and pressure required by the PSA unit. Also, 

the hydrogen and remained gas from the PSA unit were directed to hydrocracking and FT 

synthesis reactors, respectively, which operate at a much higher pressure and temperature than 

operation condition of the PSA unit. Based on the operation condition of the PSA unit and 

operation condition of upstream and downstream equipment, the feed gas depressurising and 

cooling and products pressurising and heating were included. To simulate the PSA unit, a 

process efficiency of 80 % reported in Ruthven et al. (1994) was accepted in a simple mass 

transfer unit. 

4.2.8. FT LIQUID FUEL SYNTHESIS 

In FT synthesis reaction over cobalt catalyst, the carbon monoxide and hydrogen with H2/CO 

ratio of 2 in the syngas react with each other to produce mainly long chain and straight alkanes. 

The FT synthesis reaction can be simplified in Eq.(4.25) although minor amounts of branched 

and unsaturated alkanes and alcohols are generated as well according to Boerrigter et al. (2004). 

Therefore the FT synthesis produces a crude oil. 

OHCHHCO 222 )(2   (4.25) 

For modelling the slurry phase FT reactor with a cobalt catalyst, a plug flow reactor was 

modelled in UniSim. Anderson-Schulz-Flory (ASF) theory was used for prediction of the FT 

synthesis product distribution as described in Eq.(4.26) taken from Boerrigter et al. (2004). The 

FT product distribution at different chain growth probability values is shown in Figure 4-7. For 

simplicity, the products are shown in three groups of C1, C2–C4 and C5+. 
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Where, xn is the weight fraction of a product with N carbon atoms. α is the chain growth 

probability factor which is the characteristics of the FT synthesis catalyst, and is a function of 

catalyst selectivity towards liquid hydrocarbons (SC5+) as defined by Eq.(4.27) taken from 

Hamelinck et al. (2004). 

  55 25.0)log(373.075.0 CC SS  (4.27) 

 

Figure 4-7. The FT product distribution at different α values. 

In the FT reactor, a high selectivity of liquid products and a high conversion rate of syngas are 

required. The selectivity towards liquid products depends on several factors including 

operation temperature, operation pressure, the reactants’ composition, and the FT reactor 

configuration. Water and carbon dioxide act as inert gases in the FT reactor and have an adverse 

impact on the catalyst selectivity towards liquid products The following formula reported in 

Hamelinck et al. (2004) was used for calculating the selectivity of the cobalt catalyst.  
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In which, Yi is the mole fraction of component i, T is reactor temperature, K, and P is the 

operation pressure, bar. The reaction kinetics over cobalt catalyst proposed by Yates and 

Satterfield (cited in Hamelinck et al. (2004)) was used in the model. The reaction rate is based 

on CO consumption rate (mol/s∙kgcat) as indicated in Eq.(4.29).  
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  (4.29) 

In which, PCO and PH2 are partial pressures of carbon monoxide and hydrogen, respectively, 

bar; a and b are kinetic parameters as listed in Table 4-2. 

Table 4-2. FT synthesis kinetic parameters adopted from Hamelinck et al. (2004) 

 

4.2.9. FT CRUDE UPGRADING 

The FT crude needs to be refined or upgraded before it can be used as drop-in transport fuels. 

Upgrading of the FT crude can be done by catalytic hydrocracking to produce high-quality 

middle distillates by both cracking and isomerisation of the long-chain alkanes. The formed 

iso-paraffin considerably improves the cold flow properties and cetane number of the FT liquid 
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fuels according to Pellegrini et al. (2004) and Gamba et al. (2010). In this study, a single stage 

hydrocracking including a hydrocracking reactor and a fractionation column was developed in 

UniSim.  

For modelling the hydrocracking reactor, a “lumped kinetic model” applied by Pellegrini et al. 

(2004) and extended by Fernandes and Teles (2007) was adopted. The hydrocracking 

calculations were written in a series of visual basic codes within a user defined unit operation 

in the UniSim. A simplified scheme of the “lumped kinetic model” is shown in Figure 4-8. 

This model is based on adsorption of n-paraffin and hydrogen on catalyst sites, generating 

isomers and cracking the isomers to two identical n-paraffin hydrocarbons which are then 

released from the catalyst sites. The heavier are the hydrocarbons, the faster are their adsorption 

and reaction on catalyst sites according to Pellegrini et al. (2004). It was suggested by 

Fernandes and Teles (2007) that the direct cracking of n-paraffin hydrocarbons can be 

neglected as it is much slower than isomers’ cracking.  

 

Figure 4-8. The simplified scheme of “lumped kinetic model” adopted from Pellegrini et al. (2004) 

and Fernandes and Teles (2007). 

In the hydrocracking reactor, an isothermal condition with plug flow regime and negligible 

mass and heat transfer resistances were assumed as suggested by Fernandes and Teles (2007). 

The FT crude was assumed to be made up of only n-paraffin components. Because, olefins and 

alcohols are very reactive in the presence of hydrogen, and convert to corresponding n-paraffin 

according to Pellegrini et al. (2004). The FT crude components were divided into five groups 

of components including C1–C4, C5–C9, C10–C14, C15–C21 and C22+. The products were assumed 

to consist of n-paraffin and iso-paraffin hydrocarbons although the type of isomers was not 
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considered in the model due to the complexity. Corresponding to the lumps assumed for FT 

crude, the hydrocracking products were grouped into C1–C4, isomer of C4 was ignored, iso- 

and n-C5–C9, iso- and n-C10–C14, iso- and n-C15–C21 and C22+. The series of reactions which 

occur in the hydrocracking reactor were adopted from Fernandes and Teles (2007) as listed in 

Eq.(4.30)–Eq.(4.36). The kinetic and equilibrium data listed in Table 4-3 were taken from 

Pellegrini et al. (2004). Because, their study was based on the hydrocracking of the FT crude 

obtained from FT synthesis over the cobalt catalyst. 
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Where, PF(N) and IM(N) are the flow rate of paraffin and isomers with N carbon number, 

respectively, kmol/h; yp(N) and yi(N) are their molar fraction correspondingly; mcat is the mass 

of the catalyst, kg; u is the velocity, m/h; R is the gas constant, kJ/kg∙K; T is the temperature of 

the reactor, K; P is the pressure of the reactor, Pa; z is the position at the reactor’s length, m.  

Because of the simplicity of the above equations, a general method of Euler was used in this 

thesis while for more complicated system of equations Runge-Kutta should be applied. The 

above equations were solved by introducing the reactor’s length parameter and the initial molar 

flow values at the reactor’s inlet. 
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Table 4-3. The kinetic and equilibrium parameters for hydrocracking adopted from Pellegrini 

et al. (2004). 

 

4.2.10.  POWER GENERATION 

For power generation, the off-gas from the FT reactor is fed to a turbo-generator in a simple 

cycle as described in Chapter 1. The turbo-generator consists of a compressor for pressurising 

the air flow, a combustion chamber for burning the off-gas and a gas turbine for expanding the 

gas and generating electricity. Both the gas turbine and the compressor share the same shaft. 

Therefore, the power generated by turbo-generator is the difference between the power 

generated by the gas turbine and the power consumed by the compressor. A simple cycle was 

simulated in UniSim including an air compressor, a combustion chamber and a gas turbine. 

4.3. RESULTS AND DISCUSSION 

The results are discussed in five sections: (i) The DFB gasification model validation with the 

experimental data from the pilot scale DFB gasification system; (ii) The effect of gasification 

condition on DFB gasification performance; (iii) The FT synthesis yields and the effect of 

pressure on the FT crude and off-gas composition; (iv) The effect of gas conditioning step on 

FT synthesis reactor’s yields; (v) The effect of hydrocracking on the FT crude upgrading. 
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4.3.1. GASIFICATION MODEL VALIDATION 

The developed DFB gasification model has been solved in the UniSim, and the simulation 

results of producer gas composition and its H2/CO ratio are compared with the corresponding 

experimental data reported in Koppatz et al. (2011). The bed material in the BFB gasifier is 

olivine which does not show significant catalytic effect. 

The results are shown in Figure 4-9 for the effects of gasification temperatures from 750 ˚C to 

850 ˚C and in Figure 4-10 for the effect of steam to biomass (S/B) ratio from 0.6 to 1.2. As can 

be seen from the figures, with an increase in the gasification temperature and S/B ratio, the H2 

composition increases significantly while CO composition decreases. In Figure 4-9, the 

simulated results are in close agreement with the experimental data for H2 and CO 

compositions while the model predicted CO2 composition of the producer gas is 

underestimated by about 9 %. Also, there are discrepancies between simulation results and 

experimental data for light hydrocarbon compositions although these discrepancies diminish 

with the increase in the gasification temperature. 

From Figure 4-10, the simulated H2 composition is in close agreement with the experimental 

data. However, there are discrepancies between the simulation and the experimental data for 

CO, CO2 and CH4 compositions. The predicted trends of the CO and CO2 compositions are in 

agreement with the experimental data, which CO composition decreases and CO2 composition 

increases with the increase in S/B ratio. The CH4 composition of producer gas changes slightly 

with the increase in S/B ratio, which is consistent with the experimental data reported in 

Koppatz et al. (2011).  
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Figure 4-9. Comparison of the producer gas composition resulted from the simulation  

with the experimental data reported in Koppatz et al. (2011), S/B=0.84. 

 

Figure 4-10. The simulated H2/CO ratio in producer gas versus experimental data reported in Koppatz 

et al. (2011), T=850 ˚C. 

4.3.2. THE EFFECT OF GASIFICATION CONDITION ON ITS PERFORMANCE 

The effect of the gasification temperature and S/B ratio on the gasification performance (the 

yields of producer gas and char, and H2/CO ratio of producer gas) is examined using the 

developed model. The results are shown in Figure 4-11 for the effect of gasification 
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temperature and in Figure 4-12, for the effect of S/B ratio. From the figures, it is found that 

both the gasification temperature and the S/B ratio have positive impacts on the gas yield and 

H2/CO ratio in the producer gas. The simulation results also show that the char yield decreases 

with the increase in the gasification temperature and S/B ratio when more carbon is converted 

to gas resulting in more gas yield. 

 

Figure 4-11. The effect of gasification temperature on gasification yields, S/B=0.84. Experimental 

data from Koppatz et al. (2011). 

 

Figure 4-12. The effect of steam to biomass ratio on gasification yields, T=850˚C. Experimental data 

from Koppatz et al. (2011). 
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However, as can be seen in Figure 4-11 and Figure 4-12, the gasification temperature has more 

significant effect than S/B ratio on the gas yield. Therefore, increasing the temperature is more 

effective on char-gas reactions than injecting more steam to the system. 

From Figure 4-12, it is also found that with the increase in the S/B ratio, the gas yield increases 

slightly but the H2/CO ratio of the produce gas increases more substantially. In fact, both the 

gasification temperature and S/B ratio favor the steam-gas shift reaction towards hydrogen 

production according to Le Chatelier's principle, which results in higher H2/CO ratio. The 

experimental data for H2/CO ratio at different gasification temperatures and S/B ratios reported 

in Koppatz et al. (2011) are also shown in Figure 4-11 and Figure 4-12, respectively. As can 

be seen from the figures, although the simulation results are in good agreement with the 

experimental data for H2/CO ratio at different temperatures, there are discrepancies for H2/CO 

ratio at different S/B ratios. Based on the model, the increase in the steam injected to the system 

has a positive impact on proceeding the steam-gas shift reaction towards more H2 and less CO.  

It is predicted by the model that at S/B ratio of 1.2 and gasification temperature of 850 ˚C, the 

H2/CO ratio of around 1.9 can be achievable which is suitable for FT liquid fuel synthesis. 

However, the experimental data of Koppatz et al. (2011) show a slight decrease in H2/CO ratio 

with the increase in S/B ratio from 0.84 to 1 while that of Wei et al. (2007) show an increase. 

4.3.3. THE FT SYNTHESIS REACTOR’S YIELDS AND THE EFFECT OF PRESSURE 

The FT crude and off-gas yields from the FT synthesis reactor at different reactor’s operation 

pressure are shown in Figure 4-13. The yields of FT synthesis reactor are represented as 

percentages of the feed biomass on a dry weight basis. As can be seen from the figure, around 

80 % of the feed biomass is converted to products consisting of FT crude and off-gas. The 

remained 20 % is associated with water generated during the gasification and FT synthesis 

reactions. At an operation pressure of 50 bar, 63% of feed biomass is converted to off-gas with 
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lower heating value (LHV) of about 10 MJ/kg, and 17 % to FT crude with LHV of about 44 

MJ/kg. The operation pressure of FT synthesis reactor has positive impact on FT crude yield, 

as the chain growth probability and catalyst selectivity towards liquid products increases with 

the pressure increase as shown in Figure 4-14. 

 

Figure 4-13. The FT crude and off-gas yields from the FT synthesis reactor at different FT 

reactor’s operation pressure. 

 

Figure 4-14. The effect of operation pressure of FT synthesis reactor on  

chain growth probability (α). 

Consequently, the chain growth probability affects the composition of FT crude and off-gas. 

The compositions of FT crude and off-gas, at various operation pressures, are shown in Figure 
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4-15 and Figure 4-16, respectively. At operation pressure of 26 bar, the dominant element in 

FT crude is the C5–C9 group accounting for 43%. It is followed by the C10–C14 group of 22 %, 

C1–C4 group of 17 %, C15 –C21 of 11 %, and wax (C22+) of 7 % which is the least component. 

However, by increasing the pressure to 50 bar, the share of C5–C9 group in the FT crude 

decreases dramatically to 18.6 %, while the wax becomes the dominant product with 35 %, and 

the C1–C4 group with only 6 % becomes the least component. The composition of C10–C14 

group slightly increases with the increase in the operation pressure from 26 bar to 40 bar, then 

it declines with a further rise in the operation pressure to 50 bar. It is implied from Figure 4-15 

that the percentage of components with carbon number greater than 15 increases in the FT 

crude with the increase in the operation pressure of the FT synthesis reactor. 

 

Figure 4-15. The composition of FT crude at different operating pressure 

 of the FT synthesis reactor. 

The composition of off-gas from the FT synthesis reactor at different reactor’s operation 

pressures is shown in Figure 4-16. As can be seen from the figure, CO2 is the dominant 

component of the off-gas at 26 bar, and its share escalates with the increase in pressure. 

Methane is the next dominant component of the off-gas, its composition slightly increases with 

the pressure. The increase of CO2 and methane content of off-gas is associated with the 
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decrease of (H2 + CO) content of off-gas due to higher catalyst selectivity at elevated pressure 

thereby more reactant consumption. The C2–C5 content of off-gas slightly decreases with 

increase in the operation pressures. 

 

Figure 4-16. The composition of off-gas at different operating pressures  

of the FT synthesis reactor. 

4.3.4. THE EFFECT OF GAS CONDITIONING ON FT SYNTHESIS REACTOR’S YIELDS 

The selection between the high-temperature shift (HTS) converter and the steam-methane 

reforming (SMR) reactor for gas conditioning step affects the FT synthesis reactor’s yields as 

is shown in Figure 4-17. As can be seen from the figure, 80 % of biomass feed on a dry weight 

basis is converted to products consisting of FT crude and off-gas with the HTS as gas 

conditioning step compared to 65 % with the SMR. Because, a proportion of producer gas has 

to be combusted to provide the energy required by the SMR reaction that is highly endothermic. 

However, the FT crude yield escalates significantly from 18 % to 25 % as the (H2 + CO) content 

of producer gas increases by converting the methane content of producer gas in the SMR 

reactor. On the other hand, as is shown in Figure 4-18, the methane content of off-gas declines 
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considerably from 38 % to 14 %, while the percentages of (H2+CO) and C2–C5 show only slight 

increases. Therefore, the percentages of CO2 in the off-gas increases considerably.  

 

Figure 4-17. The effect of gas conditioning step on the yields from the FT synthesis reactor. 

 

Figure 4-18. The effect of gas conditioning step on the off-gas composition. 

4.3.5. THE EFFECT OF HYDROCRACKING 

The purpose of the hydrocracking is to crack the long chain product wax to gasoline (C10–C14) 

and diesel (C15–C21). In the hydrocracking reactor, both the hydrocracking and isomerisation 
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of FT crude occur. However, the isomerisation effect of the model was ignored due to the 

complexity; therefore, only the hydrocracking effect is shown in Figure 4-19. The wax content 

of FT crude is converted to mostly C5–C9 and C10–C14 groups, which the latter one is the 

dominant component with 35 %, while the C15–C21 content remains unchanged. This could be 

because the effect of cracking of the wax components to C15–C21 group is offset by the effect 

of cracking of this group to lighter components. Thus the percentage of this group remains 

unchanged after hydrocracking. The share of C1–C4 remains almost constant since the longer 

is the hydrocarbon chain, the faster is the hydrocracking. The results are in line with the work 

of Pellegrini et al. (2008). 

 

Figure 4-19. The effect of hydrocracking on FT crude. 
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4.4. CONCLUSION 

An integrated system model for production of the FT liquid fuel form woody biomass based 

on the Scenario I was developed in the UniSim. The Scenario I includes biomass drying, 

biomass DFB gasification, gas cleaning, gas conditioning, FT liquid fuel synthesis, FT crude 

upgrading, and power generation. For the unit operations, the commercially available 

technologies were selected and modelled. The model was developed in such a way that the 

effect of operation conditions of the primary unit operation such as DFB gasification and FT 

synthesis reactor can be reflected in the outcome of the integrated system. 

The DFB gasification model results were in a good agreement with the experimental data. Both 

the temperature and S/B ratio favor the gas yield and H2/CO ratio of the producer gas. However, 

increasing the temperature is more efficient on gas yield while increasing S/B ratio is more 

influential on H2/CO ratio. The H2/CO ratio of 1.9 can be achieved at 850 ˚C and S/B of 1.2. 

Approximately 80 % of feed biomass (on a dry weight basis) is converted to products in the 

FT synthesis reactor. The remained 20 % is associated with water which is generated during 

the gasification and FT synthesis reactions. The FT crude yield from the FT synthesis reactor 

escalates with the increase in the reactor’s operation pressure. 

Also, the FT crude yield increases by replacing the high-temperature shift converter with the 

steam-methane reforming. Because, the methane content of producer gas is converted to 

(H2+CO) while the off-gas methane content declines. In the hydrocracker, the wax (C22+) of 

FT crude is converted to lighter component such as C5–C9 and C10–C14 groups, which the latter 

one is the dominant component of the upgraded crude. In the hydrocracker, the isomerisation 

happens as well, which was ignored in this thesis as it was difficult to be shown. 
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5. CHAPTER 5: DEVELOPMENT OF AN INTEGRATED SYSTEM MODEL 

FOR SCENARIO II 

5.1. INTRODUCTION  

The purpose of this chapter is to develop an integrated system model for Scenario II. In 

Scenario I, the woody biomass chips are transported from the biomass field to biomass to FT 

liquid fuel (BTL) plant. In Scenario II, further pretreatment is performed on woody biomass 

chips as they are converted to bio-slurry in a fast pyrolysis plant located in the biomass field. 

The bio-slurry has 4 to 5 time higher energy density (GJ/m3) than the original woody biomass 

according to Raffelt et al. (2006), which results in lower transportation cost. The fast pyrolysis 

plant could be a mobile plant which can be moved to different biomass fields for production of 

bio-slurry. The bio-slurry is then transported to a main process plant for production of Fischer-

Tropsch (FT) liquid fuels. The main stages of Scenario II for the production of FT liquid fuels 

from woody biomass include: 

o Biomass collection  

o Biomass chipping  

o Mobile fast pyrolysis plant 

 Biomass drying  

 Biomass grinding  

 Bio-slurry generation 

o Transportation of bio-slurry  

o Main process plant  

 Entrained flow (EF) gasification of the bio-slurry and heat recovery 

 Gas cleaning and gas conditioning  
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 FT liquid fuel synthesis 

 FT crude upgrading  

 Off-gas utilisation. 

As described in Chapter 3, the fast pyrolysis of woody biomass happens at optimum 

temperature of 500 ̊ C and a short vapour residence time, which produces bio-oil, char and non-

condensable gases. The char is separated by cyclones while bio-oil is separated in a quench 

system; the bio-slurry is a mixture of bio-oil and char. The different types of pyrolysis reactor 

were reviewed in Chapter 3. These reactors included the fluidised bed reactor of Dynamotive, 

the circulating fluidised bed reactor of Ensyn (LaClaire et al. (2004) and Radlein and Quignard 

(2013)) and mechanically fluidised bed reactor of Karlsruhe Institute of Technology (KIT) 

(Raffelt et al. (2006)). A fast pyrolysis reactor, usually, consists of two sections: pyrolysis and 

heating. In the pyrolysis section, pyrolysis reactions happen while the heating section provides 

the heat required by the pyrolysis reactions. In a fluidised bed reactor, heat for the pyrolysis is 

provided by a hot flue gas or steam which pass through a series of tubes located inside the 

reactor. In a circulating fluidised bed reactor, char, generated in the pyrolysis section, with cold 

bed material flow from the pyrolysis section to a combustion section. The char is then 

combusted with air while heating the bed material. The hot bed material circulates back to the 

pyrolysis section to provide the heat required by the pyrolysis reactions.  
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For an efficient fast pyrolysis, moisture content of the woody biomass feedstock should be less 

than 10 % according to Bridgwater et al. (2002) although moisture content up to 15% is 

acceptable (Mohan et al. (2006)). The particle sizes of woody biomass feedstock have to be 

less than 2 mm as suggested by Bridgwater et al. (2002). Bridgwater (1999) reported that the 

pyrolysis section of the fast pyrolysis reactor operates at a temperature between 500–520 ˚C 

with a short vapour residence time, 1 second. 

Products of the fast pyrolysis consist of bio-oil, char and non-condensable gases. The non-

condensable gases can be either combusted to provide the heat required by the pyrolysis or 

used as a fluidising agent inside the pyrolysis section. The hot flue gas from the combustion 

section can be used for biomass drying. According to Raffelt et al. (2006), approximately 90- 

% of biomass energy content is transferred to bio-slurry while the remaining 10 % of biomass 

energy is transferred to the non-condensable gases.  

The production of bio-slurry from straw bales in a100 MWth fast pyrolysis plant was considered 

by Trippe et al. (2010). Their study was on an integrated system including biomass drying, fast 

pyrolysis, and char and bio-oil collection system. The feed biomass moisture content was 

reduced to 8 % and 0 % in a flash dryer from 18 % on an oven dry (od) basis. However, the 

moisture content of fresh woody biomass is between 50 and 150 % (od) according to Holmberg 

and Ahtila (2005) and Holmberg (2007). The production of syngas suitable for Fischer-Tropsch 

(FT) liquid fuel synthesis from bio-slurry was also studied by Trippe et al. (2011). They 

developed a model for a 1 GWth integrated plant including entrained flow (EF) gasification, 

gas cleaning and gas conditioning in an Aspen Plus simulation environment. For a fast 

pyrolysis reactor studied by Trippe et al. (2010), a model based on the experiments conducted 

in KIT was developed. For an EF gasifier, an equilibrium model for the gasification section 

and a separate model, based on mass and heat balance, for the quench and heat recovery 
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sections were developed in the Aspen Plus. However, the results of the equilibrium model were 

not reported. 

There are two approaches for modelling the fast pyrolysis of woody biomass: microparticle 

and macroparticle models (Miller and Bellan (1997)). The microparticle model is for pyrolysis 

of extremely fine particles of biomass, where there is a rapid mass diffusion between the solid 

phase and the gas phase. Thus, the effects of mass diffusion in the system are negligible, and 

the pyrolysis can be assumed to be controlled by kinetics of pyrolysis reactions. The 

macroparticle model is for pyrolysis of biomass with particle sizes larger than 1mm where the 

mass diffusion becomes slower and affects the pyrolysis considerably. According to Miller and 

Bellan (1997), the diffusion barriers can cause internal and external temperature gradients 

within biomass particles. This changes the effective residence time and products’ distribution.  

An EF gasifier is a suitable option for gasification of bio-slurry. In the EF gasifier, a 

combination of complex reactions happens. Most of the reactions are similar to those occurring 

in the bubbling fluidised bed (BFB) reactor of the DFB gasifier used in Scenario I. The main 

differences between them are the high gasification temperature and partial combustion 

reactions. These reactions happen in the EF gasifier because of using oxygen as the gasification 

agent. The gasification reactions in the EF gasifier include devolatilisation, combustion of tar, 

char-gas reactions, and steam-gas shift reaction (Biagini et al. (2009) and Silaen and Ting 

(2010)). The char-gas reactions consist of char partial combustion, steam-char reactions and 

Boudouard reaction. 
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Many studies can be found on modelling the gasification of coal in an EF gasifier. Some authors 

including Chen et al. (2000), Silaen and Ting (2010) and Yang et al. (2011) have used 

sophisticated numerical models based on heterogeneous reactions among char and gases. 

However, steam-gas shift reaction was often thought to reach the equilibrium. Others including 

Yoshida et al. (2008), Biagini et al. (2009) and Nguyen et al. (2010) considered all the steps 

except devolatilisation to reach the equilibrium. This approach is satisfying for mass and 

energy balances of the gasifier.  

The objectives of this chapter are to develop an integrated system model for production of FT 

liquid fuels from woody biomass based on Scenario II. Commercially available technologies 

are selected and used for the primary unit operation based on the literature review presented in 

Chapter 3. For each of the unit operations, a model is developed in a UniSim simulation 

environment by using both the built-in and user-defined unit operations. Two standalone 

integrated models are developed in the UniSim. The first model is for the fast pyrolysis plant 

to produce bio-slurry from woody biomass, and the second model is for the main process plant 

to produce the FT liquid fuels from bio-slurry. These models are based on kinetics of the fast 

pyrolysis reactions and the equilibrium modelling of the EF gasification. The biomass 

collection, biomass chipping and bio-slurry transportation are not included in this chapter and 

will be discussed in Chapter 7. 

5.2. MODEL ESTABLISHMENT 

The unit operations of biomass drying, FT liquid fuel synthesis, FT crude upgrading, and power 

generation are similar to Scenario I. For the gas cleaning in Scenario II, the tar removal system 

is not required as the syngas from the EF gasifier is tar free due to the high gasification 

temperature. However, similar to the Scenario I, water scrubber system for ammonia and 

hydrogen chloride removal and ZnO fixed bed reactor for hydrogen sulphide removal were 

used.  For the gas conditioning, only high-temperature shift converter was considered as the 
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methane content of the syngas is negligible. The modelling of these unit operations was 

discussed in Chapter 4. Thus, only the modelling of fast pyrolysis reactor, EF gasifier and air 

separation unit for production of oxygen required for gasification of bio-slurry are described in 

this chapter. The models of unit operations were combined together to form an integrated 

system model for production of FT liquid fuels from woody biomass based on Scenario II. 

Both individual models and integrated system model were checked by performing mass and 

elemental balances.  

5.2.1. WOODY BIOMASS CHARACTERISTICS 

Similarly to the Scenario I, Pinus radiata was assumed as the biomass species in the Scenario 

II. It was defined as a hypothetical compound in the UniSim based on the procedure described 

in Chapter 4. 

5.2.2.  FAST PYROLYSIS PLANT 
5.2.2.1. Process description 

Figure 5-1 shows an overview of the fast pyrolysis plant. The delivered wood chips are initially 

dried in a rotary dryer to moisture content of 17 %, and then directed to a grinder for size 

reduction to 2–3 mm (Bridgwater (2012), Bridgwater (1999)). The fine biomass particles are 

then fed to the fast pyrolysis reactor operating at 500 ̊ C. The pyrolysis products consist of char, 

bio-oil and non-condensable gases. A cyclone located immediately after the fast pyrolysis 

reactor separates the char particles. The pyrolysis gas is fed to a quench system which includes 

two quench columns and a condenser. The first column is for separating the heavy bio-oil 

components and remaining char by quenching the pyrolysis gas. The heavy bio-oil are cooled 

from 110 ˚C to 50 ˚C and sent to a storage tank. 
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Figure 5-1. An overview diagram of the fast pyrolysis plant adopted from Trippe et al. (2010). 
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After the first quenching, the remaining gas enters into a condenser where it is cooled down to 

80 ˚C, and a high percentage of light bio-oil components are separated. The light bio-oil is also 

cooled down to 50 ˚C and sent to a storage tank. Then, the remaining gas enters into to the 

second column of the quench system where it is cooled down to 70 ˚C while the rest of the 

light bio-oil components and some water are separated from non-condensable gases.  

The light bio-oil circulates in the system as the quench liquid since it is sprayed easily. Because, 

it has low viscosity and density and prevents the products from dilution as claimed by Trippe 

et al. (2010). The non-condensable gases are used for two purposes; as fluidising agent in the 

pyrolysis section and as a fuel for the heating section. LaClaire et al. (2004) mentioned a gas 

to biomass ratio between 1 and 2 for fluidising the bed material in the pyrolysis section of the 

fluidised bed reactor of Dynamotive. In this thesis, the ratio of 1.5 is used. The rest of the non-

condensable gases are combusted to satisfy the heat needed for the pyrolysis reaction. The flue 

gas from the combustion section is clean and hot (1000˚C) according to LaClaire et al. (2004). 

Thus, it is used as the drying medium to dry the biomass after preheating the non-condensable 

gases. A proportion of the char is used as an excessive fuel for providing the heat required by 

the pyrolysis and the biomass drying, while the rest is mixed with bio-oil to form bio-slurry.  

5.2.2.2. Fast Pyrolysis Reactor  

An overview of the model developed in the UniSim for the fast pyrolysis reactor is shown in 

Figure 5-2. For modelling the pyrolysis section of the pyrolysis reactor, a user defined unit 

operation based on pyrolysis kinetics and mass and heat balance equations was developed. In 

this thesis, for simplification, it was assumed that the pyrolysis reactions are kinetically 

controlled, or the effects of mass diffusion were ignored. The combustion section, for 

combustion of fuel (non-condensable gases and char) with air, was modelled as a built-in 

conversion reactor in the UniSim.  
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Figure 5-2. An overview of the fast pyrolysis reactor’s model. 

The bio-oil was defined as a hypothetical compound by introducing its mass density and 

molecular weight in the UniSim. The chemical formula of bio-oil was initially assumed to be 

C28H37O13.2, which was estimated from the ultimate analysis of bio-oil (C, 57.3 %, H, 6.3 %, 

and O, 36.2 % (dry basis)) mentioned in Oasmaa et al. (1997). Bio-oil density was assumed 

1200 kg/m3 ( Oasmaa et al. (1997) and Mohan et al. (2006)). The low heating value of bio-oil 

derived from pine wood was considered as 21.2 MJ/kg (dry basis) taken from Oasmaa et al. 

(1997). 

It was assumed that the pyrolysis consisted of drying and thermal degradation. The production 

rate of pyrolysis products including char, bio-oil and non-condensable gases were calculated 

from the pyrolysis kinetics. The char was presumed as pure carbon while the composition of 

the non-condensable gases was presumed as CO, 39.7 mole%, CO2, 36.6 mole%, H2, 7.6 

mole%, and CH4, 16.4 mole%. The composition of non-condensable gases for pyrolysis of 

woody biomass at 500 ˚C was taken from Fagbemi et al. (2001). Fahmi et al. (2008) reported 

that some water is also generated during the pyrolysis, which is referred to as ‘reaction water’ 

in this study. 

Figure 5-3 presents the calculation procedure of the pyrolysis section as a flowchart. The 

carbon content of bio-oil is calculated by performing the elemental balance of carbon between 

woody biomass feed, char and non-condensable gases. Then, by knowing the carbon content 
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of bio-oil and its chemical formula, the hydrogen and oxygen content of bio-oil and its mass 

flow rate are calculated. The hydrogen and oxygen content of reaction water are then calculated 

from the elemental balance of hydrogen and oxygen between woody biomass and bio-oil. The 

resulting hydrogen and oxygen content of water are checked with its chemical formula. If there 

is a discrepancy, the chemical formula of bio-oil is modified. 

 

Figure 5-3. The flowchart of the calculation procedure of the pyrolysis section. 
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5.2.2.3. Pyrolysis Kinetics 

The reaction mechanism proposed by Miller and Bellan (1997) was used for modelling of the 

pyrolysis reactions, which is shown in Figure 5-4. In this mechanism, the cellulose, 

hemicellulose and lignin components of woody biomass, initially, convert to an active 

substance which decomposes to bio-oil and char-gas mixture. Some bio-oil, also, decomposes 

to the gas. The extent of conversion and decomposition of the cellulose, hemicellulose, lignin, 

active substance, and bio-oil varies at each step. Furthermore, Miller and Bellan (1997) 

reported the different proportions of the char (X) in the char-gas mixture for each of the 

components. X is 0.35 for cellulose, 0.6 for hemicellulose and 0.75 for lignin.  

 

Figure 5-4.The mechanism of pyrolysis reactions adopted from Miller and Bellan (1997).  

Miller and Bellan (1997) presented the rate of reactions as the Arrhenius type, irreversible and 

first order, as shown by Eq.(5.1).  

/ / exp( )C H L i
i i

pyr

E
K A

RT
    

(5.1) 

Where, Ai is the pre-exponential factor of each of the reactions, 1/s; Ei is the activation energy, 

kJ/mol; Tpyr is the pyrolysis reactor’s temperature, K; R is the gas constant, 8.314 J/mol∙K. The 

pre-exponential factor and the activation energy of each of the reactions are listed in Table 5-1. 
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Table 5-1. The pyrolysis reactions’ parameters adopted from Miller and Bellan (1997). 

 

The conversion of biomass and generation of products versus time are shown by the Eq.(5.2)–

(5.13). The total biomass conversion was calculated from the conversion of individual 

cellulose, hemicellulose and lignin contents of the biomass shown by Eq.(5.2)–(5.4).  

1
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Where, BC, BH and BL are the cellulose, hemicellulose and lignin content of woody biomass, 

respectively, kg; t is the time, s; 
1

CK , 
1

HK , and 
1

LK  are the rate of reactions for the cellulose, 

hemicellulose and lignin, respectively, 1/s; The corresponding differential equations for 

generation of bio-oil from each of the components are shown by Eq.(5.5)–(5.7).  
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Where, OC, OH and OL are the oils produced from cellulose, hemicellulose and lignin, 

respectively; kg; BC0, BH0 and BL0 are cellulose, hemicellulose and lignin contents of feed 

biomass, respectively, kg; BCt, BHt and BLt are the corresponding amounts of cellulose, 

hemicellulose and lignin in the system at time t, kg; 
2

CK , 
2

HK and 
2

LK are the corresponding 

reaction rates for each of the components, 1/s; Eq.(5.8)–(5.10) show the generation rate of the 

active substance. 
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Where, ∆C, ∆H, and ∆L are the active substances produced from cellulose, hemicellulose and 

lignin, respectively, kg; 
3

CK , 
3

HK and 
3

LK  are the corresponding rate of reactions, 1/s. The 

differential equation for gas generated from oil is presented by Eq.(5.11): 

4( )Ct Ht Lt

dG
O O O K

dt
     

(5.11) 

Where, G is the gas generated from the oil, kg. The OCt, OHt and OLt are the amounts of oil 

produced from cellulose, hemicelluloses and lignin, respectively, kg; K4 is the rate of reaction, 

1/s; The char and gas content of the active medium are shown by Eq.(5.12) and Eq.(5.13), 

respectively. 
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LtHtCtChar  75.06.035.0
 

(5.12) 

LtHtCtGas  25.04.065.0
 

(5.13) 

By integrating the above differential equations in the time interval of (0, τ), τ is the vapour 

residence time, the consumed biomass and oil, char and gas products were calculated.  

5.2.3. MAIN PROCESS PLANT 
5.2.3.1. Process Description 

Figure 5-5 shows an overview of the main process plant. The more detailed process flow 

diagram is shown in Chapter 6. The bio-slurry from the pyrolysis is fed to an EF gasifier. The 

EF gasifier consists of a gasification section, syngas cooling and the slag removal sections 

(Kunze and Spliethoff (2011)). In the gasification section, the bio-slurry is gasified with pure 

oxygen as the gasification agent at 1250 ˚C and 50 bar. The raw syngas leaving the gasification 

section at high temperature is cooled down in the following cooling section. For the syngas 

cooling section, a combination of radiant syngas cooling (RSC) and quench cooling is used as 

suggested in Jianjun et al. (2011). The syngas is initially cooled to 700˚C in the RSC while 

steam is generated; then, it is cooled to 300 ˚C by the following water quench system. 

The H2/CO ratio of the syngas produced from the gasification of bio-slurry in the EF gasifier 

is less than one as reported in Raffelt et al. (2006). Consequently, it is required a substantial 

gas conditioning to get an H2/CO ratio of 2 for the FT liquid fuel synthesis. A high-temperature 

shift (HTS) converter is a suitable option for the gas conditioning. The syngas from the EF 

gasifier is free of tar and particles, and the ash is removed in the quench system. However, it 

contains ammonia, hydrogen chloride and hydrogen sulphide which have to be removed prior 

to the FT synthesis. As the operating pressure of the system is considerably high, absorption of 

ammonia and hydrogen chloride by fresh water occur with high efficiency. Thus, their removal 
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can be achieved in a single water scrubbing system rather than the double water scrubbing 

systems used in the Scenario I.  

 

Figure 5-5. An overview of the main process plant of Scenario II. 

The syngas temperature is significantly reduced in the water scrubbing system. A PSA unit is 

located after the water scrubber to extract hydrogen, required by hydrocracking, from the 

syngas. Because, the low temperature of syngas is suitable for the pressure swing adsorption 

(PSA) unit operating at ambient temperature. It is followed by a ZnO fixed bed reactor for 

hydrogen sulphide removal; therefore, the syngas temperature is increased to 350 ˚C which is 

the operation temperature of ZnO reactor. The syngas is then fed to a slurry type low 

temperature FT synthesis reactor operated at 200 ˚C. This temperature is controlled by boiling 

the cooling water to generate steam as supplementary stream of energy. 

Products of the FT synthesis reactor consist of liquid products (wax and condensate), off-gas 

(unconverted syngas and some light hydrocarbons) and steam. The wax-rich products are 

upgraded in a hydrocracking reactor which operates at 400 ˚C and 50 bar. In the hydrocracking 

reactor, some light hydrocarbon is generated which is recycled to the FT synthesis reactor. The 

final fuel products of the system are gasoline, diesel and off-gas. The off-gas from the FT 

synthesis reactor is used in a turbo-generator for power generation.  
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5.2.3.2. Entrained Flow Gasifier  

An overview of the EF gasification model developed in the UniSim is shown in Figure 5-6. A 

four stages model including devolatilisation, tar combustion, char-gas reactions, and steam-gas 

reactions was adopted from Biagini et al. (2009). The char-gas reactions consist of char partial 

combustion, Boudouard reaction, and steam-char reactions. Some simplification on the 

devolatilisation step and some modification on the steam contribution to the steam-char 

reactions were made based on the work of Yoshida et al. (2008) and Nguyen et al. (2010). The 

syngas cooling section was modelled separately by using the built-in unit operations in the 

UniSim. 

For the devolatilisation step, it was assumed that the bio-slurry decomposes to C6H6, CO, H2, 

H2O, and char according to Silaen and Ting (2010). The C6H6 represents tar, and pure carbon 

represents char. It was assumed that the water content of the bio-slurry evaporates, and the 

amount of water and char do not change during devolatilisation. The amount of C6H6, CO and 

H2 was calculated from the elemental balances of C, H and O between feed bio-oil and products 

as shown by Eq.(5.14)–(5.16): 

 

Figure 5-6. An overview of EF gasification model. 
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HHCH nnn 
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(5.15) 

OCO nn 
 

(5.16) 

The chlorine, sulphur and nitrogen contents of woody biomass were assumed to transfer into 

bio-oil during pyrolysis and convert to Cl2, H2S and NH3, respectively, during devolatilisation. 

For the combustion step, a conversion reactor was defined for the combustion of C6H6. 

OHCOOHC 22266 365.7 
 

(5.17) 

For the char-gas reactions, a Gibbs reactor was modelled with the reactions shown by 

Eq.(5.18)–(5.20) with a limited steam contribution as shown by Eq.(4.21). 

2 2C O CO  (5.18) 

2 2C CO CO  (5.19) 

2 2C H O CO H   (5.20) 

For the steam-gas reactions, the following reactions were included in an equilibrium reactor. 

These reactions, Eq.(5.21)–Eq.(5.24) are water-gas shift reaction and the reactions for 

determining the possible conversion of Cl2, H2S and NH3 to HCl, COS and HCN, respectively. 

2 2 2CO H O CO H   (5.21) 

2 2 2Cl H HCl  (5.22) 

2 2CO H S COS H   (5.23) 
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3 2CO NH HCN H O   (5.24) 

5.2.3.3. Air Separation Unit 

An air separation unit is to get pure oxygen for the bio-slurry gasification in the EF gasifier. A 

cryogenic air separation technology was selected and used in the system as it is more economic 

for scales larger than 100 tonne /day of oxygen according to Universal Industrial Gases Inc 

(2014). The cryogenic air separation is based on distillation of the liquefied air, which was 

modelled based on a simple mass balance unit to produce oxygen with 95 % purity from the 

air. However, the electricity consumption and equipment required for air separation are 

discussed in more details in Chapter 6 and Chapter 7 including air and oxygen compressors 

and a cold box unit for refrigeration of air. 

5.3.  RESULTS AND DISCUSSION 

The results are presented in four sections: i) The result of fast pyrolysis reactor model and its 

validation; ii) The effect of feed biomass moisture content on the bio-slurry yield from the fast 

pyrolysis plant; iii) The result of entrained flow gasifier model and its validation; iv) The effect 

of the feed biomass moisture content on the FT crude yield.  

5.3.1. RESULT AND VALIDATION OF FAST PYROLYSIS REACTOR MODEL 

The products from the pyrolysis reactor’s model include bio-oil, 66 %, char, 20 %, and non-

condensable gases, 14 %. For the validation of the fast pyrolysis reactor’s model, the yields 

from the model were compared to yields from the pyrolysis of woody biomass reported in 

Horne and Williams (1996). As shown in Table 5-2, the results are in a good agreement with 

the experimental data.  
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Table 5-2. The comparison of fast pyrolysis reactor’s yield from the model  

with the experimental data reported in Horne and Williams (1996). 

 

5.3.2. THE EFFECT OF FEED BIOMASS MOISTURE CONTENT ON THE BIO-SLURRY 

YIELD  

FROM THE FAST PYROLYSIS PLANT 

Figure 5-7 shows the effect of feed biomass moisture content on bio-slurry yield from the fast 

pyrolysis plant. Bio-slurry is a mixture of bio-oil, water and char. As can be seen from the 

figure, the contents of bio-oil and water are constant, but the char content decreases with an 

increase in the feed biomass moisture content. This is because a proportion of the char produced 

from the fast pyrolysis reactor is used as an excessive fuel to provide the heat required by the 

biomass pyrolysis and biomass drying. With the increase in the feed biomass moisture content, 

the heat required by the biomass drying escalates. The more char is used as the excessive fuel, 

the less char is available for the production of bio-slurry.  

 

Figure 5-7. The effect of feed biomass moisture content on the bio-slurry yield from the fast 

pyrolysis plant. 



158 

 

5.3.3. RESULT AND VALIDATION OF ENTRAINED FLOW GASIFIER MODEL 

The syngas composition from the EF gasification model is H2, 32 %, CO, 50 %, and CO2, 18 

%. The results of the entrained flow (EF) gasification model were compared with the 

experimental data of EF gasification of bio-slurry reported in Raffelt et al. (2006), which are 

shown in Table 5-3. Unfortunately, the model could not be validated at a range of gasification 

temperature or bio-slurry char content due to lack of experimental data. As can be seen from 

the table, the H2 and CO2 is overestimated by the model while CO is underestimated. This 

underestimation can be related to the water content of bio-slurry. Because, the bio-slurry from 

the model contains a higher amount of water compared with the bio-slurry from the experiment. 

High water content can promote the steam-gas shift reaction to convert CO and H2O to CO2 

and H2.  

Table 5-3. The comparison of the results of EF gasification model with experimental results of 

EF gasification of bio-slurry (T=1350˚C, λ=0.46) reported in Raffelt et al. (2006). 

 

Figure 5-8 shows the effect of char content of bio-slurry on composition and yield of syngas 

from the EF gasifier. As can be seen from the figure, the syngas yield decreases with an increase 

in char content of bio-slurry dramatically. Also, as can be seen from Figure 5-8, the CO 

proportion of syngas increases significantly while CO2 proportion decreases slightly. On the 

other hand, H2 proportion of syngas goes up slightly while H2O proportion of syngas drops 

considerably. These imply that with the increase in char content of bio-slurry, the Boudouard 

reaction proceeds more resulting in the increase in CO content and the decrease in CO2 content 

of the syngas. Also, with more char in the system, the steam-char reaction proceeds more 
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resulting in less water and more hydrogen. However, with less water in the system, the steam-

gas shift reaction proceeds in the reverse direction. Therefore, the increase in H2 content due 

to the steam-char reactions is almost offset by the decrease in H2 content due to the reverse 

steam-gas shift reaction. 

 

Figure 5-8. The effect of feed biomass moisture content on the syngas yield and composition. 

5.3.4. THE EFFECT OF FEED BIOMASS MOISTURE CONTENT ON FT CRUDE YIELD   

The effect of feed biomass moisture content on the FT crude yield from the FT synthesis reactor 

is shown in Figure 5-9. The FT crude yield is shown as a percent of feed biomass on a dry 

weight basis. As can be seen from the figure, the FT crude yield decreases considerably from 

17.5 %, for feed moisture content of 43%, to 14.8 %, for feed moisture content of 150 %. This 

is due to the decrease in char content of bio-slurry yield from the fast pyrolysis plant. The 

pyrolysis plant consumes more char with the increase in the feed biomass moisture content to 

provide the heat required by the biomass drying.  
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Figure 5-9. The effect of feed biomass moisture content on FT crude yield, wt% of feed 

biomass (od) 

5.4. CONCLUSION 

An integrated system model for the production of FT liquid fuels from woody biomass based 

on the Scenario II was developed in the UniSim. The integrated system model consisted of two 

separate models developed for the fast pyrolysis plant and the main process plant. For the fast 

pyrolysis plant, a kinetic based model was developed for the fast pyrolysis reactor which was 

integrated with biomass rotary drying. The yield of the plant was compared to the experimental 

data, which showed a reasonable agreement. The effect of feed biomass moisture content on 

bio-slurry yield from the fast pyrolysis plant was studied. The bio-slurry yield from the fast 

pyrolysis plant decreases significantly with the increase in feed biomass moisture content. 

For the main process plant, an equilibrium model was developed for the gasification of bio-

slurry in the EF gasifier. The composition of the gas was compared to the experimental data, 

which was in a reasonable agreement. The effect of feed biomass moisture content on the 

syngas composition and the syngas yield from the EF gasifier was studied. With the increase 

in feed biomass moisture content, the syngas yield from the EF gasifier decreases significantly 
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due to the reduction in the bio-slurry yield from the fast pyrolysis plant. With the reduction in 

the syngas yield, the FT crude yield from the integrated plant declines considerably.  
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6. CHAPTER 6: ENERGY AND EXERGY ANALYSES 

6.1. INTRODUCTION 

In this chapter, the integrated system model which was developed for the BTL plant based on 

Scenario I and Scenario II in Chapter 4 and Chapter 5 are optimised by performing energy and 

exergy analysis. 

The energy efficiency of the integrated systems for production of Fischer-Tropsch liquid fuel 

from woody biomass has been studied by many authors as listed in Table 6-1. The total energy 

efficiency of a biomass to liquid fuel (BTL) plant is the sum of three different energy 

efficiencies consisting of chemical, electrical and heat. These efficiencies are associated with 

the production of liquid fuels, electricity and steam, respectively. However, in most studies, 

only chemical and electrical efficiencies have been reported. Tijmensen et al. (2002) performed 

a pioneer energy analysis on the BTL plant with different types of gasifiers. A chemical 

efficiency of 22.7 % was reported for the plant using an indirect-air blown atmospheric gasifier 

while a higher chemical efficiency of 27.7 % was reported for the plant using a direct oxygen-

blown pressurised gasifier. The total energy efficiencies of the above-mentioned BTL plants 

were estimated to be 38.1% and 48.1%, respectively.  

BTL plant configurations with different types of gasifiers including indirect heating entrained 

flow (EF), oxygen-blown EF, and dual fluidised bed (DFB) gasifiers were also studied by Tock 

et al. (2010). Compared with Tijmensen et al. (2002), Tock et al. (2010) reported much higher 

chemical efficiencies of 63.7 %, 45.8 % and 60.1 % on the mentioned configurations, 

respectively. The corresponding total energy efficiencies of the mentioned configurations were 

62.8 %, 51.3 % and 59.3 %, respectively. The total energy efficiency was less than chemical 

efficiency in the first and third configurations as the electricity generated in the plant from off-
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gas utilisation was not sufficient for the plant’s need. Therefore, the shortage of the electricity 

was imported. The main difference between energy efficiencies reported in Tock et al. (2010) 

and Tijmensen et al. (2002) was that Tock et al. (2010) used more efficient indirect DFB 

gasification technology and oxygen-blown biomass gasification technology in their study. In 

the configuration with a DFB gasifier, steam methane reforming (SMR) was used for gas 

conditioning instead of a high-temperature shift (HTS) which could be the reason for high 

chemical efficiency.  

The production of FT liquid fuels from Eucalyptus pellets and coal in plant configurations with 

an EF gasifier was studied by Meerman et al. (2011). The chemical and total energy efficiencies 

for the feedstock of Eucalyptus pellets were reported to be 43 % and 55 %, respectively. The 

results are close to the efficiencies reported by Tock et al. (2010) for the configuration with a 

similar EF gasifier. Nevertheless, there are other differences between the BTL configurations 

studied by Tock et al. (2010) and that studied by Meerman et al. (2011) as listed in Table 6-1. 

Meerman et al. (2011) found that the chemical and total energy efficiencies for a coal to liquid 

fuel (CTL) plant were higher than those for a BTL plant. In all of these studies, steam generated 

from heat recovery was fed to steam turbines for additional power generation; thus, no heat 

efficiency was reported. 
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Table 6-1. The energy efficiencies of the BTL plant reported in the literature. 

 

The chemical efficiencies of BTL plant were reported in studies including Boerrigter (2006), 

Larson et al. (2009) and Swanson et al. (2010) which targeted the economic analysis of the 

BTL plant. Boerrigter (2006) assumed the chemical efficiency of 50 % for the BTL plant which 

was based on the chemical efficiency of commercial gas to liquid fuel (GTL) plants. Larson et 

al. (2009) developed a system model for the BTL plant with a low temperature fluidised bed 
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gasifier and calculated the chemical efficiency of 34.1 % and electrical efficiency of 23 %. 

Swanson et al. (2010) developed two system models for BTL plant configurations with low 

temperature fluidised bed and high-temperature EF gasifiers. The chemical efficiencies of 38.6- 

% and 50 % were reported for the plant configuration with low and high-temperature gasifiers, 

respectively. 

Compared with the energy analysis, a few studies have been reported on exergy analysis of FT 

liquid fuel production from woody biomass. The exergy efficiency of the air-blown gasifier for 

gasification of different biomass feedstock including woody biomass and sludge was studied 

by Ptasinski et al. (2007). The sensible heat of producer gas was recovered for drying of 

biomass with fixed inlet moisture content. It was shown that decreasing the moisture content 

of the biomass fed to the gasifier had a positive impact on the exergy efficiency of the biomass 

gasification since less heat was spent on water evaporation inside the gasifier. 

The exergy analysis of an integrated system for production of natural gas from gasification of 

woody biomass by a DFB gasifier was conducted by Vitasari et al. (2011). The exergy 

efficiency of 58 % was reported for the system including the exergy efficiency of 83 % for 

production of syngas from woody biomass. The exergy analysis of an integrated system for 

production of FT liquid fuel from woody biomass was conducted by Prins et al. (2005). The 

system included biomass drying, biomass gasification, gas cleaning and conditioning, FT liquid 

fuel synthesis, and power generation. An atmospheric air blown gasifier was used in their study. 

The biomass drying was limited to feed biomass moisture content of 46 % on an oven dry (od) 

basis, and the drying medium was steam generated from heat recovery. The total exergy 

efficiency of the system was estimated at 36.4 % consisting of chemical efficiency of 34.5 % 

and electricity of 1.9 %. It was concluded that biomass drying had a small contribution to 

exergy loss of the system while biomass gasification and power generation had the highest 

contribution to the exergy loss. Peters et al. (2014) performed an exergy analysis on a fast 
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pyrolysis plant including biomass drying, a pyrolysis reactor and quench system. An exergy 

efficiency of 71 % was achieved for the plant, and the pyrolysis reactor with associated 

combustion sections was identified as the major source of exergy loss in the system. 

The purpose of this chapter is to perform energy and exergy analyses using the integrated 

system models developed for the BTL plant based on Scenario I and Scenario II described in 

Chapter 4 and Chapter 5, respectively. 

The integrated system model developed in Chapter 4 for Scenario I was based on transporting 

the woody biomass chips from the biomass field to a BTL plant. The BTL plant in Scenario I 

includes biomass rotary drying, dual fluidised bed (DFB) gasification, gas cleaning and 

conditioning, FT liquid fuel synthesis, FT crude upgrading, and off-gas utilisation. The 

integrated system model developed in Chapter 5 for Scenario II was based on converting the 

woody biomass chips to bio-slurry in the biomass field and transporting the bio-slurry to the 

main process plant. The main process plant in Scenario II includes EF gasification, gas cleaning 

and conditioning, FT liquid fuel synthesis, FT crude upgrading, and off-gas utilisation. The 

objective of this chapter is to:  

 Investigate the energy efficiency of each scenario and parameters which affect the 

energy efficiency; 

 Investigate the exergy efficiency of each scenario and exergy loss of each unit operation 

within a scenario; 

 Compare the energy and exergy efficiency of Scenario I with Scenario II. 

6.2. METHODOLOGY 

The energy efficiency of BTL plants is expected to increase when the energy derived from the 

biomass is fully utilised with generation of electricity and heat (steam) as by-products. The off-
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gas from the FT synthesis reactor was used for electricity generation, and there were a number 

of hot streams that were used for warming the cold streams and generating steam. In this thesis, 

the electricity and heat consumed by the plant were satisfied from the electricity and heat 

generated in the system. The shortage of electricity and steam was met with imports while 

surplus electricity and steam were exported. 

The electricity consumption of primary equipment was obtained from the simulation model 

developed for each scenario in Chapter 4 and Chapter 5. A pinch analysis was performed to 

optimise the need and surplus of heat of each scenario, and the number and network of heat 

exchangers required for economic analysis.  

6.2.1. PINCH ANALYSIS 

Pinch analysis was performed by application of the system model of each scenario by creating 

the problem table, the cascade graph and grid diagram based on the procedure described in 

Kemp (2007). The hot and cold streams with corresponding capacities for supplying heat (hot 

streams) and sinking heat (cold streams) were listed in the problem table. Based on the problem 

table, a cascade diagram was designed with three objectives: minimising hot utility required, 

determining the pinch point and minimising the cold utility required. Then, the grid diagram 

was created to develop the heat exchangers’ network above and below pinch point. It was 

assumed that there was 10 ˚C temperature difference between hot and cold streams for design 

of heat exchangers’ network. 

6.2.2. ENERGY ANALYSIS 

The energy efficiency of the system is represented in three terms of chemical efficiency, ηch, 

heat efficiency, ηh, and electrical efficiency, ηe, which were determined by Eq.(6.1)–(6.3): 
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( ) / ( )ch g g d d fg fg b b ro roM LHV M LHV M LHV M LHV M LHV      
(6.1) 

,( ) / ( )h s s net c b b ro roM h h M LHV M LHV     
(6.2) 

/ ( )e net b b ro roEl M LHV M LHV    (6.3) 

In which, Ṁg , Ṁd, Ṁfg, Ṁb, Ṁs, and Ṁro are the mass flow rates of gasoline, diesel, fuel gas, 

biomass, steam, and rapeseed oil, respectively, (kg/s). LHVg, LHVd, LHVfg, LHVb, and LHVro 

are the corresponding lower heating values of gasoline, diesel, fuel gas, biomass, and rapeseed 

oil, (MJ/kg). The hs,net and hc are the enthalpy values of the net steam generated in the system 

(the system consumption is subtracted) and the corresponding condensate, respectively, 

(MJ/kg). The Elnet is the net electricity generated in the system (the system consumption is 

subtracted). 

In addition, the energy loss of each unit operation was calculated from the difference between 

the energy input and output of each unit operation. These energy streams included producer 

gas or syngas, excessive fuel, steam, and electricity. 

6.2.3. EXERGY ANALYSIS 

For exergy analysis of the system, the exergy of all streams within the system including 

material streams, steam and electricity were calculated. The exergy of material streams and 

steam were calculated from Eq.(6.4)–(6.6) adopted from Szargut (2005) and Sankaranarayanan 

et al. (2010). The exergy value of the electricity is equal to its energy. For the substance, j, the 

total exergy in Eq.(6.4) consists of physical exergy, Exph,j, and chemical exergy, Exch,j.  

jchjphj ExExEx ,,   (6.4) 

Physical exergy expresses the amount of work available due to a different condition 

(temperature and pressure) of the system from the environment as quantified in Eq.(6.5). 
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Where, Exph,j is the physical exergy of substance j, kW; Ṁj is the mass flow rate of substance j, 

kg/s; MWj is the molecular weight of the substance j (kg/kmol); h and h0 are the actual enthalpy 

and reference enthalpy of the substance, kJ/kmol; s and s0 are the actual and reference entropy, 

kJ/kmolK; T0 is the environmental temperature, K. The actual average environmental 

condition of the site was assumed as 1 bar and 20˚C in this thesis. Chemical exergy is the 

amount of work possessed by the substance, which was calculated from Eq.(6.6).  
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(6.6) 

Where, Exch,j is the chemical exergy of substance j, kW and yi is the molar fraction of 

component i. The 
0

,ch iEx  is the standard chemical exergy of the component i, which can be 

found in Morris and Szargut (1986) and Szargut (2005).  

The exergy of wood and rapeseed oil in Scenario I and produced bio-oil from the fast pyrolysis 

plant in Scenario II were calculated from Eq.(6.7) which was suggested by Szargut (2005). 

jjjch LHVEx  ,
 (6.7) 

Where, LHVj is the lower heating value of substance j (MJ/kg), βj is the exergy factor which 

was calculated from Eq.(6.8) for woody biomass and from Eq.(6.9) for rapeseed oil, which were 

taken from Szargut (2005). 
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 1.041 0.1728 0.0432 0.2169 1 2.0628oil H C O C S C H Cx x x x x x x x       (6.9) 

Where, xi is the mass fraction of each element of O, C, H, S, and N. For bio-oil, exergy factor 

was assumed as the average value of exergy factors of bio-oil components listed in Table 6-2. 
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The exergy factor of each component was calculated as the ratio of its chemical exergy taken 

from Morris and Szargut (1986) and Peters et al. (2014), and its lower heating value obtained 

from Domalski (1972). 

The total exergy loss of the system consists of two parts: internal exergy loss due to the 

irreversible changes of conditions in each unit operation of the system and exergy loss through 

exhaust streams. The internal exergy loss (I) of each unit operation was calculated from 

Eq.(6.10) adopted from Prins et al. (2005): 

   )( ,,, wprodiprodiini ExExExI  
(6.10) 

Where, Exi,in is the exergy of the inlet stream, and Exi, prod and Exi,wprod are the exergies of 

product and waste streams, respectively. 

Exergy efficiency was calculated as the ratio of the sum of all useful output exergy streams to 

the sum of all of the input exergy streams as presented in Eq.(6.11). This equation was adopted 

from Prins et al. (2005). 
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Table 6-2. The exergy factor of bio-oil components. 
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6.3. RESULTS AND DISCUSSION 

6.3.1. SCENARIO I 

A simplified process flow diagram of BTL plant based on Scenario I is shown in Figure 6-1. 

The process flow diagram resulted from the pinch analysis on the integrated system model 

developed in UniSim, which was described in Chapter 4. As shown in the figure, the wood 

chips are first dried in a biomass rotary dryer and then fed to the bubbling fluidised bed (BFB) 

reactor of the DFB biomass gasifier. In the gasifier, the wood chips are converted to producer 

gas with steam as the gasification agent. The sensible heat of the producer gas generated from 

the BFB reactor is recovered for steam generation. The heat of the flue gas from the fast 

fluidised bed (FFB) reactor of DFB gasifier is recovered for air-preheating, steam generation, 

and biomass drying. The producer gas then flows through tar removal and water scrubbing 

systems for NH3 and HCl removal. This is followed by primary gas compression, high-

temperature shift (HTS) converter, and ZnO fixed bed reactor for H2S removal.  

The producer gas is then fed to the Fischer-Tropsch (FT) synthesis reactor in which it is 

converted to FT crude and off-gas. FT crude consisting of wax and condensate is sent to a 

hydrocracker for upgrading. The upgraded fuel is then sent to a distillation column for 

separating the main products consisting of gasoline and diesel. Some fuel gas is also generated 

during the hydrocracking and the distillation which is regarded as a by-product of the system.  

The hydrogen required for hydrocracking is produced from enriching a stream of the producer 

gas in a pressure swing adsorption (PSA) unit. The off-gas from the FT synthesis reactor is 

used in a turbo-generator for power generation. The electricity consumption of the system is 

met with the electricity generated in the system, and the surplus of electricity is exported as a 

by-product.
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Figure 6-1. Process flow diagram of BTL plant based on Scenario I. 

 



 

 

The steam balance in the system is shown as a box in Figure 6-1. This steam balance box 

includes the steam generated from the heat recovery of hot streams using imported water and 

the steam generated from the cooling system of the FT synthesis reactor. The steam required 

for the gasification and for heating the cold streams is supplied from the steam balance box, 

and the surplus of steam is exported as an energy by-product.  

6.3.1.1. Pinch Analysis 

Pinch analysis was performed by application of the integrated system model to optimise the 

heat recovery of the system. As a result, an optimum network of heat exchangers and steam 

generators was achieved. For simplification, the heat exchangers’ network is shown in detail 

in Figure 6-2. The heat exchangers of the pressure swing adsorption (PSA) unit and distillation 

section were excluded from the pinch analysis. From the heat balance of the system, it was 

found that heat supplied by hot streams (heat sources) is much more than heat required by cold 

streams (heat sinks). Consequently, the sensible heat in the very hot streams can be efficiently 

recovered by all of the cold streams.  

Therefore, some of the extremely hot streams were excluded from the pinch analysis. These 

streams consist of flue gas directed from the fast fluidised bed (FFB) reactor, flue gas exited 

from the turbo-generator and producer gas exited from the bubbling fluidised bed (BFB) 

reactor. The heat of producer gas is recovered for steam generation. The heat of the flue gas is 

used for three purposes: air preheating, steam generation and biomass drying. In air preheating 

and steam generation, there is no direct contact between the flue gas and the other cold streams 

(air and water). In contrast, the flue gas and the biomass are in direct contact in biomass drying. 

Where excessive heat is available in the flue gas exited from the turbo-generator, part of the 

heat in the flue gas is also used for both steam generation and biomass drying.  
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Figure 6-2. Heat exchangers’ network of BTL plant based on Scenario I. 

6.3.1.2. Energy Efficiency 

The energy flow diagram of a 100 MWth BTL plant based on Scenario I is shown in Figure 

6-3. This is a likely scale for a BTL plant based on available resources of forest residues in 

New Zealand as explained in Chapter 1. For a 100 MWth biomass input with 100% moisture 

content, 5.1 MWth rapeseed oil make-up is required. The rapeseed oil makeup was calculated 

from the model to form the oil loss through the tar removal system and excessive fuel 

consumption of the DFB gasification system. 

As can be seen from the figure, the electricity consumption of the plant is 11.6 MW. This 

consumption consists of the electricity consumption of fan and blowers of the gasification 
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section, 2.2 MW, gas compression step, 7.9 MW, and PSA, 1.5 MW. The steam consumption 

of the plant is 14.4 MW with 10 MW is consumed in the DFB steam gasification, and the rest 

is consumed by heat exchangers and the gas conditioning. 

 

Figure 6-3. The energy flow diagram of the BTL plant without steam 

 turbine based on Scenario I.  

The plant can generate 12.3 MW electricity from utilisation of the off-gas in the turbo-

generator. As shown in Figure 6-4, another 1.9 MW can be generated by employing the steam 

turbines while turbines’ outlet steam has enough pressure to be sold to end users as a heat 

source. From heat recovery of hot streams in the gasification section, FT synthesis reactor’s 

cooling and hot flue gas exhausted from turbo-generator, 35.4 MW steam is generated. The 

plant produces 19.7 MWth diesel, 14 MWth gasoline and 2.2 MWth fuel gas. After deducting 

the steam and electricity consumption of the plant from the steam and electricity generated in 

the plant, the total energy efficiency of the plant is 55 %. This efficiency consists of chemical 

efficiency, 34 %, heat efficiency, 20 %, and electrical efficiency, 1 %. 
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Figure 6-4. The energy flow diagram of the BTL plant with steam 

 turbine based on Scenario I.  

The total energy efficiency predicted in this study from the developed system model is in the 

range of the efficiencies reported in the literature as given in Table 6-1. The chemical efficiency 

from the model is 34 %. It is in close agreement with chemical efficiencies of 34.1 % and 38- 

% reported by Larson et al. (2009) and Swanson et al. (2010), respectively. However, the 

chemical efficiency from this study is higher than that reported by Tijmensen et al. (2002). But, 

it is considerably lower than those of Tock et al. (2010) and Meerman et al. (2011). The 

reported higher chemical efficiency is mainly due to the application of high-temperature 

oxygen-blown gasifier such as entrained flow gasifier in a BTL plant configuration. Compared 

with total energy efficiencies listed in Table 6-1, which used steam turbines to convert the 

steam to electricity, the developed model in this study predicted a higher energy efficiency 

because the heat is efficiently recovered.  

Figure 6-5 shows that 56 % of the energy loss is associated with biomass drying and DFB 

biomass gasification. It is followed by gas compression and PSA with 19 % that is due to their 

electricity consumption. The energy loss of the gas cleaning and gas conditioning is 10 % that 

is due to inevitable gas cooling which occurs in tar removal and water scrubbing systems. The 
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energy loss of hydrocracking and separation of FT crude is 7 % which is due to separation of 

liquid fuels and steam consumption of heat exchangers. The energy loss of the FT synthesis 

reactor is 4 % which is due to the heat loss of the reactor. The energy loss of the power 

generation system is only 4 %. Because, the flue gas directed from the turbo-generator is used 

for both steam generation and biomass drying in addition to electricity generation.  

  

Figure 6-5. The contribution of different unit operations to energy loss of the BTL  

plant based on Scenario I. 

6.3.1.3. Sensitivity Analysis 

The energy efficiency of the integrated BTL system based on Scenario I depends on feedstock 

properties, system configuration and operation conditions of each unit. The affecting 

parameters include feed biomass moisture content, operation condition of DFB gasification, 

operation condition of FT synthesis reactor, and gas conditioning. In this section, a sensitivity 

analysis was conducted to study the effect of these parameters on chemical, electrical, heat, 

and total energy efficiencies of the BTL plant. The operation condition of gasification was 

described by gasification temperature and the steam to biomass (S/B) ratio. The operation 

condition of the FT synthesis reactor was described by the reactor’s pressure and CO 

conversion. The gas conditioning was represented by the high-temperature shift (HTS) 

converter and the methane steam reforming (SMR) reactor. 
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6.3.1.3.1. The Effect of Feed Biomass Moisture Content 

Figure 6-6 presented the effect of feed biomass moisture content on energy efficiency of the 

BTL plant based on Scenario I. As can be seen from the figure, the feed biomass moisture 

content has no effect on chemical efficiency and electrical efficiency of the plant. However, 

the heat efficiency decreases with an increase in feed biomass moisture content, which results 

in a reduction in total energy efficiency. With an increase in feed biomass moisture content, 

the chemical efficiency remains constant as the moisture content of the biomass fed to the 

gasifier is fixed at 17 %. Therefore, the increase in feed biomass moisture content has no impact 

on the gas yield and gas composition from the DFB gasifier. However, the feed biomass 

moisture content affects the steam balance of the system as more heat is consumed on biomass 

drying, and consequently less heat is available for steam generation. As a result, with the 

increase in feed biomass moisture content, the heat efficiency of the plant decreases.  

 

Figure 6-6. The effect of feed biomass moisture content on efficiencies of  

BTL plant based on Scenario I. 

6.3.1.3.2. The Effect of DFB Gasification Operation Conditions 

The effect of gasification temperature on efficiencies of BTL plant is shown in Figure 6-7. As 

can be seen from the figure, with an increase in the gasification temperature from 750 °C to 
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850 °C, chemical efficiency increases significantly from 26 % to 34 % while the electrical 

efficiency decreases. As shown in Chapter 4, the gas yield from the DFB gasification increases 

with the operation temperature. In addition, with the increase in the gasification temperature, 

carbon monoxide and hydrogen contents in the producer gas increase while the methane 

content decreases considerably. Therefore, the yield of liquid fuel from the FT synthesis reactor 

escalates while the flow rate and lower heating value of off-gas decrease; as a result, power 

generation declines with the increase in gasification temperature.  

The heat efficiency decreases with the increase in the gasification temperature from 750 °C to 

800 °C but increases with the further increase in the gasification temperature from 800 ˚C to 

850 °C. At the temperature interval between 750 °C and 800 °C, the char generated in the 

gasification system satisfies energy required by the gasification although the temperature of 

preheated air needs to be increased too. As more heat of flue gas is recovered for air preheating, 

less heat is available for steam generation. For the gasification temperature interval between 

800 °C and 850 °C, the char produced in the system is not sufficient for energy required by the 

gasification system. Thus, some excessive fuel is supplied to the FFB reactor. With the increase 

in the BFB gasification temperature, the flue gas temperature directed from FFB reactor 

increases as well to keep the temperature difference between the two reactors (FFB combustor 

and BFB gasification reactor). As a result, more steam is generated which compensates for the 

excessive fuel consumption while the temperature of preheated air is kept constant.  

Figure 6-8 shows that with an increase in the S/B ratio from 0.61 to 1.2, chemical and electrical 

efficiencies change slightly while heat efficiency lessens dramatically. Therefore, the total 

energy efficiency of the system decreases with the increase in S/B ratio. Similar to the 

gasification temperature, the increase in S/B ratio results in more gas yield and less methane 

content of producer gas resulting in more FT liquid fuel yield and less power generation. 
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However, as shown in Chapter 4, with the increase in the S/B ratio, the excessive fuel required 

by the system increases, which offsets the increase in FT liquid fuel yield. Increase in the S/B 

ratio results in considerable decrease in heat efficiency as the steam consumption of the system 

escalates, thus the total energy efficiency of the plant lessens.  

 

Figure 6-7. The effect of gasification temperature on efficiencies of BTL 

 plant based on Scenario I, S/B=0.84. 

 

Figure 6-8. The effect of S/B ratio on efficiencies of BTL plant  

based on Scenario I, T=850˚C. 

6.3.1.3.3. The Effect of Gas Conditioning  

The effect of replacing the high-temperature shift (HTS) converter with steam-methane 

reforming (SMR) reactor for gas conditioning on efficiencies of the BTL plant is shown in 
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Figure 6-9. It can be seen from the figure that by using the SMR reactor, the chemical efficiency 

increases dramatically from 34 % to 50 %. In contrast, electrical efficiency decreases 

considerably from 1 % to -6 % and heat efficiency decreases slightly from 20 % to 18 %. The 

total energy efficiency enhances from 55 % to 61.5 %. The total energy efficiency from the 

model is in close agreement with the efficiency reported in Tock et al. (2010) for the BTL plant 

configuration with similar gasifier. However, the chemical efficiency from the model is still 

considerably lower than the efficiency reported in Tock et al. (2010). The energy and mass 

balance of indirect gasification systems such as DFB gasification plays an important role in 

prediction of the liquid fuel yield of the system. As the detailed data in the above reports for 

the efficiency analysis were not reported, the factors for the different energy efficiencies in 

these studies could be further examined.  

In the HTS converter, the CO and H2O in producer gas are converted to H2 and CO2 by catalytic 

steam-gas shift reaction. As a result, the H2/CO ratio of producer gas is adjusted for the 

following FT liquid fuel synthesis. The producer gas from DFB biomass gasification contains 

around 10 % methane. In the SMR reactor, the CH4 and H2O in the producer gas are converted 

to H2 and CO by catalytic steam-methane reforming reaction. This method also adjusts the 

H2/CO ratio of producer gas required by the following FT liquid fuel synthesis. For promoting 

both of the reactions, some steam is injected into the reactors. 

As a result, in the SMR reactor, both H2 and CO contents are increased while only H2 content 

is increased in the HTS converter. Although a fraction of producer gas is consumed to provide 

heat in the SMR reactor required by the endothermic steam reforming reactions. The carbon 

monoxide and hydrogen contents of producer gas after the SMR reactor are still significantly 

higher than those after the HTS converter. Therefore, the FT liquid fuel yield increases 

considerably by replacing the HTS converter with the SMR reactor. However, by using the 
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SMR reactor, the flow rate of off-gas from the FT synthesis reactor decreases considerably 

resulting in a dramatic decrease in power generation. By replacing the HTS converter with the 

SMR reactor, the power generation drops considerably from 12.3 MW to 4.3 MW which is not 

sufficient for the plant use.  

 

Figure 6-9. The effect of replacing the HTS converter with the SMR reactor on  

efficiencies of BTL plant based on Scenario I. 

6.3.1.3.4. The Effect FT Synthesis Reactor’s Conditions 

Figure 6-10 shows that with an increase in CO-conversion from 80 to 90 %, the chemical 

efficiency increases by 5 % while electrical and heat efficiencies decrease. However, the total 

energy efficiency remains almost constant with the increase in CO-conversion that is changed 

by altering the reactor length. With the increase in CO-conversion, the FT crude yield from the 

FT synthesis reactor increases considerably. In contrast, off-gas yield declines, and this results 

in a reduction in power and subsequent steam generation from heat recovery of the turbine’s 

flue gas. 
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Figure 6-10. The effect of CO-conversion on energy efficiency of BTL  

plant based on Scenario I. 

 

Figure 6-11. The chain growth probability of the catalyst versus 

 FT reactor’s operation pressure. 

Figure 6-12  shows that with an increase in reactor’s operation pressure from 26 bar to 50 bar, 

the chemical efficiency increases from 26 % to 34 % while the heat and electrical efficiencies 

decrease. However, with an increase in the operation pressure of FT synthesis reactor, the total 

energy efficiency shows a slight decrease. By increasing the operation pressure of the FT 

synthesis reactor, the catalyst selectivity, and therefore the chain growth probability, increase 

as shown in Figure 6-11. With an increase in the chain growth probability, more waxy products 
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(liquid fuels) and less off-gas are produced as discussed in Chapter 4. Decrease in the off-gas 

yield from the FT synthesis leads to a reduction in the heat and electrical efficiencies.  

 

Figure 6-12. The effect of operation pressure on energy efficiency of  

BTL plant based on Scenario I. 

6.3.1.4. Exergy Efficiency 

The exergy of the main feed and product streams including the producer gas directed from the 

DFB gasification is listed in Table 6-3. For woody biomass, rapeseed oil, producer gas, liquid 

fuel products, fuel gas, and water imported to the system for gas cleaning, only the chemical 

exergy is listed. Because, the original condition of feed streams and final condition of product 

streams are assumed to be at site condition with zero physical exergies. For the steam, only the 

physical exergy is considered because of two reasons. Firstly, the value of the chemical exergy 

of water is much lower than the physical exergy of steam. Secondly, the water used for steam 

generation can be recirculated to the system after end users consumed its heat. In comparison, 

the chemical exergy of water used for gas cleaning is lost since no water treatment technology 

is included in the system and water is not reused in the system.  For electricity, the energy and 

the exergy values are equal. 
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Based on the data provided in Table 6-3, for the combined rotary dryer and DFB gasifier, the 

exergy efficiency of production of raw producer gas from woody biomass is 74.4 % compared 

with 85% energy efficiency. For the BTL plant, the exergy efficiency of production of FT 

liquid fuels from woody biomass based on Scenario I is 38 % compared with energy efficiency 

of 55 %. A high percentage of exergy efficiency is associated with the production of the liquid 

fuel products while the steam and electricity by-products contribute to the rest. The exergy 

efficiency is lower than energy efficiency due to a considerable difference between energy and 

exergy values of steam. The exergy value of steam is approximately one-fourth of its energy 

value in Scenario I. The exergy efficiency from the model is slightly higher than the exergy 

efficiency of 36.4 % calculated by Prins et al. (2005). However, the feed biomass moisture 

content in the model is twice as much as the feed biomass moisture content assumed by Prins 

et al. (2005). The exergy efficiency from the model can be increased to 48 % by replacing the 

HTS converter with the SMR reactor due to the dramatic escalation in liquid fuel products. 

Figure 6-13 presents the exergy flow diagram of the BTL plant based on Scenario I. It shows 

the exergy flow of feed and product streams; streams exchanged between different unit 

operations; waste streams and the internal exergy loss of each unit operation. The major waste 

streams of the plant is flue gas from the rotary dryer, 1.9 MW, and waste water from the gas 

cleaning system, 3.5 MW. 
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Table 6-3. The exergy value of the main feed and product streams of the BTL plant based on 

Scenario I. 

 

The internal exergy loss of different unit operations is the dominant source of exergy loss in 

the system. The system of biomass drying and DFB biomass gasification with 26.4 MW is the 

major contributor. Power generation follows it with 17.8 MW that is due to low exergy value 

of generated steam. The next major contributor is the gas compression and pressure swing 

adsorption (PSA) unit with 9.7 MW, which is due to electricity consumption. The exergy loss 

of other unit operations including the FT synthesis reactor, hydrocracking and separation, and 

gas cleaning is less than 5 MWth each. The exergy efficiency of each unit operation is also 

shown in Figure 6-14. As can be seen from the figure, the lowest exergy efficiency is associated 

with the power generation system with 55 % followed by biomass drying and gasification with 

77 %.
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Figure 6-13. The exergy flow diagram of BTL plant based on Scenario I.
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Figure 6-14. The exergy efficiency of different unit operations of BTL  

plant based on Scenario I. 

Figure 6-15 presents the contribution of different unit operations to the internal exergy loss of 

the BTL plant. As can be seen from the figure, the power generation has the highest internal 

exergy loss, 26 %, in the plant. DFB gasification follows it with 18 % which is much less than 

the power generation exergy loss. However, as reported in Prins et al. (2005), the exergy loss 

of biomass gasification was as high as the exergy loss of power generation. The lower exergy 

loss of biomass gasification in this project is due to more efficient energy integration in the 

DFB gasification system compared with air-blown atmospheric gasification assumed in their 

study. The electricity consumption of gas compression and PSA unit and excessive water 

evaporation in biomass drying accounts for 14 % and 13 % of the internal exergy loss, 

respectively. 
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Figure 6-15. The contribution of different unit operations to internal exergy loss  

of BTL plant based on Scenario I. 

6.3.1.5. Conclusion 

The energy efficiency of BTL plant based on Scenario I is 55 % consisting of chemical 

efficiency, 34 %, heat efficiency, 20 %, and power efficiency, 1 %. With the increase in the 

feed biomass moisture content, the chemical efficiency remains constant while total energy 

efficiency decreases due to the increase in energy demand of biomass drying. However, the 

total energy efficiency decreases by just 8 % with the increase in feed biomass moisture content 

from 43 % to 150 %. This relatively small reduction in energy efficiency is due to the efficient 

integration of biomass drying to the DFB gasification system. 

The gasification temperature is more effective than the S/B ratio in improving the chemical 

efficiency and total energy efficiency. The optimum condition of DFB biomass gasification is 

identified to be 850 ˚C and S/B of 0.84. The chemical efficiency and total energy efficiency 

improves by 16 % and 7 %, respectively, by replacing the HTS with SMR for gas conditioning 

step. Also, increasing the CO conversion is very effective in improving the chemical efficiency 

while the total energy efficiency remains constant. The chemical efficiency improves by 6% 

with increase in operation pressure of the FT synthesis reactor from 26 to 50 bar while the total 

energy efficiency decreases slightly due to the decrease in electrical and heat efficiency. 
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The total exergy efficiency of the BTL plant based on Scenario I is 38 % of which liquid fuel 

products accounts for 89 % of the exergy efficiency. Therefore, exergy efficiency can be 

considerably improved by achieving a higher liquid fuel yields from the system. For instance, 

by replacing the HTS converter with the SMR reactor, the exergy efficiency can be increased 

to 48 %. Furthermore, by improving the FT synthesis catalyst to achieve higher chain growth 

probability and selectivity towards liquid fuels at lower pressures, the gas compression step 

can be excluded or minimised, thus the exergy efficiency can be increased. 

6.3.2. SCENARIO II 

A simplified process flow diagram of the BTL plant based on Scenario II is shown in Figure 

6-16. The process flow diagram resulted from the pinch analysis performed by application of 

the integrated system model which is described in Chapter 5. The BTL plant in Scenario II was 

divided into two standalone plants: fast pyrolysis plant and main process plant. In Figure 6-16, 

both plants are shown while a dashed line shows the boundary of the fast pyrolysis plant for 

conversion of woody biomass to the bio-slurry. 
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Figure 6-16. Process flow diagram of BTL plant based on Scenario II.  
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As can be seen from Figure 6-16, the wood chips are dried in a biomass rotary dryer and fed to 

a grinder where the size of wood chips is reduced for the following fast pyrolysis reactor. The 

pyrolysis product consists of char, bio-oil and non-condensable gases. Cyclones mainly 

separate the char while the bio-oil and remained char are separated in a quench system. As 

described in Chapter 5, a proportion of non-condensable gases is used as a fluidising agent in 

the fast pyrolysis reactor while the rest is combusted to provide the energy required by the 

pyrolysis reactions. The flue gas from the combustion is used for indirect preheating of the 

non-condensable gases, and it is then used for biomass drying. However, some char is also used 

as excessive fuel to provide the energy for both biomass pyrolysis and biomass drying. The 

quench system which is shown as a box in Figure (6-16) was described in details in Chapter 5. 

The bio-slurry is then sent to an entrained flow (EF) gasifier where it is converted to syngas by 

using oxygen as the gasification agent. The syngas is fed to the high-temperature shift (HTS) 

converter to adjust its H2/CO ratio to 2. The syngas is cleaned in a water scrubbing system 

followed by the ZnO fixed bed reactor. It is then fed to the FT synthesis reactor where it is 

converted to FT crude and off-gas. FT crude that consists of wax and condensate are sent to 

the hydrocracker for upgrading. The hydrogen required for hydrocracking is provided from the 

enriching of a proportion of syngas in the pressure swing adsorption (PSA) unit.  

The principal products of the system are gasoline and diesel which are separated in a 

subsequent distillation column. Hydrocracking and distillation of FT crude generate some fuel 

gas which is regarded as a by-product of the system. Electricity and steam are also produced in 

the system by using the off-gas in a turbo-generator and by the heat recovery of hot streams, 

respectively. The electricity and steam consumption of the system are satisfied by the 

electricity and steam generated in the system. 
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Figure 6-16 shows the steam balance of the system as a box. The system steam balance includes 

the steam generated from cooling of both the EF gasifier and the FT synthesis reactor, and heat 

recovery of other hot streams resulting from pinch analysis. The water required for steam 

generation from the heat recovery is imported to the steam system.  

6.3.2.1. Pinch Analysis 

Similar to Scenario I, pinch analysis was performed based on the developed model to optimise 

the heat recovery of the system. As a result, an optimum network of heat exchangers and steam 

generators was achieved. For simplification, the heat exchangers network is excluded from 

Figure 6-16 and is shown separately in Figure 6-17. The heat exchangers of pressure swing 

adsorption (PSA) unit and distillation section were excluded from the pinch analysis. 
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Figure 6-17. Heat exchangers’ network of BTL plant based on Scenario II. 

 

6.3.2.2. Energy Efficiency 

The energy flow diagram of a 100 MWth BTL plant based on Scenario II is shown in Figure 

6-18. As can be seen from the figure, the total energy efficiency of the whole system is 53 % 

consisting of chemical efficiency, 31.3 %, heat efficiency, 21.7 %. The electrical efficiency is 

zero as the electricity generation just meets the system requirement. 
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Figure 6-18. The energy flow diagram of the BTFL plant based on Scenario II.  

The energy efficiency of the fast pyrolysis plant for production of bio-slurry is 76.5%. 

However, as Figure 6-19 indicates the energy efficiency of the fast pyrolysis plant decreases 

significantly with an increase in the feed biomass moisture content due to dramatic escalation 

in energy consumption of the biomass rotary drying. The flue gas from the biomass rotary 

drying system is the primary source of energy loss in the system. The energy efficiency of the 

main process plant for converting the bio-slurry to liquid fuels is 70 % of which 41 % is 

associated with liquid fuels, and the rest is associated with heat. 

 

Figure 6-19. The effect of feed biomass moisture content on  

energy efficiency of the fast pyrolysis plant. 
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The share of different unit operation in total energy loss of the BTL plant is shown in Figure 

6-20. As it can be seen from the figure, 54 % of the energy loss is in the fast pyrolysis plant 

including biomass rotary drying, the pyrolysis reactor and quench system. The EF gasification 

system and electricity consumption of the associated air separation unit (ASU) account for 28 

% of energy loss. It is followed by hydrocracking of FT crude with 7 % that is due to liquid 

separation and steam consumption. Gas cleaning and conditioning contribute 5 % of the energy 

loss which is due to gas cooling that occurs in the water scrubbing system. The electricity 

consumption of the PSA unit contributes 3 % of energy loss. The energy loss of power 

generation system is the minimum that is due to the heat recovery of the turbo-generator’s flue 

gas for steam generation and biomass drying.  

 

Figure 6-20. The contribution of different unit operations to energy loss of the BTL plant 

 based on Scenario II. 

6.3.2.3. Exergy Efficiency 

The exergy flow diagram of the BTL plant based on scenario II is shown in Figure 6-21. The 

exergy efficiency of the system is 33.7 % of which 31% is associated with liquid fuels. The 

internal exergy loss of the unit operations is the main source of exergy loss in the system. The 

exergy loss of the fast pyrolysis plant and the EF gasification system with associated ASU are 

the primary sources of internal exergy loss in the system which are 25.1 MW and 16.2 MW, 
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respectively. The exergy loss of waste streams, including flue gas and waste water, is only 1.8 

MW. 

Figure 6-22 shows the exergy efficiency of different unit operations of the BTL plant based on 

Scenario II. As can be seen from the figure, the lowest exergy efficiency of 48 % is associated 

with the power generation system. The fast pyrolysis plant follows it with 75.7 %, which is 

slightly higher than the exergy efficiency reported in Peters et al. (2014). The predicted exergy 

efficiency for the fast pyrolysis in the present study is found to be slightly lower than the 

corresponding energy efficiency, 76.5 %. The exergy efficiency of the EF gasification with 

associated ASU is 80 % while the exergy efficiency of other unit operations is above 80%. 

Figure 6-23 shows the contribution of various unit operations to total exergy loss of the BTL 

plant based on Scenario II. The fast pyrolysis plant including the biomass rotary dryer, 

pyrolysis reactor and quench accounts for 34 % of exergy loss. The exergy loss due to biomass 

drying is 15 % which is more than the exergy loss of the fast pyrolysis reactor including 

combustion. The subsequent EF gasifier with the associated ASU contribute 25 % of exergy 

loss. As a result, 59 % of exergy loss is associated with the production of syngas from woody 

biomass.  
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Figure 6-21. The exergy flow of the BTL plant based on Scenario II.
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Figure 6-22. The exergy efficiency of different unit operations of the BTL plant  

based on Scenario II. 

 

Figure 6-23. The contribution of different unit operations to exergy loss  

of BTL plant based on Scenario II. 

6.3.2.4. Conclusion  

The total energy efficiency of the BTL plant based on Scenario II is 53 %. The energy 

efficiency of the fast pyrolysis plant is 76.5 %. However, the energy efficiency of the past 

pyrolysis plant is significantly affected by the feed biomass moisture content, decreasing from 

84 % to 71 % with the increase in feed biomass moisture content from 43 % to 150 %. The 
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energy efficiency of the main process plant for production of liquid fuels from bio-slurry is 70 

% consisting of chemical efficiency, 41 %, and heat efficiency, 29 %. 

The exergy efficiency of the BTL plant based on Scenario II is 33.7 % of which liquid fuels 

account for 31 %. The fast pyrolysis plant and the EF gasifier with associated ASU are the 

main sources of exergy loss in the system, respectively. 

6.3.3. COMPARISON BETWEEN SCENARIO I AND SCENARIO II 

The carbon balance of the BTL plant based on the different scenarios are shown in Table 6-4. 

As can be seen from the table, 24.8% of biomass carbon is transferred to liquid fuels in Scenario 

I while 22.4% of biomass carbon is converted to liquid fuels in Scenario II. The reason for 

lower carbon conversion in Scenario II compared to Scenario I is that the rapeseed methyl oil 

is used as excessive fuel in Scenario I while Scenario II relies on the biomass as the only source 

of energy. 

Table 6-4. The carbon balance of the BTL plant in the different scenarios.  

 

The energy and exergy efficiencies of the BTL plant based on the two scenarios are shown in 

Table 6-5. The energy efficiency of the BTL plant based on Scenario I is slightly higher than 

the energy efficiency of the plant based on Scenario II. However, the chemical efficiency and 

total energy efficiency of the plant in Scenario I can be increased dramatically by replacing the 

HTS converter with the SMR reactor for gas conditioning.  
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The exergy efficiency of the BTL plant based on Scenario I is about 5 % higher than the exergy 

efficiency of the plant based on Scenario II. This difference is due to the higher yield of liquid 

fuels, heat and electricity achieved from the plant based on Scenario I than Scenario II. Also, 

the exergy efficiency of the plant based on Scenario I can be increased considerably from 38.3 

% to 48 % by replacing the HTS converter with the SMR reactor for gas conditioning. This is 

because of the higher liquid fuel yield from the plant with the SMR compared with the plant 

with the HTS.  

Table 6-5. The energy and exergy efficiencies of BTL plant based on 

Scenario I and Scenario II. 

 

Compared with Scenario I, the capacity of the power generation system in Scenario II decreases 

considerably. This is because the off-gas from the FT synthesis from Scenario II has a reduced 

low heating value (LHV) than that in Scenario I as a result of the negligible methane content 

of syngas in Scenario II. Also, the electricity consumption of the plant in Scenario II is 

considerably less than the electricity consumption of the plant in Scenario I. Because, the EF 

gasification in Scenario II operates at a high pressure (50 bar) which is also required in the FT 

synthesis reactor while in Scenario I, the DFB gasification operates at an atmospheric pressure 

which must be increased to the pressure required in the FT synthesis reactor. Therefore, the gas 

compression step was excluded from the plant configuration in Scenario II. Nevertheless, the 

exergy loss of the power generation system decreases from 26 % in Scenario I to 10 % in 
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Scenario II. Therefore, a decrease in the power generation capacity has a positive impact on 

the extent of exergy loss from the system. 

In both of the scenarios, the conversion of woody biomass to producer gas/syngas, which 

includes biomass drying, pyrolysis and gasification is the primary source of exergy loss. 

However, if the gas cleaning, gas conditioning, and gas compression are added to the 

mentioned unit operations, a suitable syngas is produced for FT liquid fuel synthesis. In this 

way, the exergy loss in Scenario I will be 61 % while the corresponding value for Scenario II 

is 72 %. Therefore, adding the fast pyrolysis plant for pretreatment of woody biomass has an 

adverse impact on the exergy loss from the system. 

For improving the exergy efficiency of the system, it is suggested to maximise the liquid fuel 

yields while the power generation capacity is minimised. Also, the number of the process steps 

should be minimised in a plant configuration. 
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7. CHAPTER 7: TECHNO-ECONOMIC ANALYSIS 

The integrated system models developed for biomass to liquid fuel (BTL) based on two 

different scenarios were discussed in Chapter 4 and Chapter 5. These system models were then 

applied for energy and exergy analysis, and the results were presented in Chapter 6. In this 

chapter, the developed system models are further used for techno-economic analysis for the 

two scenarios. 

7.1. INTRODUCTION 

A number of reports have been found in the literature on economic analysis for production of 

liquid fuels from biomass or biomass to liquid fuels (BTL). The production costs of FT liquid 

fuels were calculated based on breaking even value. A summary is presented in Table 7-1 based 

on papers published since 2002 on the total capital investment (TCI) of the BTL plant and 

production costs of liquid fuels. The studies were based on different technologies for 

gasification, gas cleaning, gas conditioning technologies, and Fischer-Tropsch (FT) liquid fuel 

synthesis. The combination of different technologies has resulted in various BTL plant 

configurations and economic results.  

Tijmensen et al. (2002) reported the TCI of a 367 MWth BTL plant was between $US 290 

million and $US340 million depending on different plant configurations. The plant with lower 

TCI used an atmospheric gasifier and another one used a pressurised gasifier. They estimated 

that the FT crude could be produced at a cost of $US 16/GJ ($US 0.53/litre), which could be 

reduced to $US 9/GJ ($US 0.3/litre) with the application of new technology and catalyst. They 

studied the effect of plant scale on the TCI and proposed a scaling factor of 0.74 for plants 

smaller than 400 MWth and a scaling factor of 0.91 for plants larger than 400 MWth. 
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Table 7-1.Summary of the configurations and economic data of BTL plant reported in the literature. 

 



 

 

In a separate study, Hamelinck et al. (2004) performed a techno-economic analysis for a BTL 

plant with similar configurations to that of Tijmensen et al. (2002) but included FT crude 

upgrading. A higher TCI of $US 390 million was reported for a 400 MWth plant with a 

production cost of FT diesel at $US 20.8/GJ. Hamelinck et al. (2004) also predicted that the 

production cost of the FT diesel could be reduced to $US 11.7/GJ2 with further technology 

improvement and application of new catalysts. They used an overall scaling factor of 0.78 for 

predicting the TCI of the plant at different scales. 

Based on an economic analysis, Boerrigter (2006) predicted that the TCI of a BTL plant would 

be 60 % more expensive than a gas to liquid (GTL) plant. This difference was suggested to be 

due to the high costs of biomass pre-treatment and logistics, higher oxygen demand and the 

need for a CO2 removal system in a BTL plant. In the study of Boerrigter (2006), woody 

biomass was treated by torrefaction and fed to an oxygen-blown entrained flow (EF) gasifier. 

The BTL plant also included CO2 removal from syngas and FT crude upgrading. Its scale was 

4000 MWth, and its TCI was calculated to be $US 1800 million. With such a large plant, the 

FT liquid fuel production cost was estimated to be $US 22.5/GJ ($US 0.74/litre).  

More reports on economic analysis of the BTL plant have been published recently including 

Larson et al. (2009), Swanson et al. (2010a) and Tock et al. (2010). Larson et al. (2009) reported 

a TCI of $US 541 million for an 893 MWth plant in which the production cost of liquid fuel 

was $US 15.25/GJ ($US 0.5/litre). In comparison, Swanson et al. (2010a) estimated a TCI of 

$US 498 for a 390 MWth plant and a liquid fuel production cost of $US 42.6/GJ ($US 1.4/litre). 

The plant configurations in both of the studies were quite similar except for the different CO2 

removal technologies. The Rectisol plant was used in Larson et al. (2009) while an amine plant 

was employed in Swanson et al. (2010a); more details on these technologies were provided in 

                                                 
2 $US/€=1.3 
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Chapter 3. Also, the feedstock type and price were different in these two studies. Larson et al. 

(2009) considered switchgrass as feedstock with the price of $US 51/oven dry tonne (odt) while 

Swanson et al. (2010a) used corn stover feedstock at the price of $US 75/odt. Differently, 

without CO2 removal and fuel upgrading, Tock et al. (2010) predicted a TCI of $US 384 million 

for a 400 MWth BTL plant in which a dual fluidised bed (DFB) gasifier was used. Also, they 

estimated a TCI of $US 24.7 million for a 20 MWth plant. The production cost of liquid fuel 

was estimated to be $US 26/GJ ($US 0.86/litre) and $US 32/GJ ($US 1.06/litre) for the 400 

MWth and 20 MWth plants, respectively.  

As mentioned in Chapter 1, densification of woody biomass in a fast pyrolysis plant to produce 

bio-slurry can improve the economy of the BTL plant by reducing the transportation cost of 

biomass. The production of bio-slurry in a 100 MWth fast pyrolysis plant and subsequent 

production of syngas suitable for liquid fuel production in a 1000 MWth plant have been studied 

by Trippe et al. (2010) and Trippe et al. (2011). It was found that the bio-slurry can be produced 

at a cost of $US 12.6/GJ and producer gas at $US 0.3/Nm3. The TCI of the 100 MWth fast 

pyrolysis plant was estimated to be $US 613 million while the TCI of the 1000 MWth plant for 

production of syngas from bio-slurry was estimated to be $US 400 million. Henrich et al. 

(2008) performed an economic analysis of a different 1000 MWth BTL plant including fast 

pyrolysis of woody biomass to bio-slurry and conversion of bio-slurry to FT liquid fuels. Ten 

fast pyrolysis plants with 100 MWth capacity were assumed for the production of the bio-slurry 

from the forest residues and straw. The TCI of the BTL plant was estimated to be $US1300 

million including the fast pyrolysis plants and the air separation unit. The production cost of 

FT liquid fuel was calculated to be $US 32/GJ4 ($US 1.06/litre). 

                                                 
3 $US/€=1.3 
4 0.8€/litre, density=0.745 kg/litre and LHV=44 MJ/kg 
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Efforts have also been made on production of liquid fuel from upgrading of the bio-oil 

produced from fast pyrolysis as reported by Elliott et al. (2013), Wright et al. (2010) and Brown 

et al. (2013b).. However, this process is still at an early development stage compared with FT 

synthesis of liquid fuel which can be refined by conventional hydro-processing facilities used 

in oil refineries. My study is interested in the mobile pyrolysis of biomass to bio-oil and char 

as a means to densify woody biomass for a larger scale of a gasification plant. Brown et al. 

(2013a) have examined the economic impact of using a mobile fast pyrolysis plant for biomass 

densification. Based on this study, the mobile fast pyrolysis plant is economically attractive for 

using forest harvesting residues where the woody biomass is scattered. However, the mobile 

fast pyrolysis plant has not been commercialised yet, although some companies such as Agri-

therm and Renewable Oil International (ROI) are active in developing these facilities as 

reported in Brown et al. (2013a). A 5 tonne/day, on oven dry (od) basis, mobile fast pyrolysis 

plant has been constructed by ROI and a 50 tonne/day (od) facility was studied and designed 

by Sorenson (2010). 

The economic analysis in most of the above studies used scaling factors for calculation of 

equipment cost and the TCI of the BTL plant. Swanson et al. (2010a), Wright et al. (2010) and 

Brown et al. (2013b) have used software including Aspen Icarus and Aspen Economic 

Analyser in which the scaling factors are embedded. Applying this professional software for 

academic purposes is highly recommended by Towler and Sinnott (2008) as the economic data 

used by companies are often confidential and not published. On the another hand, this software 

updates its built-in library regularly by gathering information from the companies. In my study, 

the Aspen Economic Analyser (AEA) has been used, and the size and cost of process equipment 

were calculated using the updated data of material and labour costs in the AEA.  

In this chapter, an economic model was developed in the AEA for BTL plants based on the two 

scenarios. Mass and energy flow data used in the AEA were obtained from the optimised plant 
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configuration based on the integrated system models as detailed in Chapter 6. The objectives 

of this chapter are: 

 To perform an economic study to estimate the TCI and production cost of liquid fuels from 

BTL plants based on Scenario I and Scenario II. 

 To conduct a sensitivity analysis to investigate the effect of feed biomass moisture content, 

transportation distance, gasification conditions, FT synthesis’ operation conditions, gas 

conditioning, and adding steam turbine for extra power generation on the TCI and 

production cost of liquid fuels based on Scenario I. 

 To examine the effect of feed biomass moisture content and transportation distance on the 

TCI and production cost of liquid fuels based on Scenario II by conducting a sensitivity 

analysis. 

 To compare the TCI and production cost of liquid fuel in Scenario I with Scenario II. 

7.2. METHODOLOGY 

In the present study of economic analysis, an economic model was built in Aspen Economic 

Analyser (AEA) software. The model was based on the mass and energy balance data generated 

from the optimum plant configuration which was developed from the system simulation as 

presented in Chapter 6. The TCI of the plant was calculated from Eq.(7.1) taken from Towler 

and Sinnott (2008). 

WCIFCITCI   (7.1) 

Where, FCI is the total fixed capital investment, and WCI is the working capital investment. 

Items of total fixed capital investment are shown in Table 7-2 with the Lang factors for a solid-

fluid process. The FCI is the sum of total direct capital cost, contractors’ fees and contingency 

costs. The total plant direct cost can be calculated by multiplying a direct plant cost factor by 

total purchased equipment cost. The direct capital cost factor (ξ) is the sum of the nine sub-
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items’ factors listed in Table 7-2. For calculating the direct plant cost factor, Eq.(7.2) was 

derived based on the factors listed in Table 7-2. 





4

1

955.1
i

ia  
(7.2) 

Where, the constant is the sum of the item numbers 1 to 5 listed in Table 7-2. These items stand 

for purchased equipment cost, installation, piping, instrument, and electrical based on total 

purchased equipment cost. The ai is the Lang factor for item numbers 6 to 9 listed in Table 7-2. 

These items represent cost of building and services, excavation and preparation of the site, 

fixed charges, and engineering based on the total purchased equipment cost. It was observed 

that the Lang factors for item numbers 1 to 5 listed in Table 7-2 from the AEA were lower than 

those reported in textbooks such as Peters and Timmerhause (1991) and Bouman et al. (2004). 

For conservative estimation, the Lang factors with higher values as reported by Bouman et al. 

(2004) were used in the present study. For item numbers 6 to 9 and contractor’s fees, the factors 

calculated by the AEA software were adopted. The WCI was assumed to be 4.5% of FCI, which 

was also in line with the calculation procedure described in Towler and Sinnott (2008). The 

estimation error associated with this approach was expected to be ±20 %. This error is based 

on the classification of errors associated with various methods of economic analysis that has 

been defined by Association for the Advancement of Cost Estimating International (AACE 

International). This classification of approaches and errors can be found in the textbooks of 

Bouman et al. (2004) and Towler and Sinnott (2008).  
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Table 7-2. Items of total fixed capital investment (FCI) and Lang factor.  

 

For calculating the equipment cost of the BTL plant, the equipment was divided into three 

groups according to the costing method as listed in Table 7-3. The first group was sized and 

costed directly by the AEA software. It included conventional equipment such as heat 

exchangers and pumps, and a conventional equipment combination such as tar removal, 

quench, water scrubbing, and distillation systems. The pyrolysis reactor in scenario II was also 

categorised as the first group and costed by the built-in costing model in the AEA. The second 

group was sized by using the literature data. The sizing data were then implemented in the AEA 

software, and the equipment cost was estimated. The third group was costed using the scaling 

factors and cost data reported in the literature. The resulted cost of the equipment was then 

implemented in the AEA software. 
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Table 7-3. Classification of the BTL plant equipment. 

 

The plant type in the AEA software was selected as a new proven technology, and the start date 

of the plant construction was selected as at October 2013 and each operational year had 330 

days. However, the pricing base date of the AEA was as at the first quarter of 2011. Therefore, 

all the item costs obtained from different resources were updated to the software base date 

using the Marshal and Swift Cost Index. However, the final costs were updated to October 

2013 by the AEA software. 

The items of production cost are listed in Table 7-4. The costs of raw material, electricity and 

utility, and catalyst and solvents were calculated using the mass and energy flow and their 

market price. Other items have been calculated by the AEA software. The life of the plant was 

considered as 20 years while the economic life of the equipment was assumed as 10 years for 

calculating the depreciation as a straight line. These assumptions were based on the AEA 

software built-in numbers. In this thesis, the production cost of FT liquid fuels is calculated by 

dividing the annual production cost by the annual production rate, which is referred to as the 

breaking even value in some studies. 
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Table 7-4. The items of production cost adopted from Towler and Sinnott (2008). 

 

The economic performances of the plants were predicted by generating two different diagrams: 

cash flow diagram and net present value (NPV) diagram. The cash flow diagram indicates two 

different cash flows: net cash flow and cumulative cash flow. 

Net cash flow was calculated from the net annual profit of the plant, annual depreciation and 

annual capital expenditure. The annual net cash flow was calculated in Eq.(7.3) adopted from 

the AEA and Towler and Sinnott (2008). The cumulative cash flow of a specific year is the 

sum of the net cash flows from the construction year to that particular year as presented by 

Eq.(7.4) adapted from the AEA and Towler and Sinnott (2008). 

( ) ( ) ( ) ( )CF i NP i DEP i CEX i    (7.3) 

1

( ) ( )
n

i

CCF n CF i


  (7.4) 

Where, CF is the cash flow, NP is the net profit at year i. The DEP and CEX are the depreciation 

and capital expenditure at the corresponding year. The CCF (n) is the cumulative cash flow of 

a particular year. The net profit was calculated from Eq.(7.5) adopted from the AEA software 

and Towler and Sinnott (2008). 
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( ) ( ) ( )NP i GP i GP i TR    (7.5) 

Where, GP is the gross profit at each year, and TR is the tax rate. The gross profit of the plant 

was calculated from Eq.(7.6) adopted from Towler and Sinnott (2008). 

( ) ( ) ( ) ( )GP i RP i RPB i PC i    (7.6) 

Where, RP is revenue from the product sales each year, and RPB is the revenue from by-product 

sales each year. The PC is the total production cost each year. In the cash flow diagram, the 

effect of time on the money invested in the plant is not considered. In contrast, in the NPV 

diagram, the interest rate plays an important role, and the effect of time on the money initially 

invested in the plant is taken into account. The annual net present value was calculated from 

Eq.(7.7) taken from Towler and Sinnott (2008). 

1

( )
( )

(1 )

n

i
i

CF i
NPV n

IR




  (7.7) 

Where, NPV is the net present value at year n, and IR is the interest rate.  

Assumptions were made for generating both the cash flow and net present value diagrams listed 

in Table 7-5. Also, escalation factors for the items of production cost and the selling prices of 

products and by-products were considered in prediction of cost at each year. Escalation factors 

are the annual increase in cost of different items that were based on the AEA built-in numbers. 

The escalation factor of 5 % was selected for products and by-products, 3.5 % for raw materials 

consisting of woody biomass and rapeseed oil, and 3% for the other items of production cost 

including utilities, the catalyst and labour.  
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Table 7-5. Assumptions made for calculation of cash flow and net present value  

 

The selling prices of gasoline and diesel, listed in Table 7-5, are based on their actual prices, 

which are different from their pump prices. The pump price of gasoline consists of the price of 

refined fuel, fuel tax, GST, shipping cost, and importer’s margin according to New Zealand 

Automobile Association (2014). The importer’s margin includes both the operation cost of fuel 

and profit margin. Figure 7-1 shows the share of these items in the pump price of gasoline. 

The refined price of gasoline was $NZ 0.79/liter in October 2013 (New Zealand Automobile 

Association (2014)). However, the pump price of premium gasoline was $NZ 2.16/litre (New 

Zealand Statistics (2013)). From Figure 7-1, the sum of the shipping cost and the importer’s 

margin for gasoline was $NZ0.39/litre; therefore, its price before tax and GST was $NZ 

1.23/litre. 

The calculation of actual diesel price is different as there is no tax on diesel other than GST. 

The refined price of diesel was 0.91 in October 2013 (New Zealand Automobile Association 

(2014)) while its pump prices was $NZ 1.41/litre (New Zealand Statistics (2013)). Therefore, 

the price of diesel before tax and GST was $NZ 1.3/litre based on an assumption that the 

shipping cost and importer’s margin of the diesel were the same as those of the gasoline. As a 

result, the ratio of the gasoline actual price to the diesel actual price is 0.95. 
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Figure 7-1. The items of the pump price of gasoline adopted from New Zealand Automobile 

Association (2014). 

7.3. ECONOMIC MODEL ESTABLISHMENT 

The base scale of the economic models for both of the scenarios is assumed as 100 MWth 

woody biomass input. This plant scale is chosen based on the available landing wood residues 

in central North Island, explained in Chapter 1. Thus, the annual feed biomass required for the 

plants is 150,480 oven dry tonne/year (odt/yr). In Scenario I, forest residue is chipped at landing 

site, and the wood chips are then transported to the process plant. In Scenario II, the wood chips 

are densified to bio-slurry by a mobile fast pyrolysis system at the landing site, and the bio-

slurry is then transported to the main process plant. The mobile pyrolysis plant has a capacity 

to process 20 MWth wood chips. Five fast pyrolysis systems are thus needed to supply bio-

slurry to the main process plant. From the energy analysis presented in Chapter 6, the energy 

efficiency of the fast pyrolysis plant is 77.5 % for wood chips moisture content of 100 % on 

the oven dry (od) basis. Therefore, 100 MWth wood chips can be converted to 77.5 MWth bio-

slurry, thus the scale of the main process plant is 77.5 MWth based on bio-slurry feed. 

The BTL plant based on each of the scenarios includes different unit operations as described 

in Chapter 4 and Chapter 5 for Scenario I and Scenario II, respectively. The BTL plant in 

Scenario I includes biomass drying, biomass DFB gasification, gas cleaning, gas conditioning, 
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gas compression, FT liquid fuel synthesis, FT crude hydrocracking, and off-gas utilisation. The 

BTL plant in Scenario II consists of two sections: the mobile fast pyrolysis plant and the main 

process plant. The fast pyrolysis plant includes biomass drying, biomass grinding, pyrolysis 

reactor, and char and bio-oil collection and a mixing system. The bio-oil collection system 

consists of cyclones for char separation and a quench system for oil separation as described in 

Chapter 5. The main process plant consists of an entrained flow gasifier, gas conditioning, gas 

cleaning, FT liquid fuel synthesis, FT crude hydrocracking, and off-gas utilisation. In both of 

the scenarios, the hydrogen required for hydrocracking of the FT crude is obtained from 

enriching a proportion of the producer gas/syngas in a pressure swing adsorption (PSA) plant. 

The gasification agent used in gasification is steam in Scenario I while it is oxygen in Scenario 

II. As a result, an air separation unit (ASU) is used in Scenario II for oxygen production.  

7.3.1. THE EQUIPMENT SIZING AND COSTING 

For each of the scenarios, an economic model was developed using the AEA software based 

on the optimum plant configuration which resulted from the energy and exergy analyses 

mentioned in Chapter 6. The sizing and costing of the group II and group III equipment listed 

in Table 7-3 are described in the following sections while a sample of calculations is provided 

in Appendix B. 

7.3.1.1. Scenario I 

Scenario I is based on a standalone BTL plant which consists of biomass feed handling, 

biomass rotary drying, DFB gasification, gas cleaning and conditioning, gas compression, FT 

liquid fuel synthesis, hydrocracking and separation, pressure swing adsorption, and off-gas 

utilisation for power generation. Except for gas cleaning, gas compression and power 

generation, the costing and sizing of other items are described below. 
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7.3.1.1.1. Biomass Feed Handling 

A reliable biomass handling system which includes feed conveyor and storage is required to 

provide a consistent feed to the DFB gasifier as suggested by Penniall (2008). The capital cost 

of biomass feed handling system for a 45 MWth (67,700 odt/yr) DFB gasifier was reported by 

Penniall (2013) to be $NZ 2.63 million in 2013 value. By assuming an installation factor of 2.9 

and a scaling factor of 0.57 as recommended in Rutherford (2006) for the biomass feed 

handling system, the purchase cost of the feed handling system was calculated from Eq.(7.8). 

0.572.63
( )

67,7002.9
FeedHandling

Capatity
Cost    

(7.8) 

The resulted cost of the feed handling was converted to $US before being supplied to the AEA 

software to keep consistent with other items. 

7.3.1.1.2. Rotary Dryer 

To estimate the cost of a rotary dryer in AEA, the heat transfer surface area of the rotary dryer 

and its driver power need to be provided. The size of the rotary dryer and the heat transfer 

surface area were calculated with different drying capacities and conditions using Eq.(7.9) to 

Eq.(7.16). As explained in Chapter 4, the flue gas from the bubbling fluidised bed reactor of 

the DFB gasifier has been used for biomass drying. The rotary dryer’s diameter, Eq.(7.9), was 

derived based on gas mass superficial velocity, mass flow of the flue gas as the drying medium 

and the cylindrical design of the rotary dryer.  

24 (1 ) ( )gD M Y J    (7.9) 

Where, D is the diameter of the rotary dryer, m. Ṁg is the mass flow rate of flue gas from the 

dryer (dry basis), kg/hr. Y2 is the humidity of the flue gas at the dryer’s outlet. J is the gas mass 
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superficial velocity, kg/m2∙hr. The length of the rotary dryer was calculated in Eq.(7.10) 

adopted from Krokida et al. (2006). 

24 ( )m vaL Q t U D     (7.10) 

Where, Q is the heat load of the rotary dryer (heat provided by the flue gas), kJ/hr. Uva is the 

volumetric heat transfer coefficient, kJ/(hr∙m3∙K). Δtm is the mean temperature difference inside 

the dryer, K, which was calculated from Eq.(7.11) adopted from Moyers and Baldwin (1999): 

1 2 1 2( ) / ln ( ) / ( )m fg fg fg w fg wt T T T T T T        
(7.11) 

Where, Tfg1 and Tfg2 are the flue gas temperatures at the inlet and outlet of the dryer, K. Tw is 

the wet bulb temperature of the flue gas, K. The volumetric heat transfer coefficient used in 

Eq.(7.10) was determined by using the correlation of Saeman and Mitchell (1954) as follows:  

0.67

v
K JU a

D
  (7.12) 

However, it has been noticed that Saeman and Mitchell (1954) proposed the above correlation 

based on data from industrial dryers for ammonium nitrate. Therefore, the constant (K) in the 

above correlation was modified for application in woody biomass drying. Combining Eq.(7.10) 

and Eq.(7.12) resulted in Eq.(7.13). 

0.67/ ( )mK Q D V t J     (7.13) 

In which, V is the volume of the rotary dryer, m3. In this way, K was obtained using the 

experimental data for drying of woody biomass in a semi-industrial rotary dryer reported in 

Meza et al. (2008) as listed in Table 7-6. 
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Table 7-6.The experimental data for semi-industrial rotary dryer adapted from Meza et al. 

(2008). 

 

By using the results in Table 7-6, considering the heat loss, the values of K for the rotary dryer 

were determined as listed in Table 7-7. 

Table 7-7. The values calculated for K from the experimental data. 

 

As can be seen in Table 7-7, excluding Case 2, the average value of K factor is 2.7. The average 

heat loss is 17 % for a semi-industrial rotary dryer.  

For calculating the power consumption in the dryer, the total rotating load of the dryer needs 

to be known. This load consists of the weight of the dryer, the weight of the insulation and the 

weight of the wet biomass inside the dryer. The rotary dryer’s driver power was calculated 

from Eq.(7.14) taken from Moyers and Baldwin (1999) and Krokida et al. (2006). 

51.66 10 (15.58 0.424 0.33 )dryer rPower RPM D w D W w         (7.14) 

Where, Powerdryer is the electrical power required by the dryer, kW. RPM is the rotating speed 

of the dryer, round per minute. D is the dryer’s diameter, m, and w is the weight of wet biomass, 

kg. W is the total rotating load, kg, and Dr is the riding ring diameter, (D+0.61), m. For 

calculating the dryer’s weight, the mild steel was assumed as the dryer structural material. 
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Therefore, the weight of the dryer’s shell was calculated from Eq.(7.15) which is the mass of 

the cylindrical wall of the dryer.  

LDDW ios )( 22    (7.15) 

sio tDD 2  (7.16) 

Where, Di and Do are the inside and outside diameter of the dryer’s shell, and L is the dryer’s 

length. ts is the thickness of the dryer’s shell, and ρ is the density of the mild steel, kg/m3. The 

insulation layer in the dryer was considered to be asbestos with 40 mm thickness as reported 

in Moyers and Baldwin (1999). The weight of the biomass inside the dryer was calculated from 

the dryer’s hold-up that is, usually, between 10–15 % of a dryer’s inside volume according to 

Krokida et al. (2006). In this thesis, the hold-up of 10 % was assumed, thus the volume of the 

biomass inside the dryer is one tenth of the dryer’s volume.  

7.3.1.1.3. Dual Fluidised Bed (DFB) Gasifier  

The DFB gasifier is divided into five main elements: a bubbling fluidised bed (BFB) reactor, a 

fast fluidised bed (FFB) reactor, a siphon, cyclones, and a chute as described in Saw and Pang 

(2012). Gasification occurs in the BFB reactor with steam as the gasification agent. Heat 

required for the gasification is provided by the combustion of char and excessive fuel in the 

FFB reactor. The bed material is heated up and lifted up by air and flue gas as the fluidising 

agent in the FFB reactor. After the FFB reactor, the flue gas and the bed material are separated 

in the cyclones where the flue gas flows out from the top and the bed material is transferred 

from the bottom to the BFB reactor through the siphon. In the BFB reactor, the bed material 

and char flow from the base of the BFB reactor to the FFB reactor hydraulically through an 

inclined chute. There is a cyclone above the BFB reactor as well which removes the entrained 

bed material, char and ash from the producer gas. 
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The first four elements were sized using the data of pilot DFB gasifiers reported in Koppatz et 

al. (2011) and Saw and Pang (2012). The sizing data were then supplied to the AEA software 

for cost estimation. The cyclones were sized and costed by the AEA software while the 

dimensionless scaling factors reported in Kehlenbeck et al. (2001) were used for scaling up the 

BFB and FFB reactors from pilot scale (100 kWth) to commercial scale (100 MWth). The 

diameter of the BFB reactor was calculated in Eq.(7.17). The equation was derived from the 

dimensionless scaling factor reported in Kehlenbeck et al. (2001) and the definition of gas 

superficial velocity. The gas superficial velocity was calculated from dividing the volumetric 

gas flow by the cross sectional area of the BFB reactor.  

2/5( )B pgD A V   
(7.17) 

4 / ( )A g    (7.18) 

Where, DB is the diameter of the BFB reactor, m. pgV  is the volumetric flow rate of the producer 

gas, m3/s. g is 9.8 m/s2, and ω is the dimensionless factor calculated in Eq.(7.19) based on the 

data provided from the pilot scale BFB reactor in Koppatz et al. (2011). 

2

BU g D    (7.19) 

Where, U is the superficial velocity of producer gas, m/s. The height-to-diameter ratio of the 

BFB reactor was assumed to be 2.4. This number is based on the height-to-diameter ratio of 2 

for the fluidised bed section and the height-to-diameter of 0.4 for freeboard section suggested 

by Ulrich and Vasudevan (2005) (as cited in Rutherford (2006)). 

The diameter of the FFB reactor was calculated in Eq.(7.20). The equation was derived from 

the dimensionless scaling factor reported in Kehlenbeck et al. (2001) and the definition of gas 

superficial velocity. 
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4 / ( )F s s sD M C U      
(7.20) 

Where, DF is the diameter of the FFB reactor, m. Ṁs is the solid mass flow rate, kg/s, and ρs is 

the solid bed material density, kg/m3. U is the superficial velocity of the flue gas, m/s. Cs is a 

dimensionless factor calculated in Eq.(7.21) based on data of the pilot scale FFB reactor 

reported in Koppatz et al. (2011).  

s
s

s

J
C

U



 

(7.21) 

Where, Js is the solid mass flux, kg/(m2∙s). In this thesis, the olivine particles were used as the 

bed material in the DFB gasifier and a 100˚C temperature difference between the FFB reactor 

and the BFB reactor was assumed. Solid mass flow rate was calculated in Eq.(7.22) which was 

derived based on the heat transfer between the two reactors. 

s

C
s Cp

Q
M

100
  

(7.22) 

Where, QC, is the heat released from the FFB reactor which was explained in Chapter 4, kJ/s, 

and Cps is the specific heat capacity of olivine, kJ/(kg∙K). The height of the FFB reactor was 

assumed to be two metres longer than the height of the BFB reactor as suggested in Rutherford 

(2006). 

The diameters of the chute and the siphon of the 100 MWth DFB gasifier were calculated from 

Eq.(7.23) and Eq.(7.24), respectively. 
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(7.24) 

The height of the chute was assumed three times as much as its diameter while the height of 

the siphon was assumed twice as much as its diameter as recommended by Rutherford (2006).  

7.3.1.1.4. Gas Conditioning 

Gas conditioning is required to balance the H2/CO in producer gas for FT liquid fuel synthesis. 

For gas conditioning either a high-temperature shift (HTS) converter or a steam-methane 

reformer (SMR) is used. In the HTS converter, the CO in producer gas is used for generating 

H2 while in the SMR reactor, the CH4 in producer gas is used for producing CO and H2. More 

details on these methods were provided in Chapter 4. The volume of the HTS converter and 

that of the SMR reactor were calculated using Eq.(7.25). The equation is based on the gas 

hourly space velocity (GHSV) of 1000/hr and 2600/hr, respectively, which were reported in 

Swanson et al. (2010b). 

GHSVVV /0  (7.25) 

Where, V is the volume of the reactor, m3, and V0 is the volumetric flow rate of the reactants, 

m3/hr. The length-to-diameter ratio of 1.5 was assumed for the HTS converter. 

The volume of HTS converter was supplied to the AEA software for the cost estimate. 

However, due to the complex structure of the SMR reactor, its cost was calculated by using a 

scaling factor. Swanson et al. (2010b) reported that the purchased cost of the SMR to be $US 

1.65 million in 2007 value for a syngas feed rate of 25,495 m3/hr. In this thesis, the cost of 

SMR reactor was calculated using Eq.(7.26) with scaling factor of 0.7 for fixed bed reactors 

suggested in Peters and Timmerhause (1991):  
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0.71.65( )
25495SMR

Capacity
Cost   (7.26) 

 

7.3.1.1.5. ZnO Fixed Bed Reactor 

The purchased equipment cost of ZnO fixed bed reactor for hydrogen sulphide removal was 

reported by Swanson et al. (2010b) to be $US 122,000 in 2007 value for 15,444 m3/hr syngas. 

In this thesis, the cost of ZnO fixed bed reactor was calculated from Eq.(7.27) using the scaling 

factor of 1 reported in Tijmensen et al. (2002). 

122,000( )
15444ZnO

Capacity
Cost   (7.27) 

 

7.3.1.1.6. FT Synthesis Reactor 

FT synthesis reactor is a slurry type. Its capital cost was reported to be $US10.5 million in 2003  

for 71,400 Nm3/hr syngas feed rate as published in Larson et al. (2009). In this thesis, the cost 

of the FT synthesis reactor was calculated using Eq.(7.28) with a scaling factor of 0.72 

proposed by Swanson et al. (2010b). For calculating the purchased equipment cost, the scaling 

factor of 3.6 was used, as recommended in Peters and Timmerhause (1991).  

0.7210.5( )
71400FTslurry

Capacity
Cost   (7.28) 

 

7.3.1.1.7. Hydrocracking 

The capital cost of a hydrocracker with 25,000 barrels/day capacity based on FT crude was 

reported by Robinson and Dolbear (2007) to be between $US40 million and $US100 million 

in 2007 value excluding the cost of hydrogen and related utilities. In this thesis, the cost of the 

hydrocracker was calculated using Eq.(7.29) with a scaling factor of 0.65 as used in Swanson 

et al. (2010b). The installation factor of 3 was used for calculating the equipment purchased 

cost as recommended by Peters and Timmerhause (1991). 
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7.3.1.1.8. Pressure Swing Adsorption (PSA) 

It has been found that the design data of a PSA plant is scarce due to the confidentiality 

constraint. Therefore, the data reported by Ruthven et al. (1994) was used for a rough design 

of the PSA unit. The system consists of four beds with a mixed adsorbent of activated carbon 

and 5A zeolite. Hydrogen with 99.9 % purity can be produced from a feed with 75% hydrogen 

in a four-bed system with the recovery efficiency of 85–90 % according to Ruthven et al. 

(1994). The operation pressure of adsorption beds is at 20–30 bar (optimum pressure of 18 

bar), and that for regeneration of the adsorbent is at 1–2 bar. The operation temperature of the 

PSA unit is 25 ˚C.  

The operation pressure of the PSA unit is different from the upstream and downstream unit 

operations, thus pressure adjustment equipment is required in the process. In Scenario I, as 

shown in Figure 6-1, the PSA unit was located between the gas compression and FT synthesis 

reactor. In Scenario II, as shown in Figure 6-17, it was located between the ZnO fixed bed 

reactor and FT synthesis reactor. Therefore, the equipment for depressurising, pressurising, gas 

cooling, and gas heating were considered in the PSA unit. Depressurising and cooling 

equipment were used to decrease the syngas pressure from 50 bar and system temperature 350 

˚C (Scenario I) and 150 ˚C (Scenario II)) to 20 bar and 25 ˚C required by the PSA unit. Also, 

pressurising and heating equipment were used to increase the pressure and temperature of both 

the extract stream (hydrogen) and raffinate (rest of the gases) to 50 bar and 400 ˚C for 

hydrocracking and 49 bar and 200 ˚C for the FT synthesis reactor. The other data employed for 

sizing the PSA unit are listed in Table 7-8. 
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Table 7-8. Design data of PSA unit adopted from Ruthven et al. (1994). 

 

7.3.1.1.9. Liquid Fuel Storage 

The capacity of storage tanks for FT liquid fuels (gasoline and diesel) was calculated based on 

storing the fuels for two weeks. Based on the capacity required, the dimensions of the tanks 

were calculated according to the API standards provided by Walas (1990). The sizes were then 

implemented in AEA for costing. 

7.3.1.2. Scenario II 

The base scale of Scenario II BTL plant is also 100 MWth based on the biomass input. The 

BTL plant in Scenario II consists of 5 replicated mobile fast pyrolysis plants for production of 

bio-slurry from the wood chips and a main plant for production of FT liquid fuels from the bio-

slurry. A mobile fast pyrolysis plant is assumed to have a scale of 20 MWth. The mobile fast 

pyrolysis plant can be moved to different biomass fields for bio-slurry production. The bio-

slurry from biomass fields is then transported to the main process plant. Individual economic 

models were developed in the AEA for five fast pyrolysis plant and one main process plant. 

The fast pyrolysis plant consists of a biomass rotary dryer, a biomass grinder, a pyrolysis 

reactor, a bio-oil and char collection system, and storage tanks. As described in Chapter 5, fine 

wood particles are required in the pyrolysis reactor. Therefore, a biomass grinder is used to 

reduce the particle size of wood chips to 2 mm or µm for fast pyrolysis. The items of the fast 
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pyrolysis plant excluding biomass rotary drying were directly sized and costed in the AEA 

software. The biomass rotary dryer was sized based on the procedure described in the previous 

section for Scenario I. 

The main liquid fuel processing plant consists of a bio-slurry feeding and handling system, an 

entrained flow (EF) gasifier, a slag removal system from the EF gasifier, a air separation unit 

(ASU), gas conditioning, a FT liquid fuel synthesis, pressure swing adsorption (PSA), 

hydrocracking and separation, and power generation. The sizing and costing of the bio-slurry 

feeding and handling system, the EF gasifier, the slag removal system, and ASU are described 

below. The sizing and costing of other unit operations are similar to those described for 

Scenario I. For the gas conditioning of syngas in Scenario II, only the HTS converter was 

assumed as the methane content of syngas is negligible, thus the SMR reactor is not applicable. 

7.3.1.2.1. Bio-slurry Feeding and handling System 

The bio-slurry handling system consists of bio-slurry receiving and unloading, storage tanks 

for two weeks and a bio-slurry pump. The capital cost of the bio-slurry receiving and unloading 

equipment was reported by Trippe et al. (2011) to be $US 2.26 million in 2010 value for 1250 

tonne/hr bio-slurry. The cost of the bio-slurry receiving and unloading system was calculated 

using Eq.(7.30) with a scaling factor of 0.7 suggested in Trippe et al. (2011). An installation 

factor of 1 was assumed for calculating the purchased equipment cost. The tanks for two weeks’ 

storage of the bio-slurry and the bio-slurry pump were sized and costed in the AEA software. 

0.72.26( )
1250bio slurry

Capacity
Cost    (7.30) 

7.3.1.2.2. Entrained Flow (EF) gasifier 

For estimating the cost of the entrained flow gasifier, the data by Trippe et al. (2011) was used. 

They reported a capital cost of $US34.9 million in 2010 value for an entrained flow gasification 
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system at a scale of 808 MWth including a cooling section. In the present study, the capital cost 

of the EF gasifier was calculated from Eq.(7.31) with a scaling factor of 0.8 recommended by 

Trippe et al. (2011). For calculating the purchased equipment cost, an installation factor of 2.35 

reported in Nexant Inc. (2006) was used.  

0.834.9( )
808EFgasifier

Capacity
Cost   (7.31) 

7.3.1.2.3. Slag Removal System 

The capital cost of a slag removal system of the EF gasifier was published in Trippe et al. 

(2011) to be $US4.7 million for 13 tonne/hr slag. It consisted of slag dewatering, depressurising 

and a crushing system. In this thesis, the capital cost of the slag handling system was calculated 

from Eq.(7.32) with a scaling factor of 0.7 as reported in Trippe et al. (2011). An installation 

factor of 1 was used for calculating the purchased equipment cost. 

0.7

Re 4.7( )
13Slag moval

Capacity
Cost   (7.32) 

7.3.1.2.4. Air Separation Unit (ASU) 

The major components of an ASU unit for oxygen production are an air compressor, a cold 

box, an oxygen compressor, and a nitrogen compressor if nitrogen is also regarded as a valuable 

product according to Trippe et al. (2011). However, nitrogen is, usually, re-used in the ASU 

plant as described in Universal Industrial Gases Inc. (UIGI) (2014). Therefore, the nitrogen 

compressor has been excluded. In this thesis, it was assumed that the ASU plant consisted of 

an air compressor to pressurise the air to 7 bar, a cold box, and an oxygen compressor to 

pressurise the oxygen to 50 bar which is the same as the pressure in the EF gasifier. The 

compressors were sized and costed in the AEA while the capital cost of the cold box was 

estimated from Eq.(7.33) which is based on data reported in Trippe et al. (2011). They reported 

a capital cost of $US 4 million in 2010 value for production of 2500 tonne/day oxygen for the 
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cold box. The installation factor was assumed to be 1 for calculating the purchased equipment 

cost. 

0.84( )
2500ColdBox

Capacity
Cost   (7.33) 

7.3.2. THE FEEDSTOCK COST 

Forest landing residues have been identified as the cheapest woody biomass option available 

for liquid fuel production according to Scion. (2007). In Scenario I, it was assumed that forest 

residues are chipped at the landing site then transported to the BTL process plant. Therefore, 

the delivered cost of woody biomass includes the chipping cost and the transportation cost. 

The most common transportation means for delivery of wood chips in New Zealand is truck, 

and the payment is based on tonnes delivered per kilometre (km) according to Hall (2009). 

Both the weight and volume of a truck’s load are limited by New Zealand Transport Agency, 

thus compacting the wood chips is recommended to maximise the tonne delivered per trip (Hall 

(2009)). According to Hall (2009), a combination of a truck and a trailer with a gross weight 

of 42 tonne and load volume of 110 m3 can carry a load of 28 tonnes of woody biomass per 

trip. The fuel consumption of a 42 tonne truck at full capacity was reported by Nylund and 

Erkkilä (2005) to be 38 litre/100 km, and for empty capacity was reported to be 21 litre/100km. 

The chipping cost of the landing residues is found to be $NZ 10.6/tonne, and the chips 

transportation cost is assumed to be $NZ 0.22/tonne per km as reported in Scion. (2007). The 

costs have been updated to 2013 value by using the price index reported in New Zealand 

Statistics (2013) for forestry and logging, and transportation industries, respectively. The 

delivered cost of landing residues was thus estimated by using Eq.(7.34) adopted from Scion. 

(2007). 
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))100/(1/()22.06.10( MCMCDDC   (7.34) 

Where, DC is the delivered cost of forest residues, $NZ/oven dry tonne (odt); D is the distance 

between the landing field and the BTL plant, km; MC is the moisture content of the forest 

residues on oven dry (od) weight %. In Scenario II, the landing residues are chipped, dried and 

ground and then converted to bio-slurry in a fast pyrolysis plant. The similar chipping cost of 

$NZ 10.6/tonne was assumed. However, the transportation cost of bio-slurry was assumed to 

be half of the transportation cost of dry wood chips based on the formulation proposed in 

Henrich et al. (2008). The biomass grinding and drying were included in the capital cost of the 

pyrolysis plant.  

7.4.  RESULTS & DISCUSSION 

The results of techno-economic analysis of production of FT liquid fuels from woody biomass 

are discussed in the following sections for Scenario I and Scenario II. Assumptions for the base 

case:  

 Plant scale is 100 MWth wood chips input; 

 Wood chips moisture content is 100 % (od);  

 Biomass transportation distance is 100 km between the landing field and BTL plant in 

Scenario I and between the fast pyrolysis plants and main process plant in Scenario II. 

7.4.1. SCENARIO I 

Scenario I is a process plant including biomass rotary drying, DFB biomass gasification system, 

gas cleaning, gas conditioning, FT liquid fuel synthesis, Hydrocracking, and power generation. 

The wood chips from the landing field are transferred to the process plant where they are dried 

in the biomass rotary dryer and then converted to the producer gas in the DFB gasification 

system. 
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The producer gas is then conducted to the gas cleaning system consists of tar removal and water 

scrubbing system. The tar removal system consists of an absorber/stripper system which works 

with rapeseed oil as the absorbent. The inorganic impurities except H2S are removed from the 

producer gas in the water scrubbing system while H2S is removed in the ZnO fixed bed reactor. 

The adjustment of H2/CO ratio in the producer gas for following FT liquid fuel synthesis 

happens in the high-temperature shift (HTS) converter. 

The products of the FT synthesis reactor are FT crude and off-gas. The FT crude is sent to the 

hydrocracker where it is upgraded to diesel and gasoline which are separated in the following 

distillation column and sent to the storage tanks. The hydrogen required for hydrocracking is 

produced by purifying a proportion of producer gas through the PSA unit. The off-gas from the 

FT synthesis reactor is directed to a turbo-generator for power generation. 

As described in Chapter 4, besides diesel and gasoline, electricity, steam and fuel gas are 

produced as the by-products of the plant. The by-products of electricity and steam are the 

surplus electricity and steam generated in the plant after deducting the plant’s consumption. 

Fuel gas is the combination of some light hydrocarbon gases produced from hydrocracking and 

distillation units. 

Economic analysis was conducted for the production of producer gas and FT fuels respectively. 

Technical analysis is presented with sensitivity analysis and process configuration 

optimisation. For each plant configuration, a different direct capital cost factor (ξ) was 

calculated using Eq.(7.2). This factor is for calculating the capital investment of the plant and 

depends on the plant type that can be solid processing, solid-fluid processing or fluid 

processing. For each plant configuration a unique ξ factor was calculated based on the 

procedure described in Section 7.2.  
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7.4.1.1. Synthesis Gas Production 

Synthesis gas (syngas) can be a product to replace natural gas to synthesise chemicals or to 

extract hydrogen. It is important to discuss its techno-economic performance. Syngas is 

obtained from biomass handling, biomass gasification and producer gas cleaning. Cost 

estimation is divided into capital cost and production cost, which are described below 

separately. 

7.4.1.1.1. Capital cost 

For a BTL plant of 100 MWth or 150,480 odt/yr forest residues input, production of syngas is 

190 million Nm3/yr. The equipment items and their purchased costs are listed in Table 7-9. The 

impact factor of the producer gas plant is estimated at 3.47. As a result, the total capital 

investment (TCI) of the plant is $NZ 68 million5.  

                                                 
5 $NZ/$US=0.8267, exchange rate at Oct.2013 
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Table 7-9. The breakdown of TCI of the 100 MWth producer gas plant based on Scenario I. 

 

The contribution of unit operations to total purchased equipment cost is shown in Figure 7-2. 

As can be seen, the biomass rotary dryer is the most expensive item which contributes 42 % of 

the total purchased equipment cost. The DFB gasification and biomass feed handling together 

account for 27 % of the total purchased equipment cost. As a result, 69 % of the total purchased 

equipment cost is associated with the unit operations converting woody biomass to raw 

producer gas while the gas cleaning, gas conditioning and heat exchangers contribute 31% of 

the total purchased equipment cost.  
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Figure 7-2. The contribution of unit operations to total purchased equipment cost of producer 

gas plant based on Scenario I. 

7.4.1.1.2. Production cost 

Production cost consists of direct costs such as the cost of raw materials, utilities and electricity, 

labour, and fixed charges such as depreciation, tax and insurance. The annual production cost 

of syngas from forest residues based on Scenario I is listed in Table 7-10. In the utilities, steam 

was not included because the steam required for biomass DFB gasification is supplied from the 

built-in steam generation system from heat recovery. The electricity consumption of the plant 

is 1.5 MW, which is used for rotary equipment including flue gas fan, air blower and biomass 

drying.  

The total annual production cost of producer gas from a 100 MWth plant which produces 190 

million Nm3/yr producer gas is $NZ 28.7 million. The production cost of one unit (1Nm3) of 

producer gas was calculated from Eq.(7.35). 

APRAPCPCpg   (7.35) 
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Where, PCpg is the production cost of producer gas, $NZ /Nm3. APC is the annual production 

cost of producer gas, $NZ million, and APR is the annual production rate of producer gas, 

million Nm3. Therefore, syngas can be produced at $NZ0.15/Nm3. 

Table 7-10. The breakdown of annual production cost of producer gas based on Scenario I. 

 

7.4.1.1.3. Effect of plant scale 

The effect of plant scale on the TCI and production cost of syngas is shown in Figure 7-3. As 

can be seen, the TCI of a syngas plant increases from $NZ 24 to $NZ 124 million proportionally 

with an increase in plant scale from 25 MWth, to 150 MWth. However, the syngas production 

cost decreases with plant scale in a different pattern. At a smaller scale from 25 MWth to 60 

MWth, the production cost decreases considerably from $NZ 0.2/Nm3 to $NZ 0.16/Nm3. A 

further increase in plant scale to 150 MWth can reduce the syngas production cost to only $NZ 

0.15/Nm3. With the increase in the plant scale, both the annual production rate and annual 
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production cost of producer gas escalate. However, with the increase in plant scale from 25 

MWth to 60 MWth, the increase in annual production rate is faster than the annual production 

cost, which results in the decrease in the production cost of producer gas. With the increase in 

plant scale from 60 MWth to 150 MWth, the increase in annual production cost almost offsets 

the increase in annual production rate. Therefore, the production cost shows a slight decrease.  

 

Figure 7-3. The effect of plant scale on TCI and production cost of producer gas  

based on Scenario I. 

The contribution of different items to the total production cost of syngas at different plant scales 

is shown in Figure 7-4. It shows that the share of the direct production cost including the cost 

of raw materials, electricity, utility, and catalyst remains constant with the increase in the plant 

scale. The woody biomass contribution is $NZ 0.051/Nm3, and the rapeseed oil contribution is 

$NZ 0.034/Nm3. The contribution of electricity, utility (cooling water) and catalyst together is 

$NZ 0.012/Nm3. However, the contribution of other direct costs including supervision, 

operating labour, maintenance, laboratory charges, and operating supplies decreases 

significantly from $NZ 0.032/Nm3 to $NZ 0.008/Nm3with the increase in plant scale from 25 

MWth to 150 MWth. Also, the contribution of fixed charges (the capital cost dependent items) 

decreases from $NZ 0.053/Nm3 to $NZ 0.039/Nm3 with the increase in plant scale from 25 

MWth to 150 MWth. The plant overhead and general and administrative (G&A) expenses 
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decline from $NZ 0.022/Nm3 to $NZ 0.016/Nm3 with the increase in plant scale from 25 MWth 

to 150 MWth. 

 

Figure 7-4. The contribution of different items to total production cost of producer  

gas at different plant scales. 

7.4.1.2. FT liquid fuel production 

7.4.1.2.1. Capital cost 

The items of TCI of a 100 MWth (150,480 odt/yr) BTL plant based on Scenario I are listed in 

Table 7-11. The plant produces 17 million litre/yr diesel and 13.6 million litre/yr gasoline. It 

also generates 12.3 MW of electricity using the off-gas of the FT synthesis reactor in a turbo-

generator and 35.4 MW steam in a heat recovery system. Also, 2.2 MWth fuel gas is produced 

in the hydrocracking and distillation units. The direct plant cost factor is estimated at 2.9 for 

the BTL plant based on Scenario I, and the TCI of the plant is calculated at $NZ 187 million. 
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Figure 7-5. The contribution of unit operations to purchased equipment cost of BTL plant 

based on Scenario I. 

Figure 7-5 shows the contribution of different plant items to total purchased equipment cost of 

the BTL plant based on Scenario I. From the figure, the most expensive item is power 

generation accounting for 29 %. It is followed by the FT crude upgrading and refining 

associated with the PSA unit for hydrogen generation accounting for 19 %, gas compression 

for 14 %, and rotary drying for 13 %. The contribution of other unit operations is 8 % from 

miscellaneous items including heat exchangers, a flue gas fan and an air blower, 6 % from DFB 

gasification, and 5 % from the FT synthesis reactor. Figure 7-5 also shows that 43 % of the 

equipment cost (from biomass feed handling to gas compression) is associated with production 

of syngas while the remaining 57 % is associated with conversion of the syngas to FT liquid 

fuel.  



245 

 

Table 7-11. The breakdown of TCI of a 100 MWth BTL plant based on Scenario I. 

 

7.4.1.2.2. Production cost 

The items of annual total production cost of FT liquid fuels are listed in Table 7-12. The yield 

of gasoline obtained from the energy analysis detailed in Chapter 6 was 0.8 litre per litre of 

diesel. The total annual production cost of FT liquid fuel from woody biomass after subtracting 

the by-product sales is $NZ 40.6 million. The production costs of diesel and gasoline were 

calculated in Eq.(7.36) and Eq.(7.37), respectively. 
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( ) ( 0.95 )diesel diesel gasolinePC APC RBP APR APR    (7.36) 

0.95gasoline dieselPC PC  (7.37) 

Where, PCdiesel and PCgasoline are the production cost of diesel and gasoline, $NZ/litre, 

respectively. The APC is the annual production cost, $NZ million. The RBP is annual revenue 

from by-products’ sale, $NZ million. The APRdiesel and APRgasoline are the annual production 

rate of diesel and gasoline, respectively, million litres. The price of gasoline was assumed to 

be 0.95 times the price of diesel. This factor is based on the actual prices of gasoline and diesel 

in October 2013. 

Therefore, the production costs of diesel and gasoline were estimated at 1.34 and 1.27 

$NZ/litre, respectively, for a 100 MWth plant. The results can be converted to $US 33.6/GJ6 

for diesel and $US 33.8/GJ7 for gasoline. The results are considerably higher than a production 

cost of FT crude ($US 26/GJ) published by Tock et al. (2010) for a similar scenario based on 

a DFB gasifier. This difference is reasonable as the FT crude upgrading and refining were not 

included in their study. 

The results are significantly lower than the data ($US 42.6/GJ) reported in Swanson et al. 

(2010a) for production of FT gasoline based on a scenario with a low temperature fluidised bed 

gasifier. Swanson et al. (2010a) reported the production cost of FT liquid fuel consisting of 

both diesel and gasoline based on a gasoline equivalent while the production cost of diesel and 

gasoline are clearly identified in this thesis. However, there is a slight difference between the 

production cost of diesel and the gasoline based on their actual prices. The lower production 

cost of FT liquid fuel can be due to cheaper biomass feedstock and lower TCI in this thesis 

                                                 
6 From the model, the density of diesel is 0.745 kg/litre and the LHV of diesel is 44.2 MJ/kg. 
7 From the model, the density of gasoline is 0.694 kg/litre and the LHV of gasoline is 44.8 MJ/kg. 
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compared with Swanson et al. (2010a) that included the more complex gas cleaning and CO2 

removal system in the BTL plant configuration. The production costs of FT diesel ($NZ 

1.34/litre) and FT gasoline ($NZ 1.27/litre) calculated in Scenario I are slightly higher than the 

actual prices of diesel ($NZ 1.3/litre) and gasoline ($NZ 1.23/litre).  

Table 7-12. The breakdown of annual production cost of FT liquid fuel from a  

100 MWth BTL plant based on Scenario I. 
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7.4.1.2.3. Effect of Plant Scale 

The effect of plant scale on the TCI of the BTL plant and the production cost of FT liquid fuels 

based on Scenario I are shown in Figure 7-6. As can be seen, the TCI of the plant increases 

dramatically from $NZ 79 million to $NZ 255 million with the increase in plant scale from 25 

MWth to 150 MWth. As a result, the production cost of diesel and gasoline drops significantly 

from $NZ 2.5/litre and $NZ 2.38/litre to $NZ 1.21/litre and $NZ 1.15/litre respectively with 

the increase in the plant scale from 25 MWth to 150 MWth plant.  

 

Figure 7-6. The effect of plant scale on TCI of the BTL plant and production cost of  

FT liquid fuels based on Scenario I. 

Figure 7-7 presents the contribution of different items to production cost of the FT liquid fuel. 

As can be seen from the figure, $NZ 0.22/litre of the diesel production cost is associated with 

the revenue from by-products sales, which is constant with the increase in the plant scale. The 

contribution of woody biomass, rapeseed oil, utilities, and the catalyst shows a slight decrease 

from $NZ 0.47/litre to $NZ 0.43/litre with the increase in the plant scale from 25 to 150 MWth. 

However, the contribution of other direct costs, fixed charges and overhead costs declines 

considerably with the increase in the plant scale, which is the main reason for the lower 
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production cost at larger plant scales. For example, the contribution of other direct costs 

including supervision, labour charges, maintenance, laboratory charges, and operating supplies 

is $NZ 0.68/litre at 25 MWth, which decreases to $NZ 0.16/litre at 150 MWth. The fixed charges 

contribute $NZ 1.1/litre of diesel at 25 MWth, which decreases to $NZ 0.45/litre at 150 MWth. 

The overhead cost is $NZ 0.25/litre of diesel at 25 MWth, which decreases to $NZ 0.15/litre at 

150 MWth. A similar trend exists for the production cost of gasoline although the contribution 

of the items is 0.95 times as much as their contribution to production cost of diesel.  

 

Figure 7-7. The contribution of various items to production cost of a) diesel and b) gasoline at 

different plant scales  
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7.4.1.2.4. Sensitivity Analysis 

In this section, sensitivity effects of the price of raw materials, by-products, and TCI of the 

plant on the production cost of diesel as the representative of FT liquid fuels are analysed. The 

sensitivity analysis is shown in Figure 7-8. It shows that TCI of the plant is the most influential 

item on the production cost of FT diesel. It is followed by the price of woody biomass and 

rapeseed oil. An increase in their price value would increase the production cost. The selling 

price of heat as the primary by-product of the plant is nearly as effective as the woody biomass 

price, but the increase in the heat selling price would reduce the FT diesel production cost. The 

price of electricity has almost no impact on the production cost of FT diesel as the plant 

generates self-sufficient electricity. Similarly, the price of fuel gas does not change the 

production cost of FT diesel due to its low production rate.  

 

Figure 7-8. Sensitivity analysis of production cost of FT diesel based on Scenario I. 

7.4.1.3. Effect of Feed Biomass Moisture Content 

The effect of feed biomass moisture content on the TCI and production cost of FT diesel is 

shown in Figure 7-9. As can be seen, with increase in the feed biomass moisture content from 

43 % to 150 % (od), the TCI increases by 6.6 % from $NZ 181 to $NZ 193 million while the 

production cost of diesel increases 35 % from $NZ 1.16/litre to $NZ 1.57/litre. 
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Figure 7-9. The effect of feed biomass moisture content on the TCI of the BTL plant and 

production cost of FT diesel based on Scenario I. 

The increase of the TCI of the plant with the increase in feed biomass moisture content is 

because a more expensive biomass rotary dryer is required to dry the feed woody biomass. The 

increase in the production cost of FT diesel with the increase in feed biomass moisture content 

is due to four facts: 1) Increase in the TCI; 2) Increase in the biomass delivered cost; 3) Increase 

in the rapeseed oil make-up; 4) Decrease in the steam (heat) by-product. Both the escalation in 

rapeseed oil make-up and the reduction in steam generation are due to the increase in the heat 

demand of biomass drying. 

7.4.1.4. The Effect of the Transportation Distance 

The effect of the transportation distance on the delivered cost of woody biomass and the 

production cost of FT diesel is shown in Figure 7-10. The biomass delivered cost and the 

production cost of FT diesel increase significantly with the transportation distance. As shown 

in the figure, the delivered cost of woody biomass increases dramatically from $NZ 32/odt to 

$NZ 87/odt with the increase in the transportation distance from 25 to 150 km. However, the 

production cost of FT diesel increases from $NZ 1.18/ litre to $NZ 1.45/litre.  
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Figure 7-10. The effect of forest residues transportation distance on production cost of FT 

diesel based on Scenario I. 

7.4.1.5. Rapeseed Oil Make-up 

As can be seen from Figure 7-8, the rapeseed oil make-up has a high impact on the production 

cost of FT diesel. The rapeseed oil make-up to the system is to compensate for the rapeseed oil 

loss in the tar removal system. It also provides the excessive fuel required for the DFB biomass 

gasification. The gasification condition (temperature and S/B ratio) influences the excessive 

fuel requirement of the DFB gasification system, thereby the rapeseed oil make-up. The 

rapeseed oil make-up to the system can be reduced by decreasing the gasification temperature 

and S/B ratio. However, as discussed previously in Chapter 6, the gasification condition 

influences the FT liquid fuel yield from the BTL plant as well. Therefore, in this section, the 

effect of the reduction of rapeseed oil make-up as a result of the lower gasification temperature 

and S/B ratio on the TCI and production cost of FT diesel is discussed.  
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The effects of the gasification temperature and S/B ratio on TCI and production cost of FT 

diesel are illustrated in Figure 7-11. As can be seen, the TCI of the BTL plant remains almost 

constant with the decrease in the gasification temperature from 850 to 800˚C and the S/B ratio 

from 0.84 to 0.61. 

 

Figure 7-11. The effect of gasification temperature on total capital investment and production 

cost of the FT diesel based on Scenario I. 

The production cost of FT diesel increases slightly with the decrease in the gasification 

temperature from 850 to 800˚C at S/B of 0.84 in spite of the reduction in rapeseed oil make-

up. Because, based on the energy analysis provided in Chapter 6, the FT liquid fuel yield from 

the plant decreases, which offsets the rapeseed oil make-up reduction.  
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In contrast, the production cost of FT diesel decreases significantly with the reduction in the 

S/B ratio from 0.84 to 0.61 at a temperature of 850 ˚C. Because, the FT liquid fuel yield from 

the plant decreases slightly but cannot offset the significant reduction in rapeseed oil make-up.  

7.4.1.6. FT Synthesis Operation Conditions 

Chapter 6 identified the significant effects of FT synthesis pressure and CO-conversion on the 

energy efficiency of the BTL plant. These effects on the TCI and production cost of FT diesel 

are discussed in this section. Figure 7-12 shows that with an increase in both the operation 

pressure and CO-conversion, the TCI and production cost of FT diesel decreases dramatically. 

As discussed in Chapter 6, with the increase in both operation pressure and CO-conversion, the 

FT crude yield of FT synthesis increases significantly while the off-gas yield decreases. With 

the reduction in the off-gas yield, the capacity of the power generation system decreases 

resulting in a smaller and cheaper turbo-generator. As shown in Figure 7-5, the turbo-generator 

is the most costly item in the BTL plant. The TCI of the plant decreases dramatically with 

decrease in capital cost of the turbo-generator. With the increase in operation pressure of the 

FT synthesis reactor, a more expensive gas compressor is required. However, the significant 

decrease in capital cost of the turbo-generator diminishes the increase in the capital cost of the 

gas compressor. 
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Figure 7-12. The effect of FT synthesis reactor’s operating conditions on TCI and production 

cost of the FT diesel based on Scenario I. 

With the increase in both operation pressure and CO-conversion, the TCI declines resulting in 

a decrease in annual production cost of FT liquid fuel, and the liquid fuel production rate rises 

due to the increase in chemical efficiency. Therefore, the production cost of FT diesel decreases 

according to Eq.(7.36).  
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It should be noted that the effect of operation pressure on the production cost of FT liquid fuels 

is more than the effect of CO-conversion as it is more influential in improving the FT liquid 

fuel yield shown in Chapter 6. This is due to the dramatic increase in chain growth probability 

(α) to form more long chain hydrocarbons with the escalation in the operation pressure. These 

longer hydrocarbon chains result in a more liquid fuel yield with the increase in the pressure.  

7.4.1.7. Effect of Plant Configuration Changes 

In this section, the effect of some changes in the configuration of the BTL plant including 

changes in the gas conditioning method and power generation system is studied. As shown in 

Chapter 4, it is possible to obtain a producer gas with H2/CO ratio of 1.9 suitable for FT liquid 

fuel synthesis from the DFB biomass gasification system at 850˚C and S/B=1.2. As a result, 

the gas conditioning method can be excluded. Also, it was shown in Chapter 6 that by replacing 

the high-temperature shift (HTS) converter with the steam-methane reformer (SMR), the 

methane and water in the producer gas can be converted to CO and H2. The latter method 

modifies the H2/CO ratio of producer gas while increasing the chemical efficiency 

dramatically. In addition, by adding a steam turbine to the power generation system, it is 

possible to generate additional electricity from the steam generated in the system.  

The effect of the above changes on both of the TCI and production cost of FT diesel is shown 

in Figure 7-13. The elimination of HTS has a negligible impact on the TCI of the BTL plant as 

the HTS makes a minor contribution to the TCI of the plant. However, the production cost of 

FT diesel increases slightly as the rapeseed oil make-up to the system rises with the increase in 

S/B ratio from 0.84 to 1.2.  

In contrast, by replacing the HTS with the SMR for converting the methane in producer gas to 

CO and H2, the TCI decreases considerably from $NZ 187 million to $NZ 157 million. The 
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cost of the SMR reactor is about ten times as much as the cost of HTS. However, less electricity 

generation in the system results in a much cheaper turbo-generator that contributes 

considerably to the TCI. Therefore, the cheaper turbo-generator not only offsets the increase in 

capital cost due to SMR, but reduces the TCI of the plant considerably. 

In addition, the production cost of FT diesel decreases from $NZ1.34/litre to $NZ1/litre by 

replacing the HTS with SMR. The chemical efficiency of the plant increases considerably by 

using the SMR as a gas conditioning step while the electrical and heat efficiencies as shown in 

Chapter 6 decrease significantly. As a result, the electricity generated in the system is not 

sufficient to meet the system’s need. Thus, the shortage has to be imported to the system. 

Importing electricity to the system results in a dramatic increase in the production cost of FT 

diesel but the value of produced liquid fuel is much higher than the electricity consumed. 

Therefore, the production cost of FT diesel decreases significantly. 

It is possible to generate some additional electricity from the steam generated in the system by 

using a steam turbine. However, as shown in Figure 7-13, the TCI of the plant increases by 

adding the steam turbine while the production cost of FT diesel does not increase. This is due 

to the effect of the increase in electricity generation in the system offsetting the increase in the 

TCI of the plant. 
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Figure 7-13. The effect of gas conditioning option on the TCI and production cost of the FT 

diesel based on Scenario I.  

Based on the above analyses, the BTL plant with the SMR reactor for gas conditioning is the 

most economical option. Based on this configuration, the production costs of diesel and 

gasoline are $NZ 1/litre and $0.95 NZ/litre, respectively. The actual market price of diesel and 

gasoline in October 2013, the time of the economic analysis, were $NZ 1.3/liter and $NZ 

1.24/litre, respectively. The cash flow and net present value diagrams of the BTL plant based 

on this configuration are shown in Figure 7-14 and Figure 7-15, respectively. From Figure 

7-14, the break-even point in the cumulative diagram is 9 years while it is 14 years from the 

construction date in the net present value diagram, Figure 7-15. These diagrams are based on 

the assumptions listed in Table 7-5. 
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Figure 7-14. The cash flow diagram of BTL plant based on Scenario I. 

 

Figure 7-15. The net present value diagram of BTL plant based on Scenario I. 

 

7.4.1.8. Conclusion 

The TCI of a 100 MWth producer gas plant is NZ$ 68 million with a production cost of $NZ 

0.15/Nm3 of producer gas. Although, the plant scale affects the TCI dramatically, its impact on 

the production cost of producer gas at scales larger than 60 MWth becomes insignificant.  

The TCI of a 100 MWth BTL plant is $NZ 187 million with a diesel production cost of $NZ 

1.34/litre and gasoline of $NZ 1.27/litre. The scale of the plant affects both the TCI and 
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production cost of FT diesel. However, the effect on the production cost of FT liquid fuels is 

more significant at scales smaller than 60 MWth. 

Both the TCI of the BTL plant and the production cost of FT diesel increase considerably with 

the feed biomass moisture content due to the increase in biomass drying cost and delivered 

cost. Also, the transportation distance between the biomass field and the BTL plant affects the 

production cost of FT liquid fuels while its impact is less than the feed biomass moisture 

content. 

Rapeseed oil make-up contributes to the production cost of FT liquid fuels from the BTL plant 

based on Scenario I. The rapeseed oil make-up to the system declines by decreasing the 

gasification temperature and the S/B ratio. However, the reduction in the S/B ratio from 0.84 

to 0.61 is more efficient than the decrease in the gasification temperature from 850 ˚C to 800 

˚C, which results in a reduction of $NZ 0.1/litre in the production cost of FT diesel. 

Both the TCI and production cost of FT diesel escalates with the increase in operation pressure 

and CO-conversion in the FT synthesis reactor although the impact of pressure on the 

production cost of FT diesel is more significant than CO-conversion. 

The H2/CO ratio of producer gas for FT synthesis reactor can be adjusted in the DFB gasifier. 

As a result, the HTS converter for gas conditioning can be excluded. However, exclusion of 

the HTS reactor has no significant impact on the TCI and production cost of FT diesel since 

the HTS converter is an inexpensive item. In contrast, replacing the HTS converter with the 

SMR reactor decreases the TCI and production cost of FT diesel by $NZ 30 million and $NZ 

0.34/litre, respectively. Because, replacing the HTS converter with the SMR reactor reduces 

the capital cost of the turbo-generator while increasing the FT liquid fuel yield. 
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7.4.2. SCENARIO II 

Scenario II is based on converting wood chips to bio-slurry at the biomass field and transporting 

the bio-slurry to the main process plant where it is converted to FT liquid fuels. Conversion of 

100 MWth (150,480 odt/yr) woody biomass to FT liquid fuel has also been assumed in Scenario 

II in order to make a comparison with the Scenario I. Wood chips are converted to bio-slurry 

in mobile fast pyrolysis plants located at the biomass field. The bio-slurry is then transported 

to the main process plant for liquid fuel production. In this thesis, the scale of the fast pyrolysis 

plant was assumed to be fixed at 20 MWth which is likely for a mobile fast pyrolysis plant. 

Based on this assumption, five fast pyrolysis units are required for converting 100 MWth woody 

biomass to bio-slurry. According to the energy analysis conducted in Chapter 6, the energy 

efficiency of the fast pyrolysis plant is 77.5 %. Therefore, 100 MWth of woody biomass is 

converted to 77.5 MWth of bio-slurry, based on the feed biomass moisture content of 100%. 

Therefore, the scale of the main process plant is 77.5 MWth based on bio-slurry feed. 

In a fast pyrolysis plant, wood chips are dried to 17 % (od) moisture content and are then fed 

to the grinder to reduce the size of the wood chips. The fine wood particles are then fed to the 

fast pyrolysis reactor where they are converted to pyrolysis products including bio-oil, char 

and non-condensable gases. The char and bio-oil are removed in a cyclone and a quench 

system, respectively, and mixed together to form the bio-slurry. The energy required by the 

biomass drying and biomass pyrolysis is provided from the combustion of a proportion of the 

non-condensable gases and some char as excessive fuel. The electricity required by the plant 

is imported. 

The bio-slurry is then transported to the main process plant. An EF gasifier converts the bio-

slurry to the syngas with oxygen as the gasification agent. The H2/CO ratio in the syngas is 

adjusted in an HTS reactor, and syngas is cleaned in a water scrubbing system. The syngas is 
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then converted to FT liquid fuel in a low-temperature slurry phase FT synthesis reactor. The 

products of the FT synthesis reactor are FT crude and off-gas. FT crude is upgraded in a hydro-

cracker, and then sent to a distillation column for separation. A turbo-generator uses the off-

gas for power generation. The final product of the system is diesel and gasoline with by-

products of electricity, steam and fuel gas. Similar to Scenario I, steam is generated from the 

heat recovery system built in the plant, and fuel gas is the gas released from the hydrocracker 

and distillation column. Hydrogen needed for hydro-cracking is provided from a PSA unit. 

Results of the production of FT liquid fuels from woody biomass based on Scenario II are 

presented in three sections: i) The economic analysis of a 20 MWth fast pyrolysis plant; ii) The 

economic analysis of the 77.5 MWth main process plant based on bio-slurry feed; iii) The effect 

of the feed biomass moisture content and transportation distance on the production cost of FT 

liquid fuels. 

7.4.2.1. Bio-slurry production 

The items of TCI of a 20 MWth (30,096 odt/yr) for production of bio-slurry from woody 

biomass are listed in Table 7-13. The direct plant cost factor is estimated at 2.71 for the fast 

pyrolysis plant. According to the table, the TCI of such a plant which produces 28,433 tonne/yr 

bio-slurry is $NZ 29.5 million.  

The contribution of plant items to the total purchased equipment cost of the fast pyrolysis plant 

is illustrated in Figure 7-16. As can be seen, the most expensive item is the pyrolysis reactor 

which contributes 45 % of the purchased equipment cost. It is followed by the non-condensable 

gas fan with a 15 % contribution, the biomass rotary drying and quench system, each with a 14 

% contribution. Air coolers and storage tanks account for 6 % and 5 % of the total purchased 

equipment cost, respectively.  
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Table 7-13. The breakdown of TCI for 20 MWth fast pyrolysis plant. 

 

 

Figure 7-16. The contribution of unit operation to total purchased equipment cost of the fast 

pyrolysis plant. 

The items of annual total production cost of bio-slurry from woody biomass are listed in Table 

7-14. It is assumed that the pyrolysis plant is located at the biomass field. Therefore, the 

transportation cost of forest residues is excluded from Eq.(7.34).  

A 20 MWth mobile fast pyrolysis plant produces 28,433 tonne/yr bio-slurry. The total annual 

production cost of bio-slurry is $NZ 6.6 million thus bio-slurry can be produced at $NZ 
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231/tonne ($NZ 15/GJ8). It is similar to the production cost of $NZ 15.2/GJ (€ 35/MWh)9 

estimated by Trippe et al. (2010) for a 100 MWth fast pyrolysis plant. The plant scale in this 

thesis is 5 times smaller than that in the study of Trippe et al (2010). However, the much 

cheaper woody biomass used in this thesis is the reason for the comparable production cost of 

bio-slurry. 

Table 7-14. The breakdown of annual production cost of bio-slurry. 

 

Figure 7-17 shows the contribution of different items to the total production cost of bio-slurry. 

The fixed charges (TCI dependent cost) have the highest proportion of $NZ 91/tonne. It is 

followed by other direct costs including operating labour, supervision and maintenance which 

account for $NZ 66/tonne, plant overhead cost of $NZ 40/tonne, woody biomass of $NZ 

22/tonne and electricity of $NZ 12/tonne.  

                                                 
8 The lower heating value of bio-slurry is 15.55 GJ/tonne. 
9 €/$US=1.3 and $NZ/$US=0.8267 
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Figure 7-17. The contribution of different items to the total production cost of bio-slurry. 

7.4.2.2. The effect of biomass moisture content on the fast pyrolysis plant 

As detailed in Chapter 5 and Chapter 6, biomass feed moisture content affects the mass and 

heat balances and then the energy efficiency of a fast pyrolysis plant. The mobile pyrolysis 

plant is an integrated system with biomass drying and energy self-sufficient supply. Bio-oil 

and char from the pyrolysis reactor are separated from the non-condensable gases then mixed 

to form bio-slurry. The non-condensable gas is used to provide heat for biomass drying and 

pyrolysis. If the gas is not sufficient to meet the energy requirement, a portion of the char has 

to be supplemented to supply heat for pyrolysis. With higher biomass moisture content, more 

energy is required for biomass drying and more char has to be combusted for energy leaving 

less char for making bio-slurry.  

The effect of biomass moisture content on the TCI and production cost of bio-slurry is shown 

in Figure 7-18. As can be seen , the TCI of the plant increases from $NZ 28 to $NZ 32 million 

with the increase in biomass feed moisture content from 43% to 150 % due to the biomass 

rotary dryer needing to be bigger and more expensive. The production cost of bio-slurry 

increases from $NZ 13/GJ to $NZ 17/GJ because of the increase in the TCI and the decrease 

in char content which results in less heating value of the bio-slurry.  
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Figure 7-18. The effect of feed biomass moisture content on the TCI and production cost of 

bio-slurry. 

7.4.2.3. FT Liquid Fuel Production 

For densification of 100 MWth woody biomass, five fast pyrolysis units are required to produce 

77.5 MWth bio-slurry. The items of TCI of a 77.5 MWth main process plant for the production 

of FT liquid fuels from bio-slurry are listed in Table 7-15. According to the table, the TCI of 

such a plant, which produces 18 million litre/yr of diesel and 10 million litre/yr of gasoline, is 

$NZ 101 million.  
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Table 7-15. The breakdown of the TCI of the 77.5 MWth main process plant  

 

Figure 7-19 presents the contribution of different plant items to the total purchased equipment 

cost of the main process plant. From the figure, the EF gasifier with the ASU has the highest 

impact of 36 % on the TCI of the main process plant. It is followed by the upgrading the FT 

crude with the associated PSA unit of 27 %, and power generation of 13 %. The contributions 

of the FT synthesis reactor, gas cleaning and conditioning, and bio-slurry feeding and handling 

are in the range of 7 to 8 % while heat exchangers have the lowest impact of 2 %. It can be 

concluded that about 51 % of the purchased equipment cost is associated with syngas 

production while 49 % is associated with FT liquid fuel production and off-gas utilisation.  
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Figure 7-19. The contribution of each unit operation to total purchased equipment  

cost of main process plant. 

The items of the annual total production cost of FT liquid fuels from woody biomass are listed 

in Figure 7-16. The total annual production cost of FT liquid fuel from bio-slurry after 

subtracting the revenue from by-product sales is $NZ 58.6 million. The price of gasoline is 

assumed to be 0.95 times as much as the price of diesel, which is based on the actual market 

prices of diesel and gasoline. Therefore, the production costs of diesel and gasoline are 

estimated to be $NZ 1.95/litre and $NZ 1.85/litre respectively.  
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Table 7-16. The breakdown of annual production cost of FT liquid fuel from the main process 

plant. 

 

The effect of plant scale on the TCI of the main process plant and the production cost of diesel 

and gasoline is shown in Figure 7-20. As can be seen from the figure, the TCI of the plant 

increases dramatically from $NZ 51 million to $NZ 180 million with the increase in plant scale 

from 20 MWth to 116 MWth based on bio-slurry feed. This range corresponds to the woody 

biomass input of 25 MWth to 150 MWth. As normal, the production cost of diesel and gasoline 

decreases dramatically from $NZ 3.16/litre and $NZ 2.99/litre to $NZ 1.79/litre and $NZ 

1.70/litre, respectively with plant scale increase. 
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Figure 7-20. The effect of plant scale on TCI and production cost of diesel and gasoline 

 fuel based on Scenario II. 

Figure 7-21 indicates the contribution of different items to production cost of FT liquid fuels 

at different plant scales. From the figure, revenue from by-product sales contributed to the 

production cost of diesel is $NZ 0.16/litre. This contribution is independent of the increase in 

plant scale. Bio-slurry has the highest impact on the production cost of diesel, which decreases 

slightly with the increase in plant scale. Its contribution to production cost of diesel is $NZ 

1.23/litre. The contribution of other direct production costs drops dramatically form $NZ 

0.76/litre $NZ 0.16/litre of diesel with the increase in the plant scale from 20 MWth to 116 

MWth. The impact of both the fixed charges and plant overhead costs decline dramatically from 

$NZ 1.11/litre to $NZ 0.48/litre and $NZ 0.67/litre with the increase in plant scale. A similar 

trend exists for the production cost of gasoline although the contribution of the items is 0.95 

times as much as their contribution to production cost of diesel. These results are in line with 

the findings of Trippe et al. (2010). 
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Figure 7-21. Effect of plant scale on the contribution of cost items to the production cost of a) 

diesel and b) gasoline  

7.4.2.4. Sensitivity Analysis 

In this section, the effect of different parameters on the production cost of FT diesel from the 

main process plant is studied. The sensitivity analysis of feed biomass moisture content, 

transportation distance, total capital investment, the cost of bio-slurry, and the cost of heat is 

shown in Figure 7-22. It can be seen that the cost of bio-slurry has the most impact on the 

production cost of FT diesel. With an increase in cost of bio-slurry, the production cost of FT 

diesel increases dramatically. The following impact item is the moisture content of the feed 

biomass. An increase in the biomass moisture content escalates the production cost of bio-
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slurry, thus the production cost of FT diesel rises, especially when the biomass moisture content 

is more than 60 %. The effect of the TCI on the production cost of FT diesel is as much as the 

selling price of the heat by-product but in the opposite way. With an increase in the TCI, the 

production cost of FT diesel increases while with an increase in the selling price of the heat, 

the production cost of FT diesel decreases. The transportation distance between the fast 

pyrolysis plant and the main process plant has the least impact among all of the parameters. 

 

Figure 7-22. Sensitivity analysis of production cost of FT diesel based on Scenario II. 

7.4.2.5. Conclusion 

For a 100 MWth BTL plant based on Scenario II, five units of fast pyrolysis plant with 20 MWth 

capacity are required. The corresponding scale of the main process plant is 77.5 MWth based 

on bio-slurry feed. 

The TCI of a 20 MWth fast pyrolysis plant is $NZ 29.5 million with the production cost of bio-

slurry estimated at $NZ 15/GJ. The feed biomass moisture content affects the TCI and 

production cost of bio-slurry. With the increase in feed biomass moisture content from 43 % 

to 150 %, the TCI of the plant escalates from $NZ 28 to 32 million while the production cost 

of bio-slurry escalates from $NZ 13/GJ to $NZ 17/GJ. This is due to the increase in the cost of 
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biomass drying and the decrease in the char content resulting in a reduction in the heating value 

of the bio-slurry. 

The TCI of a 77.5 MWth main process plant is $NZ101 million with production costs of $NZ 

1.95/litre and $NZ 1.85/litre for diesel and gasoline, respectively. The impact of the plant scale 

on the production cost of FT liquid fuels is higher at scales smaller than 40 MWth. Nevertheless, 

the cost of bio-slurry is the highest proportion of the production cost of FT liquid fuels. With a 

10 % reduction in the cost of bio-slurry, the production cost of diesel declines by $NZ 0.13/litre. 

7.4.3. COMPARISON BETWEEN SCENARIO I AND SCENARIO II 

The economic data of both the scenarios are presented in Table 7-17 based on conversion of 

100 MWth woody biomass to FT liquid fuels. The BTL plant based on Scenario I produces 30.6 

million litre/yr liquid fuels consisting of 17 million litre/yr diesel and 13.6 million litre/yr 

gasoline. This plant also generates 97.4 million kWh/yr electricity while consuming 91.8 

million kWh/yr electricity; the surplus electricity is exported. The producer gas from the DFB 

biomass gasification in Scenario I contains around 10% methane which can be converted to 

hydrogen and carbon monoxide in the SMR reactor. Therefore, replacing the HTS converter 

with the SMR reactor for gas conditioning in Scenario I, enhances the liquid fuel yield to 45.5 

million litre/yr. However, the generation of electricity declines dramatically to 33.3 kWh/yr. In 

this case, the plant shortage of the electricity is 58.5 kWh/yr which has to be imported. 

Compared to Scenario I, the BTL plant in Scenario II produces less liquid fuels. It produces 

28.4 million litre/yr liquid fuels consisting of 18 million litre/yr diesel and 10.4 million litre/yr 

gasoline. The plant’s design has been based on generation of self-sufficient electricity. It 

generates 34.1 million kWh/yr electricity which is consumed in the plant. 
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However, the diesel yield in Scenario II is slightly higher than that in Scenario I while the 

gasoline yield in Scenario II is dramatically less than Scenario I. That is due to the catalyst 

selectivity and chain growth probability in the FT synthesis reactor. As discussed in Chapter 4, 

the chain growth probability has a relationship with syngas composition. The syngas with less 

percentage of the inert gases or higher percentage of reactants (H2+CO) leads to higher chain 

growth probability and more waxy products in the FT synthesis reactor. The molar 

compositions of the producer gas and syngas fed to the FT synthesis reactor in both Scenarios 

are compared in Table 7-18. The percentage of (H2+CO) in syngas in Scenario II is 68.8 %, 

higher than 60.3 % in Scenario I. The Scenario II plant thus produces more waxy products for 

diesel than that of Scenario I.  

As listed in Table 7-17, the TCI of the BTL plant and the production cost of FT liquid fuels 

based on Scenario I are less than those based on Scenario II. The TCI for 100 MWth BTL plant 

based on Scenario I is $NZ 187 million which can be reduced to $NZ 157 million by replacing 

the HTS converter with the SMR reactor for gas conditioning. Also, the production cost of 

diesel and gasoline from the BTL plant with SMR is 27 % cheaper than the corresponding 

production cost from the BTL plant with HTS.  
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Table 7-17. The economic data of both of the scenarios based  

on 100 MWth of woody biomass 

 

Table 7-18. The composition of producer gas and syngas. 

 

Compared with Scenario I, the TCI of a 100 MWth BTL plant based on Scenario II is $NZ248.5 

million. This consists of five 20 MWth fast pyrolysis plants for the production of bio-slurry 

from woody biomass and one 77.5 MWth main process plant for production of FT liquid fuels 

from the bio-slurry. The cost of the bio-slurry affects the production cost of FT diesel 

dramatically. The production cost of FT diesel in Scenario II can become comparable to that 

in Scenario I if the production cost of bio-slurry is halved. The production cost of bio-slurry 

can be reduced with an increase in the scale of the fast pyrolysis plant. However, the scale of a 

mobile fast pyrolysis plant is limited, and there should be enough biomass feedstock available 

at a particular biomass field if a stationary plant is considered.  

The BTL plant based on Scenario II has a main advantage over the BTL plant based on Scenario 

I, which is the more efficient transportation of bio-slurry than wood chips. The transportation 

of biomass slurry rather than wood chips saves on both the transportation cost and fuel 



276 

 

consumption. However, the delivered cost of bio-slurry consists of not only the transportation 

cost but also the production cost of bio-slurry. 

The impacts of transportation distance between the biomass field and the process plant on the 

delivered cost of woody biomass and fuel consumption of the transportation vary between the 

scenarios. The transportation cost of 1 tonne of bio-slurry is half of the transportation cost of 1 

tonne of wood chips (od) as shown in Henrich et al. (2008). The effect of transportation 

distances on delivered cost of 1GJ woody biomass is shown in Figure 7-23 for both scenarios. 

In Scenario I, wood chips are transported from the biomass field to the BTL plant. In Scenario 

II, the wood chips are converted to bio-slurry which are then transported from the biomass field 

to the main process plant. The delivered cost of 1 GJ of woody biomass was calculated from 

Eq.(7.38) for Scenario I and Eq.(7.39) for Scenario II. Eq.(7.38) resulted from Eq.(7.34) for 

feed biomass moisture content of 100 % while Eq.(7.39) was accordingly derived for the 

delivered cost of woody biomass in Scenario II. 

 

Figure 7-23. The effect of transportation distance on delivered cost of woody biomass. 
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(21.2 0.44 ) / biomDC D LHV    (7.38) 

(231 0.22 ) / LHVbio slurryDC D 
       (7.39) 

Where DC is the delivered cost of woody biomass, $NZ/GJ; D is the transportation distance, 

km; MC is the moisture content of woody biomass, wt% (od); LHVbiom and LHVbio-slurry are the 

lower heating values of woody biomass and bio-slurry, respectively, GJ/tonne. The η is the 

efficiency of the fast pyrolysis plant. The constant in Eq.(7.38) stands for the chipping cost, 

and the constant in Eq.(7.39) stands for the production cost of the bio-slurry. From the model, 

the biomass LHVbiom is 19 GJ/tonne, the bio-slurry LHVbio-slurry is 15.5 GJ/tonne, and pyrolysis 

efficiency η is 77.5 %.  

As can be seen from Figure 7-23, the delivered cost of woody biomass in Scenario I is lower 

than Scenario II for the distances shorter than 800 km. However, for the distances longer than 

800 km, the delivered cost of woody biomass in Scenario I overtakes the delivered cost of 

woody biomass in Scenario II. There is a balance between the transportation distance and the 

production cost of bio-slurry. If the production cost of bio-slurry can be decreased from $NZ 

231/tonne to $NZ 115.5/tonne, the delivered cost of woody biomass in Scenario II would be 

cheaper than that in Scenario I at transportation distances longer than 400 km.   

Fuel consumption in transportation of wood chips in Scenario I could be more than twice as 

much as fuel consumption for transporting bio-slurry in Scenario II. From the model, 150,480 

odt/yr woody biomass is converted to 142,165 t/yr bio-slurry. By considering the feed biomass 

moisture content of 100 %, the fresh biomass weight is 300,960 t/yr. As discussed in Section 

7.3.2, the 42 tonne truck can carry 28 tonnes per trip. The fuel consumption of such a truck was 

reported by Nylund and Erkkilä (2005) to be 38 litre/100km for full load condition and 21 

litre/100km for the empty state. For transportation of 300,960 t/yr of fresh biomass, for 
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example, by 10 trucks, every truck must travel 1075 times per year. The fuel consumption of 

one truck is 59 litre/100km which is the sum of fuel consumption of the truck in both the full 

load and empty load conditions. Therefore, the annual fuel consumption of the transportation 

in Scenario I is 0.63 million litre/100km. Based on the same procedure, the fuel consumption 

in Scenario II is 0.3 million litre/100km. Thus, the transportation of the wood chips in Scenario 

I consumes 0.33 million litre/100 km more fuel than transportation of bio-slurry in Scenario II.  

However, the FT liquid fuel yield in Scenario I is higher than that in Scenario II. The FT liquid 

fuel yield in Scenario I is 30.7 million litre/yr while it is 28.4 million litre/yr in Scenario II. 

Thus, the FT liquid fuel yield in Scenario I is 2.3 million litre/yr more than that in Scenario II. 

Dividing the fuel yield difference by fuel consumption difference, a transportation limit of 680 

km is derived. This means the higher FT liquid fuel yield in Scenario I offsets the higher fuel 

consumption for biomass transportation at transportation distances shorter than 680 km. As a 

result, the advantage of transporting bio-slurry is insignificant. However, in this thesis, the 

same type of truck was assumed for both transportation of woody biomass and bio-slurry. 

Future study of suitable options for transportation of bio-slurry is recommended. 
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8. CHAPTER 8: CONCLUSIONS AND RECOMMENDATIONS 

8.1. CONCLUSIONS  

The transportation sector accounts for the highest CO2 emission in New Zealand. Replacing 

fossil fuels with liquid fuels derived from woody biomass as a carbon-neutral resource can 

decrease the CO2 emission. The production of the Fischer-Tropsch (FT) liquid fuels using 

syngas from gasification of woody biomass is a promising technology for commercialisation 

in the next 5 to 10 years. The FT liquid fuels can replace the conventional liquid fuels used in 

current transport infrastructure. However, an optimum and economic plant configuration is an 

essential step in commercialising this technology. New Zealand has abundant forest residues 

that provide a cheap feedstock for the production of FT liquid fuels.  

8.1.1. THE BTL PLANT CONFIGURATION 

The biomass to FT liquid fuel (BTL) plant shares many features with gas to FT liquid fuel 

(GTL) and coal to FT liquid fuel (CTL) plants that are mature technologies. However, some 

features such as feed pretreatment and gas cleaning are different from GTL and CTL plants. In 

addition, the producer gas from biomass gasification contains significant amounts of tars which 

need to be removed before further processing for liquid fuel synthesis. Pretreatment is 

necessary for the biomass feedstock due to its diversity in shape and moisture content.  The 

feed pretreatment can consist of either biomass chipping and drying or biomass chipping, 

drying, grinding, and converting to a bio-slurry as a densification procedure. The bio-slurry is 

4 to 5 times denser than woody biomass chips, thus the transportation cost of woody biomass 

decreases considerably. 
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In this thesis, two integrated system models have been developed in a UniSim simulation 

environment for two different BTL plant configurations for production of FT liquid fuels from 

woody biomass. In Scenario I, woody biomass in the form of chips is transported from the 

forest harvesting field to the BTL plant which includes biomass rotary drying, dual fluidised 

bed (DFB) biomass gasification, gas cleaning, gas conditioning, gas compression, FT liquid 

fuel synthesis, FT crude upgrading and off-gas utilisation. This scenario is applicable to a 

situation where sufficient biomass is available in a region of 100 km radius. 

Scenario II is based on first conversion of woody biomass to a bio-slurry using fast pyrolysis 

at the biomass field and then transportation of the bio-slurry to a main processing plant for 

liquid fuel production. The main processing plant includes entrained flow (EF) gasification, 

gas cleaning, gas conditioning, FT liquid fuel synthesis, FT crude upgrading, and off-gas 

utilisation. Scenario II is applicable in a situation where the biomass is distributed over a large 

area and the available woody biomass needs to be transported over a long distance (say over 

100 km). 

8.1.2. MODELLING OF UNIT OPERATIONS IN BOTH SCENARIOS 

Gasification is one of the most important unit operations in both scenarios. Based on results of 

previous studies, the operation temperature of DFB biomass gasification in Scenario I varies 

from 750˚C to 850 ˚C at atmospheric pressure. In contrast, the slagging type EF gasification in 

Scenario II operates at a much higher temperature (> 1200 ˚C) and pressure (26–50 bar). The 

advantages of using a high pressure EF gasifier over an atmospheric DFB gasifier are the 

gasifier’s larger capacity and production of tar free syngas. The gasification agent of DFB 

biomass gasification is steam while the gasification agent in EF bio-slurry gasification is 

oxygen. The built-in heat recovery system in the plant generates steam in Scenario I while in 

Scenario II, the oxygen is produced in an air separation unit. Also, as the FT synthesis operation 
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is at an elevated pressure (26–50 bar), the gas compression is needed in Scenario I while the 

compression is not needed in Scenario II as all of the unit operations after the EF gasification 

are under the same pressure as the FT synthesis.  

A combination of built-in and user-defined unit operations was used to model the integrated 

BTL plants including the major unit operations in a UniSim simulation environment. In 

Scenario I, the biomass rotary drying was modelled based on mass and energy balances. The 

bubbling fluidised bed (BFB) reactor of the DFB gasifier was modelled using a three stage 

quasi-equilibrium model. The fast fluidised bed reactor of the DFB gasifier was modelled by 

using a built-in conversion reactor in the UniSim. The hot flue gas from the fast fluidised bed 

(FFB) reactor is used for biomass drying after air preheating and steam generation, both of 

which are used in the DFB biomass gasification. The DFB gasification model has been 

validated by comparing the simulation results with experimental data from which a close 

agreement has been observed. 

In Scenario II, the model of biomass densification plant with fast pyrolysis includes the fast 

pyrolysis of biomass feedstock and the combustion of non-condensable gas for heat supply to 

the pyrolysis process and biomass drying. For the fast pyrolysis, a kinetic reaction model was 

developed and for the combustion reactor, a built-in conversion reactor in the UniSim was 

adopted. The fast pyrolysis model was validated by comparison of model predicted results with 

the reported experimental data for yields of bio-oil, char and non-condensable gases at different 

operation conditions.  

For the main process plant in Scenario II, the EF gasification process of bio-slurry was 

modelled using an equilibrium reaction model which was validated using reported 

experimental data for the producer gas composition. However, only limited publications have 

been found in literature on the gasification of bio-slurry in an entrained flow gasifier. Moreover, 
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the impact that the different percentages of char in the bio-slurry can have on producer gas 

composition has not been addressed in the literature.  

From the simulation results, it has been observed that the FT liquid fuel yield from the Scenario 

I BTL plant is not affected by the feed biomass moisture content while the FT liquid fuel yield 

in Scenario II plant is adversely affected with an increase in the feed biomass moisture content. 

This can be explained by the fact that the heat recovered from the flue gas can be used for 

biomass drying, air preheating and steam generation. With the increase of feed biomass 

moisture content, more energy is used for drying and thus less steam/power is exported while 

the liquid yield remains the same. In contrast, in the Scenario II plant, with the increase in the 

feed biomass moisture content, more energy is required for biomass drying which consumes 

more char from the biomass pyrolysis, therefore, less liquid is produced from the BTL plant.  

8.1.3. OPTIMISATION OF THE BTL PLANT AND SIMULATION RESULTS 

Pinch analysis was performed on the integrated system models for both the Scenario I and 

Scenario II BTL plants to maximise the heat recovery of the system. The energy and exergy 

efficiencies were analysed. The effect of gasification condition (temperature and S/B ratio), FT 

synthesis reactor’s condition (CO-conversion and operation pressure), and gas conditioning on 

energy efficiency of the Scenario I BTL plant were studied. 

The model analysis results for the BTL plants show that for Scenario I plant, the overall energy 

efficiency of the plant is 55 % including 34 % for chemical efficiency, 20 % for heat efficiency, 

and 1 % for electrical efficiency. For the Scenario II plant, the overall energy efficiency is 53 

% including 31.3 % for chemical efficiency and 21.7 % for heat efficiency. The chemical 

efficiency reflects the liquid fuel yields in relation to the feed biomass. The heat efficiency is 

related to steam output and the electrical efficiency is associated with electricity generation in 

the plant.  
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The exergy efficiency analysis results indicate that the overall exergy efficiency for Scenario I 

plant is 38 % which is 5 % higher than that of the Scenario II plant. The lower exergy efficiency 

in the Scenario II plant is mainly due to the lower liquid fuel yield compared with the Scenario 

I plant. The exergy efficiency is closely related to the yields of liquid fuel; therefore, the 

increase in the liquid fuel yield improves the exergy efficiency of the plant dramatically. In 

both of the scenarios, the unit operations associated with conversion of woody biomass to 

syngas (biomass drying, pyrolysis and gasification) and power generation are the primary 

sources of internal exergy loss in the system. 

For the Scenario I plant, the plant performance can be significantly improved by applying the 

steam-methane reforming (SMR) reactor instead of the high-temperature shift (HTS) converter 

for the gas conditioning. In this way, the chemical efficiency is increased by 16 % while the 

overall energy efficiency is increased by 7 %. Using the SMR reactor instead of the HTS 

converter for gas conditioning also, enhances the exergy efficiency by 10% for the Scenario I 

plant. In addition, increase in CO-conversion and operation pressure of the FT synthesis reactor 

also improves the overall exergy efficiency of the BTL plant.  

8.1.4. TECHNO-ECONOMIC ANALYSIS OF THE OPTIMISED BTL PLANTS AND RESULTS 

The integrated system models developed in this study have also been modified and applied to 

a techno-economic analysis of a 100 MWth BTL plant with an oven-dry biomass feeding rate 

of 150,480 oven dry tonne/yr (odt/yr). The production cost of the FT liquid fuels and total 

capital investment (TCI) of the BTL plants based on the two scenarios were investigated. Also, 

the effect of operation parameters on the production cost of FT liquid fuels and the TCI of the 

BTL plant was examined. For Scenario I, the input operation parameters include feed biomass 

moisture content, transportation distance for the feed biomass, operation conditions of the DFB 

biomass gasification, operation conditions of the FT synthesis reactor, and variables for the 
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BTL plant configurations. In Scenario I, the plant configuration variables examined include 

application of the SMR reactor instead of HTS converter for gas conditioning, and using steam 

turbine to generate some electricity. In Scenario II, the input operation parameters include feed 

biomass moisture content and bio-slurry transportation distance.  

The analysis results show that the TCI of a 100 MWth BTL plant based on Scenario I is $NZ187 

million with production cost of $NZ 1.34/litre for FT diesel and $NZ 1.23/litre for FT gasoline. 

The Scenario I plant produces 17 million litre/yr FT diesel and 13.6 million litre/yr FT gasoline. 

The scale of the plant affects both the TCI and the production cost of FT liquid fuels, however, 

such an effect is more significant at scales smaller than 60 MWth. 

For the Scenario I plant, with an increase in the feed biomass moisture content, both the TCI 

and production cost of FT liquid fuels increase due to the increase in cost of biomass drying 

and cost of biomass transportation. By optimisation of the operation condition for the DFB 

gasification, the production cost of FT liquid fuels can be reduced. For example, the FT diesel 

is decreased from $NZ 1.34/litre to $NZ 1.24/litre with the steam to biomass (S/B) ratio 

reducing from 0.84 to 0.6 at constant gasification temperature of 850 ˚C.  

By increasing the CO-conversion at a higher operation pressure for the FT synthesis, the 

production cost of the FT liquid fuels and the TCI can be reduced. This is because of the 

increase in FT liquid fuel yield and reduction in the capital investment for a smaller turbo-

generator using the off-gas from the FT reactor. However, the increase in the CO-conversion 

is more effective than the operation pressure, as a more expensive gas compressor is required 

for higher operation pressure in the FT reactor. 

It is interesting to note that the gas conditioning may not be needed for the Scenario I plant 

when optimised operation conditions are used for the DFB gasification of biomass. For 

example, the H2/CO ratio of 1.9 can be achieved for the producer gas from DFB biomass 
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gasification when it operates at 850 ˚C and with S/B of 1.2. However, the elimination of the 

HTS converter for the gas conditioning has an insignificant impact on the TCI and production 

cost of FT diesel. In contrast, using the SMR reactor converter instead of the HTS converter 

reduces the production cost of FT diesel by $NZ 0.34/litre and the TCI by $NZ 30 million. 

Adding steam turbines to the system for additional power generation increases the TCI of the 

plant while the production cost of FT diesel remains almost constant as the revenue from 

electricity sales offsets the increases in the TCI of the plant. 

From the analysis of a Scenario II plant with feed biomass moisture content of 100 %, it has 

found that the TCI of a 100 MWth BTL plant is $NZ 248.5 million, and the production cost of 

FT diesel is $NZ 1.95/litre and that of the FT gasoline is $NZ 1.85/litre. The plant produces 18 

million litre/yr FT diesel and 10.4 million litre/yr FT gasoline. It is assumed that the Scenario 

II BTL plant has 5 fast pyrolysis plants, each having a capacity of 20 MWth for conversion of 

woody biomass to bio-slurry. Considering the energy efficiency of 77.5 % for the fast pyrolysis 

plant, the main processing plant has an input energy of 77.5 MWth of bio-slurry. The TCI of 

the 20 MWth fast pyrolysis plant is $NZ 29.5 million and that of the 77.5 MWth main processing 

plant is $NZ 101 million. 

The TCI and production cost of bio-slurry depend strongly on the feed biomass moisture 

content. With the increase in the feed biomass moisture content from 43 % to 150 %, the TCI 

of the plant is increased from $NZ 28 to $NZ 32 million and the production cost of bio-slurry 

is increased from $NZ 13/GJ to $NZ 17/GJ, due to the increase in the cost of biomass drying 

and the decrease in the lower heating value (LHV) of the bio-slurry.   

A sensitivity analysis was performed by applying the economic models of the integrated 

systems to identify important contributing factors to the production cost of FT liquid fuels. In 

Scenario I, the TCI of the BTL plant has the highest impact on the production cost of the FT 
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liquid fuels which is followed by the cost of woody biomass. The rapeseed oil which is used 

for gas cleaning also contributes to the production cost. The sale of surplus heat as a by-product 

of the plant improves the plant’s economic performance while the price of electricity has only 

an insignificant impact on production cost of FT diesel as zero or very limited electricity is 

exported. 

In Scenario II, the cost of bio-slurry production has a tremendous impact on the production 

cost of FT liquid fuels, contributing $NZ 1.2/litre FT diesel. Because of the high production 

cost of bio-slurry, the saving in transportation cost of bio-slurry can only offset the bio-slurry 

costs at large scale BTL plants. The production cost of FT diesel in Scenario II would become 

comparable with Scenario I if the production cost of bio-slurry is halved. Because of the high 

production cost of bio-slurry in Scenario II, the costs of bio-slurry production and 

transportation can be similar to or less than the costs of the same energy quantity of woody 

biomass chips and their transportation at very long transportation distances (>680 km). 

However, this distance is reduced when the extra fuel consumed in transportation of the wood 

chips compared with the transportation of bio-slurry.  

It should be emphasised that at the time of the study (October 2013), the plant was economic. 

Unfortunately, at the time of thesis preparation (December 2014), the plant was not economic 

as the price of crude oil and consequently prices of the conventional fuels showed a reduction. 

Therefore, the FT liquid fuel production has to compete against the conventional liquid fuels 

unless some subsidies are provided by the government. 

8.2. THE SOURCES OF UNCERTAINTIES 

The DFB gasification model developed in this thesis is a linear model based on a quasi-

equilibrium model. The extrapolation was used to find the data at 850 ˚C and biomass ratios 

higher than 1. The heat loss of the gasifier was assumed to be 5%, which may be difficult to be 
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achieved in reality as the gasifier has two stages. Thermodynamically, it is possible to remove 

tar in an absorber/stripper system working with rapeseed oil. However, the technical challenges 

are not known such as the efficiency of the tar removal and the amount of oil make-up needed. 

The oil make-up calculated in this thesis is based on the heat loss in the gasifier and oil loss in 

the stripper, which may be underestimated.  

In Scenario II, the model developed for the pyrolysis reactor was based on the pyrolysis kinetics 

and the overall yields of the reactor. However, the model is limited and cannot reflect the effect 

of feed moisture content, particle size, residence time, and the reactor’s heat loss. The model 

developed for EF gasifier was also based on an equilibrium model. The model predicted the 

syngas yield and composition for bio-oil feed with different char content. However, the model 

could not be validated no experimental data were found on this subject.  

The conversion rate of syngas/producer gas in the FT synthesis reactor was assumed to be 

between 80% and 90% in this thesis. The relation between the conversion rate, pressure, and 

cost of FT synthesis reactor were not considered properly in this thesis, neither, the relation 

between the operational condition of hydrocracking reactor and its cost. It is known that some 

isomerisation happens in the hydrocracking reactor as well. However, the extent of 

isomerisation was not determined in the model developed for the reactor in the thesis due to 

the complexity of isomerisation. Therefore, the quality (octane and cetane number) of the 

produced liquid fuels (gasoline and diesel) could not be determined.  

8.3. RECOMMENDATIONS 

From the exergy and techno-economic analysis, an inverse relationship was found between the 

exergy efficiency and production cost of FT liquid fuels which means that with an increase in 

the exergy efficiency, the production cost of FT liquid fuels decreases. Therefore, future studies 

should focus on improving the exergy efficiency. The exergy efficiency can be improved by 
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decreasing the exergy loss in the system operation units and increasing the FT liquid fuel yields 

from the BTL plant. 

The main source of exergy loss in the system is the power generation system. It is proposed to 

limit the scale of the power generation including the use of steam turbines in the system. It may 

be more economical to sell the steam generated from the heat recovery in the plant as a by-

product to end users. It is recommended to select a plant location which is in the vicinity of end 

users. The other sources of exergy loss are biomass drying, biomass pyrolysis and biomass 

gasification. Not much can be done for the reduction of the internal exergy loss due to biomass 

pyrolysis and gasification. In contrast, the internal exergy loss due to the biomass drying can 

be reduced dramatically by supplying the feed biomass with moisture content less than 100%. 

For improving the FT liquid fuel yield, it is suggested to focus on the FT synthesis reactor and 

FT catalysts. Both the CO-conversion and operation pressure were found to have a considerable 

effect on improving the FT liquid fuel yield. Also, if the catalyst selectivity towards liquid 

hydrocarbons is improved at lower pressures, the cost and energy consumption for gas 

compression can be reduced, thus improving the exergy efficiency and economic performance 

of the BTL plants. 

The BTL plant based on Scenario I is an economical option considering the actual market prices 

of conventional diesel ($NZ 1.3/litre) and gasoline ($NZ 1.23/litre). It is recommended that 

future research is conducted to study the feasibility of Scenario II for larger plant scales, say 

larger than 100 MWth that was assumed in this thesis. It may need to investigate other biomass 

resources such as agriculture residues and fast grown crops in addition to the forest residues 

considered in this thesis. In addition, the fuel consumed by the transportation showed a 

considerable reduction in Scenario II compared with Scenario I. The calculation of fuel 

consumption in Scenario II was based on the limited data available for transportation of bio-
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slurry. It is suggested to perform a study on the efficient transportation of bio-slurry in New 

Zealand. The less fuel consumption in Scenario II compared with Scenario I may be beneficial 

in relation to environmental pollution. Life cycle analysis will be useful to investigate the 

environmental impacts associated with each of the scenarios. 

There are some recommendations for improving the BTL plant configuration and economic 

performance as well. The using of fuel gas for biomass drying in a rotary dryer for biomass 

with high biomass moisture content (>100%) may have some safety issues. The rotary dryer 

can be replaced with other types of dryers which can be utilised with steam as the drying agent. 

Due to safety issues of biomass drying and char production existing in the BTL plant, the 

process safety of the BTL plants is recommended for future studies. The process control of 

BTL plant could be quite similar to a CTL plant although the high moisture content of biomass 

and low ignition point of biomass may result in some differences in the process controlling of 

the BTL plant compared to CTL plant. Therefore, study of process controlling of the BTL plant 

is recommended for future studies.  

The cost and efficiency of the pyrolysis plant is the main cause for the uneconomical 

performance of Scenario II BTL plant compared to Scenario I. A techno-economic analysis of 

a standalone pyrolysis reactor is recommended for future studies. Also, some experimental 

studies are suggested to be conducted on the impact of the char content of the bio-slurry on the 

yield and composition of the syngas from the EF gasifier. 

The fuel upgrading and associated hydrogen production contribute to 19% of the TCI. 

Therefore, it is worth to study a Scenario based on production of FT crude and transporting the 

FT crude to a refinery for upgrading. 

New Zealand has a lot of biomass resources in addition to woody biomass (agriculture and 

animal wastes). New Zealand has also abundant coal reserves while importing a majority of its 
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transportation fuels. It would be viable to use all of these resources and possible co-processing 

of biomass and coal to build large plants. The FT liquid fuels from woody biomass are bio-

based and precious fuels with aromatic and particulate emissions much less than conventional 

liquid fuels. They can be blended with conventional fuels to improve their properties and their 

carbon foot print. These benefits should be used to encourage the government to provide 

subsidies for these fuels, which can be included in the economic analysis of the BTL plants in 

the future.  
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APPENDIX A: THE FLOW TABLES OF FIGURE 6-1 AND FIGURE 6-

17. 

 

T
ab

le A
-0

-1
. T

h
e flo

w
 tab

le o
f F

ig
u
re 6

-1
, p

art1
. 



297 

 

 

 

T
ab

le A
-0

-2
. T

h
e flo

w
 tab

le o
f F

ig
u
re 6

-1
, p

art2
. 



298 

 

 

 

T
ab

le A
-0

-3
. T

h
e flo

w
 d

iag
ram

 o
f F

ig
u
re 6

-1
7
, p

art1
. 



299 

 

 

 

 

T
ab

le A
-0

-4
. T

h
e flo

w
 d

iag
ram

 o
f F

ig
u
re 6

-1
7
 p

art2
. 



 

APPENDIX B: CALCULATION SAMPLES (BASED ON SCENARIO I 

DATA) 

 I) SIZING 

 ROTARY DRYER 

Feed biomass mass flow rate=19,000 kg/hr (100% MC) 

Biomass outlet moisture content=17% 

Drying medium flow =142,400 kg/hr 

Dyer’s exhaust gas flow =142,400+ (19000-19000×0.17) =158,170 kg/hr 

Gas mass superficial velocity=7000 kg/m2.hr 

Dyer’s cross sectional area =158,170/7000=22.6 m2 

Dryer’s diameter = (4×22.6/π)1/2=5.4 m 

Volumetric heat transfer coefficient = 0.77×3.5× (7000)0.67/5.4=188.1 kJ/m3.hr.˚C 

Drying medium inlet temperature = 418˚C 

Exhaust gas temperature =107˚C 

Drying medium heat capacity =1.2 kJ/kg.˚C 

Heat loss = 15% 

Heat load (heat transferred from drying medium) =0.85×142,400×1.2 × (418-107) = 

45,172,213 kJ/hr 

Drying medium wet bulb temperature = 100˚C 

Logarithmic mean temperature difference C






 5.81

)
100107

100418
ln(

107418
 



 

Number of transfer units= 8.3)
100107

100418
ln( 




 (NTU should be at least 2.5 which were 

achieved by increasing the inlet drying medium temperature to 450˚C. The new mean 

temperature value was 127.5˚C) 

Dryer’s volume=45,172,213/ (188.1×127.5) = 1883.53 m3 

Dryer’s length=1883.53/22.6= 83.3 m (It is too long for the conventional dryers therefore 

several dryers have to be used) 

The dryer’s area = 3.14×5.4×83=1407 (The maximum dryer’s area in Aspen Economic 

Analyzer is 185 m2) 

Number of dryers =1407/175= 8 (The area of each dryer was assumed 175m2.) 

 DFB GASIFIER 
o BFB reactor: 

100KW pilot scale data (Koppatz et al. (2011)): 

U=0.51 m/s 

D=0.304 m 

087.0)304.08.9/(51.0/ 22  gDU  

100 MW plant: 

Actual gas volumetric flow =165000 m3/hr  (from UniSim flow sheet)  

DB=5.25 initial guess 

1.2)3600/(1650004 2  DU  m/s 

087.0)25.58.9/(21̂.2/2  gDU  

6.1225.54.2 BL  m 

o FFB Reactor 

100 KW pilot scale DFB gasifier ( Koppatz et al. (2011)): 

U=10 m/s 



 

Gs=22 kg/m2.s 

ρs=2800 kg/m3 

000786.0)102800/(22/  UGC sss   

100 MW Plant 

Ms=118 kg/s 

U=30 m/s 

66302800000786.0  UCG sss  kg/m2/s 

5.16614.3/1184)/(4  ssF GMD  m 

6.1426.122  BF LL m 

o Chute 

100 KW pilot scale DFB gasifier (Saw and Pang (2012)): 

DF=0.1m 

Dchute=0.075 mm 

100 MW plant: 

12.15.175.0 ChuteD m 

36.312.13 chuteL m 

o Siphon 

100 KW pilot scale gasifier (Saw and Pang (2012)): 

DS=0.05 m 

75.05.15.0 SD m 

5.175.02 sL m 

 



 

 PRESSURE SWING ADSORPTION UNIT 
PSA product: hydrogen 

Hydrogen flow=180 kg/hr 

PSA feed: 

Composition (mol%) 

H2O   11% 

H2  41% 

CO  19.7% 

CO2  17.2% 

CH4  11.2% 

Feed pressure=20 bar 

Feed temperature=35 ˚C 

Feed molecular weight=18.93 kmol/kg 

Hydrogen molar flow=90 kmol/hr 

Feed molar flow=90/0.41= 219.5 kmol/hr 

The PSA efficiency=80% 

The feed flow=818.2/0.8=274.4 kmol/hr 

Extract components volumetric flow (H2O, CO, CO2 and CH4) at normal condition 

=274.4×0.89×8.314×273/101.3×1000=5.47×106 lit/hr×1/60=91.2×103lit/min 

Adsorbent productivity=21.7 lit/kg ads. 

Cycle time=12 min 

Mass of adsorbent=91.2×103×12min/21.7=50.4×103kg adsorbent 

Bulk density=740 kg/m3 

Bed volume=50.4×103/740=68.1 m3 

Each bed volume in a four bed scheme=68.1/4=17 m3 



 

L/D=4 

Bed diameter=(17/(4×π))1/3=1.1 m, bed length= 1.1×4=4.4 m 

The pressure of raffinate product (hydrogen) = 20 bar 

The pressure of extract product (other components) = 1 bar. 

 HTS 

Producer gas flow rate: 8280 m3/hr  

28.81000/8280 V m3 

L/D=1.5 

9.1)
5.1

25.84
( 3/1 







D m, L=2.85 m 

II) COSTING 

 SMR 
Producer gas flow rate =23215.2 Sm3/hr (UniSim flow sheet) 

  54.1254952.2321565.1
7.0
SMRCost million USD2007 

64.1)
4.1457

8.1549
(54.1

)2010(&

)2011(&
20102011 

SM

SM
CostCost million USD2011 (purchased 

equipment cost) 

 ZNO FIXED BED REACTOR 
Producer gas flow rate=9910 m3/hr (UniSim flow sheet) 

  78284154449910122000 ZnOCost  USD2007 (purchased equipment cost) 

83236)
4.1457

8.1549
(78274

)2010(&

)2011(&
20102011 

SM

SM
CostCost  USD2011 (purchased 

 FT SYNTHESIS REACTOR 
Producer gas flow rate=2.722×104 Sm3/hr (UniSim flow sheet) 

  24.51014.710722.25.10
72.044 sFTsynthesiCost million USD2003 



 

23.7)
6.1123

8.1549
(24.5

)2003(&

)2011(&
20032011 

SM

SM
CostCost million USD2011 

Purchased equipment cost=7.23/3.6=2 million USD2011 

 HYDROCRACKER 
FT crude=1066 barrel/day  (UniSim flow sheet) 

9)250001066(70 65.0

ker hydrocracCost  million USD2007 

 
16.10

3.1373

8.1549
9

)2007(&

2011&
20072011 

SM

SM
CostCost  million USD2011 

Purchased equipment cost=10.16/3=3.4 million USD2011 

III) CATALYST CONSUMPTION 

 PSA UNIT 
Molecular Sieve Requirement: 50.4×103kg  

Cost: 4.49 USD/kg (AEA), NZD/USD=0.8267 (Oct.2013) 

Replacement cost=273734 NZD (every three years) 

 ZNO 
H2S removal requirement: 0.118 kmol/hr  (from UniSim) 

Molecular weight= 81.41 kg/kmol, Bed Efficiency=80% 

OHZnSSHZnO 22   

Kg adsorbent required=0.118×81.41/0.8=12 kg/hr 

Kg adsorbent=12×24×330=95040 kg/yr 

Replacement cost=95040×4.9/0.8267=563319 NZD/yr  

 HTS 
Reactor’s volume=8.28 m3 (from previous section) 

Catalyst bulk density= 897 kg/m3, Catalyst cost=17.6 USD/kg (Swanson et al., 2010) 

Replacement catalyst cost=8.28×897×17.6/0.8267=158120 NZD (every three years) 



 

 SMR 
Reactant rate=8280 m3/hr (UniSim) 

GHSV=2600 hr-1, Catalyst bulk density=1025.3 kg/m3, Catalyst Cost=10 USD/kg (Swanson 

et al., 2010) 

Reactor’s volume=8280/2600=3.2 m3 

Catalyst replacement cost=3.2×1025.3×10/0.8267=39687 NZD (every three years) 

 FT SYNTHESIS REACTOR 
Reactant rate=1081 m3/hr (uniSim) 

GHSV= 100 hr-1, Catalyst bulk density=1025.3 kg/m3, Catalyst Cost=33 USD/kg 

Reactor’s volume=1081/100=10.81 m3 

Catalyst replacement cost=10.81×1025.3×33/0.8267=442428 NZD/yr 

  



 

APPENDIX C1 (SIMULATION CODES OF THE ROTARY DRYING) 

 



 

 



 

 

  



 

APPENDIX C2 (SIMULATION CODES OF THE PYROLYSIS SECTION 

OF DFB GASIFIER) 

 



 

 



 

 

  



 

APPENDIX C3 (SIMULATION CODES OF THE PYROLYSIS REACTOR) 

 



 

 



 

 



 

 

  



 

APPENDIX C4 (SIMULATION CODES OF PYROLYSIS SECTION OF 

THE EN GASIFIER) 

 



 

 

  



 

APPENDIX C5 (SIMULATION CODES OF HYDROCRACKER) 

 



 

 

 



 

 



 

 



 

 



 

 

  



 

APPENDIX C6 ( A PROCEDURE FOR USING THE MODELS) 

The models developed in this thesis for the production of FT liquid fuels from woody biomass 

can be used in two different ways. Firstly, it can be used to predict the energy efficiency of the 

BTL plant at different scales, operation conditions and feed biomass moisture content. 

Secondly, the economic performance of the plant can be predicted at various transportation 

distance between the biomass field and the BTL plant.   

Also, the models developed for each of the key unit operations in this study can be used for 

studying new scenarios in the future studies. The new scenarios can be developed by 

performing some modification on these models including adding new unit operations, or 

deleting some of the unit operations based on the applications. For convenient use of these 

models in future studies, a procedure for use of each model is presented below. Each procedure 

explains the key parameters of each model and how the model works and can be used. 

SCENARIO I 

ROTARY DRYER 

The rotary dryer model is for drying the woody biomass. It is based on heat and mass balance 

between the woody biomass and flue gas as the drying medium. The dyer’s model inputs are: 

the feed biomass moisture content, biomass inlet temperature, biomass flow rate, flue gas 

humidity, flue gas temperature, flue gas flowrate, and the target moisture content of the 

biomass. The dryer’s outputs are: the outlet temperature of biomass and flue gas and 

dimensions of the dryer.  

The effective performance of the dryer is controlled by making sure that the outlet temperature 

of the woody biomass is less than its ignition point and the number of thermal units (NTU) is 

between 1.5 and 2.5. The flue gas can be replaced with steam and hot air by modifying the heat 



 

capacity used in the current visual basic codes written for calculation of the mass and heat 

balance.  

DUAL FLUIDISED BED (DFB) BIOMASS GASIFICATION 

The DFB gasification model is for calculating the mass and energy balance of biomass 

gasification in the DFB gasifier. The input parameters of the model are the biomass moisture 

content, biomass temperature, temperature and flow rate of excess fuel, air and steam, and 

temperatures of bubbling fluidised bed (BFB) and fast fluidised bed (FFB) reactors of the DFB 

gasifier. The output parameters are producer gas composition and flowrate. The performance 

of the gasifier is controlled by heat loss from the gasifier. The heat loss must not be less than 

5% of the heating value of the feed biomass, which can be adjusted by providing the excess 

fuel in the FFB reactor. The gasification model can be modified by modifying the quasi-

equilibrium model used for simulating the performance of the BFB reactor. Two most 

important factors which can be modified are steam contribution in the char-steam reactions and 

extent of shift-gas reactions. 

TAR REMOVAL SYSTEM 

The tar removal system, consisting of three sections of quench, absorber and stripper, was 

designed for removal of tar from the producer gas. The system input parameters are the gas 

composition, temperature and flowrate. The system output is the gas composition, temperature, 

and flowrate. The controlling factors of the tar removal system are the temperature of the gas 

after quench system, the flowrate of rapeseed oil in the absorber, the temperature of the stripper, 

and the air to rapeseed oil ratio in the stripper column. The rapeseed make up to the system is 

calculated based on the oil loss in the stripper and heat requirement of the DFB gasification 

system. However, the system make-up depends on the tar load in the rapeseed oil which is an 

experimental factor and needs further investigation. 



 

GAS CONDITIONING 

The gas conditioning happens in a high temperature shift converter. The input parameters of 

the system are composition, temperature, and flowrate of flue gas and temperature and flowrate 

of the steam. The output parameters of the system are producer gas composition, temperature 

and flowrate. The controlling parameters of this system are producer gas temperature which 

should be less than 400˚C the target H2/CO ratio of producer gas which should be 2. These 

parameters can be adjusted by changing the dimension of the reactor or the catalyst bed 

dimensions. 

 FT LIQUID FUEL SYNTHESIS  

The FT synthesis reactor model calculates the composition of off-gas and liquid fuel products. 

The input of the model is the temperature, pressure and flowrate of the producer gas. The output 

of the model is flowrate and composition of off-gas and liquid fuel products. The controlling 

parameters of the FT synthesis reactor are the temperature, CO conversion rate, and selectivity. 

The CO conversion can be changed by defining the CO conversion of the reactor model. The 

selectivity can be changed by changing the reaction stoichiometry in the reactor’s model. The 

temperature should kept constant during the reaction. The FT synthesis reaction is highly 

isothermal and is cooled down by using water and steam generation. 

HYDROCRACKING  

The hydrocracking model calculates the composition and flowrate of the upgraded FT crude. 

The input of the model is the flowrate, composition, and temperature of FT crude, and flowrate 

and temperature of hydrogen. The hydrocracking reactor is an isothermal reactor. There is no 

controlling parameter for the hydrocracking reactor. 



 

SCENARIO II 

PYROLYSIS REACTOR 

The pyrolysis reactor consists of two sections of pyrolysis section and heating or combustion 

section. The pyrolysis reactor converts the woody biomass to char, bio-oil, and non-

condensable gases. The pyrolysis section model is based on the elemental balances of C, H, 

and O between the biomass feed and products, and kinetics of pyrolysis reactions. The heating 

section model is developed for combustion of non-condensable gases and char. The input 

parameters of the pyrolysis section model are the temperature and flowrate of the biomass feed, 

and temperature and flowrate of the fluidising agent. The output parameters of the pyrolysis 

section are char, bio-oil and non-condensable gases. For the start-up, the fluidising agent is 

nitrogen gas, then the non-condensable gas is used as the fluidising agent and excess fuel until 

steady-state condition is reached. The input of the combustion section is the char, non-

condensable gases and air flowrates and temperature. The controlling parameter of the 

pyrolysis reactor is the residence time of the reactor and the heat loss which needs be less than 

5% of the feed biomass heating value. 

ENTRAINED FLOW (EF) GASIFIER  

The entrained flow gasifier model consists of two sections: the gasification and the quench 

section. The inputs of the gasification section are the bio-slurry flowrate and composition, 

oxygen flowrate. The outputs of the model are the flowrate and composition of the syngas. The 

controlling parameter of the model is the heat loss which should be about 3% of the bio-slurry 

heating value. For future studies, the equilibrium model developed for the entrained flow 

gasifier can be validated with the experimental data.  

 


