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Abstract 

In this study, a CFD mathematical model has been developed for catalytic fast 

pyrolysis (CFP) of biomass based on multi-phase flow, transfer process and biomass 

pyrolysis reactions in a bubbling fluidized bed reactor. The multi-phase fluid flow, 

and the inter-phase momentum and energy transfer processes are modelled with 

Eulerian multi-phase formulas, representing the flows of gases and solids (catalyst 

and biomass) within the reactor. The biomass catalytic fast pyrolysis reactions are 

described by using a two-stage, semi-global model. Specified secondary tar catalytic 

cracking process, which considers both intrinsic reaction rates and mass transfer 

process, is embedded to the developed model by user-defined function (UDF). The 

model simulation results of pyrolysis product yield and distribution are compared 

with the experimental data with close agreement. The model is then employed to 
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investigate the effects of structural properties of catalyst, such as specific internal area, 

average size of active sites, pore diameter, and tortuosity, on products yields and 

composition. The tar cracking process by the selected catalyst is proposed and the 

influences of adsorption capability of tar molecule on catalyst surface and external 

film mass transfer are also analyzed. The developed model can be solved with short 

computational time and thus it can be employed for further research and engineering 

designs of the catalytic pyrolysis of carbonaceous materials. 

Key words: CFD, biomass, catalytic fast pyrolysis, catalyst structural properties, 

bubbling fluidized bed, multiphase flow, mass & energy transfer, multi-step reactions. 

1.  Introduction 

Fast pyrolysis of biomass is thermal decomposing of biomass into solid char, 

non-condensable and condensable volatile substances in the absence of oxygen. In 

general, the non-condensable gases mainly consist of CO, CO2, CH4 and H2 while 

condensable volatiles become liquid when being cooled down, and thus are often 

referred to as bio-oil or liquid product1,2. Fast pyrolysis of biomass normally operates 

in the temperature range from 450 to 600 ℃ to maximize liquid yield 3,4. However, 

bio-oil produced from traditional fast pyrolysis has several adverse properties such as 

high oxygen content and acidity, low calorific value, low stability and ease of 

polymerization, all of which restrict applications of the raw bio-oil 5. Therefore, the 

common approach is to upgrade the raw bio-oil, such as by hydro-deoxygenation, to 

improve the bio-oil quality. The hydro-deoxygenation upgrading process operates at 

high pressures and elevated temperatures, and thus the process is complicated. 



 

 

Alternative pathway to improve the bio-oil quality is to apply appropriate catalysts in 

the pyrolysis process in which the undesirable compounds are cracked and 

hydrocarbon-concentrated compounds are obtained through phase separation6. This 

catalytic fast pyrolysis process (hereinafter referred to as CFP) of biomass operates at 

atmospheric pressure and at normal range of temperatures, therefore the process is 

less expensive in comparison with two steps approach of fast pyrolysis followed by 

upgrading. The CFP has recently attracted increasing interests in biomass 

thermochemical conversion, however, reports on detailed reactions and reaction 

kinetics in the catalytic fast pyrolysis of biomass have not been found in literature. 

The computational fluid dynamics (CFD) modelling can precisely predict the 

coupling physical and chemical processes in a multiphase flow system. Insight and 

foresight simulation by the CFD modelling enables to gain fundamental 

understanding of the simulated process, such that expensive and time-consuming 

experiments can be minimized or even avoided. CFD has been widely used in the 

thermochemical conversion processes of biomass including combustion7,8, 

gasification9-11, pyrolysis12 and bio-oil upgrading13,14. CFD modeling of biomass fast 

pyrolysis in bubbling or circulating fluidized bed has also been reported1,12,15-23 in 

which the impacts of operating conditions, heat and mass transfers and biomass 

properties on the pyrolysis reactions were studied. Dong24 developed a CFD model to 

simulate both the non-catalytic and the catalytic pyrolysis of woody biomass in a 

lab-scaled bubbling fluidized bed and found that the use of catalytic bed materials 

could change the pyrolysis product distribution. The model used a simple secondary 



 

 

reaction mechanism of bio-oil vapor in the catalyst bed, and the reaction rate was only 

related to weight hourly space velocity (WHSV) of catalyst to tar. Sun et al.25 

simulated the CFP of sawdust with ZMS-5 zeolite catalyst in a circulating fluidized 

bed reactor which was used to predict the product distribution at different WHSVs of 

catalyst to biomass feedstock. The results showed that the gas yield increased and the 

liquid yield decreased with the increase in catalyst loading, which are in consistency 

with the general trends of experimental results. In the above two models, the CFP 

reaction rates were assumed to be exponential functions of macro-scale factor of 

WHSV of catalyst to tar vapor. However, micro-scale factors, which may also play an 

important role in the biomass CFP, were not considered in the above models, therefore, 

the effects of catalyst structural properties and internal energy and mass transfer 

process cannot be assessed.  

In this work, a novel CFD model has been developed to simulate the biomass 

CFP in a bubbling fluidized bed reactor. Micro-scale factors including catalyst 

specific surface area, pore size and tortuosity, and intra-particle diffusion of tar are 

incorporated into the secondary tar cracking reaction process. To our best knowledge, 

this is the first attempt to evaluate the impacts of micro-level properties of the catalyst 

and the combination of catalyst micro-structural properties with internal mass transfer 

on the biomass CFP process. The developed model has been solved by CFD code 

ANSYS Fluent 16.2 and the proposed comprehensive reaction mechanism was 

embedded into the model by user-defined function (UDF). Impacts of catalyst 

structural properties and mass transfer, which are difficult to alter in real experiments, 



 

 

on the biomass CFP performance have been investigated in the present study.  

2.  Model Formulation and Solution Method 

2.1 Scope of the study 

The proposed CFD model was developed to simulate a lab-scale bubbling 

fluidized bed pyrolysis reactor as shown in Fig. 1 with biomass feeding rate of 2 kg/h 

and catalyst loading height of 80 mm. This reactor has the same configuration and 

dimensions as the laboratory-scale pyrolysis reactor, on which experiments for model 

validation were conducted in the present study. The details of this reactor system have 

been reported previously40. However, once the model is validated, it can be employed 

to simulate larger scale reactors by modifying the reactor geometry. In the simulated 

catalytic pyrolysis, nitrogen, as the heating and fluidization medium, was injected 

from the bottom of the reactor and penetrates through the catalyst bed with a 

superficial velocity of U0 = 0.3 m/s, and the reactor temperature was maintained at 

773 K by isothermal settings of the heating medium and the electric heating on the 

wall. The superficial velocity was approximately 3 times of the minimum fluidizing 

velocity, Umf, corresponding to the selected catalyst diameter. Pine sawdust was 

selected as the biomass feedstock, which was introduced from the left side at height of 

40mm above the bottom of the reactor. The control volume for the simulation is the 

expanded bed with bubbling fluidization as shown in Fig.1. 

(Insert Fig. 1 here) 

Hydrodynamic behaviors including phase coupling, momentum exchange and 

disengagement of gas-catalyst-biomass multi-phase flow, were modelled by using 

three Eulerian phases with gas as the primary and continuous phase, and solids 



 

 

(biomass and catalyst) as the secondary phases. Such approach has been frequently 

used for thermochemical conversion of biomass in fluidized bed reactors 12,17. For the 

inter-phase momentum exchange, only drag force is considered since it is the 

dominant term in this case. The average diameters of catalyst and biomass particles 

were set to be 0.5 mm, and the granules of such size belong to Geldart B Group 26.  

In order to simplify the model, the following assumptions have been made: (1) 

the biomass feedstock contains no free moisture hence the drying process is not 

considered in the modelling; (2) ideal gas law has been applied to the gas mixture as 

the reactor operates at atmospheric pressure; (3) The catalyst and the biomass 

particles are spherical and uniform in diameter. (4) The pre-determined CFP reactions 

kinetic parameters and stoichiometry constants are not affected by catalyst structural 

properties in sensitivity studies.  

2.2 Mass conservation equations 

The continuity equation for each Eulerian phase that simulates the 

hydrodynamics of gas-catalyst-biomass system is27:  

∂
∂t

(αρ) + ∇∙ (αρν⃗) = ṁ + S       (1) 

where α is the phase volume fraction (-), ρ is the density (kg/m3), �̇�𝑚 represents total 

mass exchange rate between the phases (kg/m3/s), S is the user defined mass source 

term (kg/m3/s). 

Equation (2) is for mass conservation of each component in the gas phase27:  

∂
∂t
�αgρgYi�  + ∇ ∙ �αgρgν⃗gY

i
�  = ṁg + Sg                                      (2) 



 

 

where Yi is the mass fraction of ith specie in gas phase (-). 

2.3 Momentum conservation and inter-phase exchange equations 

In the bubbling fluidized bed to be simulated, gas flow rate is not sufficiently 

enough to reach turbulent flow regime, thus the laminar viscous model is selected. 

The momentum conservative equation for the primary gas phase is developed as 

follows27:  

∂
∂t
�αgρgν⃗g�  + ∇∙ �αgρgν⃗gν⃗g�  = -αg∇p + ∇ τ̿g + αgρgg + Kgs�ν⃗g - ν��⃗ s� + Kgw�ν⃗g - 

ν⃗w� + 

ṁgwν⃗g  

 (3) 

where p is pressure (Pa), τ̿g is the viscous stress tensor, g is the gravitational force 

(9.81 m/s2), Kgs, Kgw are the phase momentum exchange coefficient for gas-solid 

phases (kg/m3/s), ṁgwν⃗g is the momentum transfer term associated to mass transfer 

between gas and biomass (kg/m2/s2), Kgs�ν⃗g - ν��⃗ s�  and Kgw�ν⃗g - ν��⃗ w�  are the 

interphase forces for the coupling of gas and solid momentum equations by drag 

forces (kg/m2/s2). The momentum conservative equations of the two secondary phases 

are similar to the gas phase.  

The Gidaspow model 28 that is valid for dense phase momentum exchange is 

used to calculate the drag force between gas and catalyst: 

Kgs = 
3αsαgρg

4νr,s2ds
CD (

Res
νr,s

) �ν⃗s - ν��⃗ g� ; CD = �0.63 + 4.8

�Res νr,s⁄
�

2

 (4)&(5) 
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Res, Reynolds number of solids relative to gas phase and vr,s, terminal velocity 

correlation for the solid phase are calculated as: 

Res = 
ρgds�ν⃗s-ν⃗g�

μl
 (6) 

νr,s = 0.5�A - 0.06Res + �(0.06Res)2 + 0.12Res(2B - A) + A2�   (7) 

where A and B are the parameters relate to gas phase fraction: 

A = αg
4.14; B = �

 0.8αg
1.28,  αg ≤ 0.85

αg
2.65      ,  αg > 0.85

 (8)&(9) 

Wen-Yu model 29 is used for drag force between the biomass and gas as shown in 

Equation (10) and the drag coefficient is determined by Equation (11) as follows:  

Kgw = 3
4

CD
αwαgρg�ν⃗w-ν⃗g�

ds
αg

-2.65; CD = 24
αgRes

 �1 + 0.15�αgRes�
0.687

� (10)&(11) 

The drag force between the catalyst and biomass is described with solid-solid drag 

model. The expression of momentum exchange coefficient Kws is given by Equation 

(12), and esw is coefficient of restitution, which is set to 0.9. Cfr,sw represents the 

friction coefficient between catalyst and biomass, and dw is the biomass particle 

diameter. g0,sw is the radial distribution function, calculated according to Syamlal et 

al.30: 

Kws = 
3(1 + esw)�π2 + Cfr,sb

π2

8 � αsρsαwρw(dw + ds)2 g0,sb

2π�ρbdw
3 + ρsds

3�
 |ν⃗s - ν⃗w| (12) 

2.3 Energy conservation and inter-phase exchange equations 

In the bubbling fluidized bed to be simulated, both conductive and convective 

heat transfers have been considered, while radiation is insignificant thus is not taken 
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in account. The energy conservation equation for the gas phase is expressed as follows:  

∂
∂t
�αgρghg�  + ∇∙ �αgρgν⃗ghg�  = -αg

∂p
∂t

 + τ̿g∶∇ν⃗g - ∇q�⃗ g + S + 

hgsags�Tg - Ts� + h
gw

agw�Tg - Tw�     

 (13)  

where hgs  and hgw  stand for heat transfer coefficients of the gas-catalyst, 

gas-biomass pairs.  agw and ags represent the interfacial area concentrations between 

gas and biomass and between gas and catalyst, respectively.   

The heat transfer between gas and catalyst uses the model developed by Gunn et 

al. 32: hgs = 6λgαgαsNus

ds
2                                                

(14)  

where λg is the thermal conductivity coefficient of the gas, and Nus is the solids 

Nusselt number, which can be expressed by: 

Nus = �7 - 10αg + 5αg
2� �1 + 0.7Res

2Pr
1
3�  + �1.33 - 2.4αg + 1.2αg

2�Res
0.7Pr

1
3   (15)  

Prandtl number ( Pr ) is determined as: Pr = 
Cp,g μg

λg
                         

 (16) 

Heat transfer rate between the gas phase and the biomass phase is dominant on 

the rates of pyrolysis reactions although the heat transfer between catalyst and 

biomass can also make contribution to a certain extent. Energy required for the 

endothermic biomass pyrolysis reactions comes from the convective heat transfer 

from the gas phase, which coefficient is calculated using the Ranz - Marsha model 33 

as given in Equations (17) and (18). The heat transfer between catalyst and biomass is 

calculated by Equation (19).  
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hgw = λgNuw

dw
; Nuw = 2.0 + 0.15Rew

0.8Pr0.5; hsw = �
Cpsλsρsαs

2

πt
           (17)&(18)&(19) 

2.3 Reaction pathways and kinetics of biomass catalytic fast pyrolysis  

(Insert Fig.2 here) 

The reaction pathway scheme and kinetics of biomass catalytic fast pyrolysis are 

proposed as shown in Fig. 2 using a two-stage, semi-global mechanism1,34,35 in which 

‘oil’ represents the organic components in the organic phase and ‘aqua’ the aqueous 

phase in the liquid product, respectively. All of the primary pyrolysis reactions with 

kinetic coefficients of k1 to k3 are assumed to be in first order which can be expressed 

by the Arrhenius kinetics equation (Equation 20). The values of the kinetic parameters 

are obtained from Blasi et al.36 as given in Table 1. 

ki = Aiexp(- Ea,i
RT

)      (20) 

(Insert Table 1 here) 

The rate of secondary catalytic cracking reaction of tar, which incorporates 

catalyst properties and mass transfer effects, will be introduced in the following 

section. 

2.4 Catalytic tar cracking mechanism 

The catalytic secondary tar cracking reaction is the key reaction in improving 

bio-oil quality in the pyrolysis process. Therefore, this reaction is an important part in 

the CFP model which takes into account the effects of catalyst structural properties 

and mass transfer between the tar components and the catalyst. The catalyst structural 

properties include porosity, specific surface area, pore diameter, curvature and 



 

 

adsorption coefficient of tar on the catalyst surface. Both external mass transfer of the 

tar vapor from bulk gas phase to outer surface of catalyst and internal diffusion 

through catalyst pores have been considered. 

The overall volumetric rate of tar catalytic cracking in each cell, Rreal, is given as:  

Rreal  =  Rmaxη fmtεcata   (21) 

Where Rmax is the maximum possible volumetric reaction rate throughout the catalyst 

particle corresponding to concentrations of bulk gas phase species, and η is the 

effective factor which is defined as the ratio of the volume-averaged reaction rate to 

Rmax. fmt in the above equation is the external mass transfer factor defined as ratio of 

tar concentration at apparent surface of the catalyst particles to the bulk gas phase, 

and εcata is the mean catalyst volume fraction of each cell in the fluidized bed. 

The maximum possible volumetric reaction rate, Rmax, can be calculated by:  

Rmax =Ae
Ea
RTCTSθtar =Ae

Ea
RT

S
DAC

2NA
Kaptar (22） 

The above equation is used to calculate the theoretical maximum volumetric rate of 

catalytic tar cracking reaction throughout a catalyst particle volume which is a 

function of catalyst properties and surrounding tar partial pressure around the catalyst 

particle. In the above equation, S is the specific surface area of the catalyst particles, 

DAC is the average size of the active site of the catalyst (the active site is 

approximately the square shaped, NA represents Avogadro constant, Ka is the 

adsorption coefficient of tar molecules on the catalyst surface, and ptar is the partial 

pressure of tar in the main gas phase. 

The effect of the internal diffusion of gaseous species within a catalyst particle 



 

 

was estimated by effective reaction volume method. The effective factor, η, is defined 

as the ratio of the volume-averaged reaction rate to the maximum reaction rate that 

could be determined while the internal diffusion rate is assumed infinity. η is an unique 

function of Thiele modulus, ϕ, which is the dimensionless ratio of intrinsic gas-solid 

reaction to internal diffusion rate. For spherical catalyst particles, η is determined by 

the correlation: 

η = 1
VsR�Ci,max�

∫ R(Ci)Vcata
dV = 1

3ϕ2 �
3ϕ

tanh(3ϕ)  - 1�  (23) 

in which ϕ = dp

6
�

kap

Dtar
eff                                                (24) 

where dp is the average diameter of catalyst particles. kap is the apparent reaction 

kinetic constant in first order approximation which can be expressed by:  

kap = Rmax/Ctar            (25) 

In Equation (24), Dtar
eff represents the effective diffusivity of tar molecules in the 

internal pore of catalyst particles, which is estimated by using the Bosanquet formula:   

Dtar
eff = ε

τ
� 1

Dtar,m
 + 1

Dtar,Kn
�

-1
   (26) 

In the above equation, Dtar,m is the free-space diffusivity of tar in gas phase, and Dtar,Kn 

is the Knudsen diffusivity in pores. These parameters are evaluated from binary 

diffusivities and catalyst pore diameter: 

Dtar,m = 1
1-xtar

∑ Dtar,j
b xj

n
j=1

j≠tar
 ; Dtar,Kn = dpore

3 � 8RT
πMWtar

 (27)&(28) 

The average diameter of the catalyst pore is estimated by the assumption of 

cylindrical geometry, and effect of pore curvature is taken into account by totuorisity 

factor τ as shown in Equation (26). 

dpore = 4ε
S0

    (29) 



 

 

The external mass transfer correction factor, fmt, represents the effect of mass 

transfer resistance from bulk gas phase to the outer surface of the catalyst particles 

which is calculated by letting the overall consumption rate of tar throughout a catalyst 

particle, πdp
3

6
kapCtar𝑓𝑓𝑚𝑚𝑚𝑚η, equal the external mass transfer rate from bulk gas to 

catalyst outer surface, 𝑘𝑘πdp2(Ctar − Ctar𝑓𝑓𝑚𝑚𝑚𝑚).  In this way, the reaction rate 

throughout the catalyst could be explicitly calculated from the gas phase tar 

concentration, and this will lead to the following equations. 

fmt = �1 + dpkapη
6k �

-1
 (30)  

The film mass transfer coefficient on the catalyst outer surface, k, used in Equation 

(30) is calculated by the following equation 37. 

k = Dtar,m

dp
(2 + 0.6Res0.5Sc1/3)  (31) 

Values of catalyst structural properties and kinetic constants of catalytic reaction 

(k4) are listed in Table 2. The values of HZSM-5 properties used as the catalyst 

structural parameters are obtained from previous study38. The activation energy for 

incomplete tar cracking, k4, takes the value from complete cracking39, as the energy 

barrier for initiation of tar cracking is dominant in comparison to degradation of less 

stable intermediates.  

(Insert Table 2 here) 

2.5 Numerical strategies and solution procedures  

The above developed CFP model was solved using a numerical technique in two 

dimensions for the bubbling fluidized bed reactor as shown in Fig.1. The reactor was 



 

 

discretized into a mesh of 48681 elements, with the mesh grid size ranging from 

9.93×10-7 m2 to 1.0×10-6 m2 depending on the geometrical location. The coupled mass, 

momentum and energy conservative governing equations for each control volume 

were solved with ANSYS Fluent v16.2. Proposed secondary catalytic tar cracking 

process was embedded into the model by UDF compiled from source file written in C 

language. Heterogeneous Stiff Chemistry Solver was enabled for the purpose of 

enhanced numerical robustness of the simulation. Phase coupled SIMPLE was 

selected for solving pressure-velocity coupling, with first order upwind spatial 

discretization scheme. The under-relaxation factors in solving the governing equations 

used default values, with exception of 0.35 for momentum and 0.18 for volume 

fraction for better stability. 

Prior to biomass feeding, a stable flow field of fluidizing gas at superficial 

velocity of 0.3 m/s in the catalyst bed at operation temperature of 500°C was obtained. 

After 2 s from the start, the pyrolysis started by setting biomass inlet feeding rate of 2 

kg/h. Time step was initially set to be 10-4 second, and then fine-tuned during 

simulation to achieve convergence with least number of iterations over flow time 

advancing. Simulation continued until the concentration field of components became 

stable which was about 60 seconds from the start of biomass feeding. The average 

accumulated wall-clock time for simulation of 10 s pyrolysis process on a working 

station platform was approximately 33 hours.  



 

 

2.6 Physical properties, and initial and boundary conditions 

Initial conditions include the catalyst bed mass and height, nitrogen superficial 

velocity, biomass feeding rate and operating temperature. The reactor wall boundary 

was set as non-slippery with fixed-temperature. Detailed material properties, initial 

and boundary conditions in the model simulation are summarized in Table 3. 

(Insert Table 3 here) 

3. Results and Discussion 

3.1. Model validation  

     The simulation results for product yields and distribution from the developed 

model of biomass catalytic fast pyrolysis (CFP) for the lab-scale bubbling fluidized 

bed pyrolyzer as shown in Fig.1 are presented in Fig.3, in which data of CFP of pine 

saw-dust for experimental validation of this work are also included for comparison. 

The experiments were conducted using bed materials of blended silicon sand and 

HZSM-5 zeolite catalyst at different blending ratios. Biomass particle size, catalyst 

and sand size, as well as the operation conditions were the same as those in the CFD 

model simulation listed in Table 2 and Table 3. In the simulation of CFP process with 

different blending ratios of catalyst to silica sand, these two solids were regarded as 

one Eulerian phase with physical properties based on the blending ratio and properties 

of catalyst and sand. In the meantime, the overall reaction rate of catalytic tar cracking 

was determined based on actual volume fraction of catalyst in bed.  

Table 4 gives comparison among the simulation results from the proposed model 



 

 

in this study (microscopic model), the results of CFP experiments conducted on same 

apparatus reported by this research team40 and the simulation results using the 

macroscopic model as proposed by Dong 24. It was reported that the model proposed 

by Dong et al. could give predictions in close agreement with the experimental 

results41, however, the model tends to over-estimate the bio-oil yield but 

under-estimate the gas and char yields in comparison with the experimental results of 

this study. The close agreement of the simulation results from the model proposed in 

this study  can be attributed to the inclusion of the secondary catalytic cracking of 

tars  which is related to the microstructural properties of the catalyst.  

(Insert Table 4 here) 

From Table 4, it can be found that the product distributions predicted using the 

microscopic (developed in the present study) are in close agreement with the 

experimental data with discrepancies of -2.32% to 0.84% which are much less than 

the macroscopic model proposed by Dong et al. with discrepancies of -15.4% to 9.3%. 

The slight difference between the simulation results from the proposed microscopic 

CFP model and the experimental results may be due to the secondary thermal 

cracking reaction of tar which was not included in the CFD model although the 

thermal tar cracking is believed to be much less influential than the catalytic 

secondary tar cracking. However in the future work, the secondary thermal cracking 

reaction will also be integrated into the CFP model and the influence can then be 

quantitatively assessed. 

Effects of catalyst blending ratio have also been examined by employing the 



 

 

developed CFP model and the simulation results are shown in Fig. 3 in which the 

experimental results are also included for comparison. From the figure, it can be 

found that the predicted product distributions are also in close agreement with the 

experimental data (overall R2 = 0.981). Simulation results of the both models show 

that the liquid yield decreases while the gas and char yields increase with increasing 

the catalyst blending ratio. This trend is consistent with experimental results, therefore, 

it gives confidence that the developed CFP model can be employed to investigate the 

effects of microstructure properties of the catalyst on the product yields and product 

distribution from CFP of the biomass.  

 (Insert Fig. 3 here) 

3.2. Detailed simulation results of biomass CFP in bubbling fluidized bed 

With confidence in the developed model developed in the present study as 

discussed in the above section, the model has been employed to predict detailed 

information of the hydrodynamics, the temperature profile and the product distribution 

within the fluidized bed reactor.   

3.2.1 Hydrodynamics of fluidized bed 

(Insert Fig. 4 here) 

Fig. 4 shows simulated volume fractions of three phases using the developed 

model for biomass CFP in the bubbling fluidized bed at steady operation conditions 

after 9 s from the start. Please note that in the Fig. 4, the biomass phase fraction is 



 

 

shown in logarithmic scale due to the large scale of variation. It can be seen from the 

figure that gas phase penetrates through the catalyst-biomass bed in form of bubbles, 

and biomass are evenly dispersed in the fluidized bed.  

The velocity fields of different phases in the reactor are shown in Fig. 5, and the 

amplification of velocity vector of the catalyst phase is shown. It can be seen that the 

catalyst particles are well fluidized in the reactor with several swirling vortices, which 

is also applied to spatial distribution of biomass. To better understand the flows of all 

phases, the vertical directional velocity profiles of gas, catalyst and biomass along the 

vertical centerline of the reactor are shown in Fig. 6 in which the biomass phase 

velocity is strongly correlated to the catalyst phase velocity in the bed due to intensive 

inter-phase momentum exchange. In Fig. 6, the solid velocity fluctuation from -0.25 

to +0.25 m/s confirms the fluidization of the particles in the bed. The fluctuated gas 

velocities through the bed from 0.2 to 0.7 m/s is due to the momentum exchange with 

the catalyst and biomass, but the gas velocity tends to stabilize above the bed at 0.5 

m/s which is slightly higher than the inlet nitrogen velocity due to the contribution of 

gas product from the pyrolysis process. The abrupt increase in gas velocity at the 

reactor exit (2.5 m/s) is due to the contraction of cross-section area from exit. 

(Insert Fig. 5 here) 

(Insert Fig. 6 here) 

3.2.2 Temperature distribution within the pyrolysis reactor 

Fig. 7 shows the model predicted temperature fields of the gas, catalyst and 



 

 

biomass phases after 9 s stable operation from the start of biomass feeding. It can be 

found from the figure that the temperatures of the gas phase and the catalyst phase are 

uniform at around 773 K, with no observable drop due to the biomass feeding at 

ambient temperature. This is because the biomass fraction in the bed is very low and 

its thermal mass is negligible in comparison to gas and catalyst (as shown in Fig. 4). 

While the temperature of biomass phase is considerably lower than the reactor 

temperature at the inlet position, it can be heated up quickly by the catalyst and the 

product gas as it moves within the fluidized bed. The temperature profiles also show 

that the heat consumption for biomass pyrolysis is low although some reactions are 

endothermic. This finding has confirmed that some pyrolysis reactions are exothermic 

as reported in previous studies42.   

(Insert Fig. 7 here) 

3.2.3 Product distribution within the pyrolysis reactor 

Fig. 8 shows the mass fraction contour of CFP gaseous products within the 

reactor in which tar exists in vapor phase however it condenses when being cooled 

down. It can be observed from the figure that the mass fraction distributions of these 

components share similar patterns in the bubbling fluidized bed reactor following the 

gas flow pattern. The mass fractions of the gaseous products are higher near the 

reactor walls and in the free space above the fluidized bed. This is because the gas 

vertical velocity along the wall regions is lower than the central zone of the reactor 

due to the near-wall effect, and thus the gaseous products with longer mean residence 

time tend to accumulate. In comparison with the non-catalytic pyrolysis simulation 



 

 

when catalyst loading is zero (results not presented in this paper), the gaseous product 

distributions are virtually the same although the catalytic cracking reaction of tar is 

considered. This is because the secondary reaction rate is low and majority 

components of the product gas are still from primary pyrolysis. 

(Insert Fig. 8 here) 

3.3 Effects of catalyst structural properties on CFP 

The developed model, after validation, has been employed on sensitivity analysis 

to investigate the effects of the following key catalyst structural properties that are 

difficult to alter independently in a practical CFP process: (a) The specific surface 

area of the catalyst particles. (b)The size of the active site. (c)The adsorption constant 

between tar and catalyst.(d) The tortuosity factor of pores.  

The effects of these parameters on biomass CFP performance will be discussed in 

the following sections. The key criteria of the CFP performance is the catalytic 

cracking efficiency of tars since it determines the conversion rate of biomass to 

desired products (organic phase). The mass fractions of products illustrated in 

following sections are taken as average value over reactor outlet. 

3.3.1 Effect of specific surface area of catalyst particle 

The specific surface area of the catalyst, the reference value (S0), was taken as 

that for the model validation given in Table 2 (3.0×108 m2/m3). The specific surface 

area is crucial in the biomass CFP as it not only influences the maximum possible 



 

 

reaction rate throughout catalytic particle (Equation 22), but also indirectly affects the 

magnitude of mass diffusion of gases within the catalyst particles (Equations 26-29). 

Fig. 9 shows the model simulation results for the influences of specific surface area of 

the catalyst on pyrolysis products distribution and catalytic tar cracking efficiency. In 

the figure the x-axis is the ratio of catalyst internal surface area (S) to that of the 

reference value (S0) in the range from 0.5 to 20. From the figure, it is found that while 

S/S0 is changed from 0.5 to 5, the mass fraction of the tar decreases remarkably while 

the mass fractions of other components of the products (water, char, gas, oil and 

aqueous) and catalytic cracking efficiency increase. However, when S/S0 is further 

increased beyond 5, the mass fractions of products and catalytic tar cracking 

efficiency change much slowly, approaching constant maximum values at S/S0 of 10 

at which point the corresponding dpore becomes 0.32 nm and the catalytic tar cracking 

efficiency is 36%. The reason for this is that specific surface area S and pore size dpore 

of the catalyst are reciprocals (Equation 29), the former determines the theoretical 

maximum reaction rate, Rmax, of the catalytic cracking (Equation 22) and the latter 

influences the internal diffusion of tar vapor through the pores (Equations 26-28). For 

diffusion of gaseous species in porous media, Knudsen diffusion, which flux is 

proportional to pore diameter dp, becomes dominant when pore size is less than 60 nm 

43. From the model simulation results, it is found that the largest pore size is 6 nm, 

which is 0.5 time of the reference value of S0. Therefore with increase of the S value, 

the available reaction surface area is increased for catalytic tar cracking, and the 

internal transportation rate of tar vapor through the pores is decreased with reduction 

javascript:;


 

 

in dpore, and vice versa. Therefore, the overall catalytic reaction rate, which is the 

combination of these two competing effects, can be promoted by increasing S in the 

situation that Knudsen diffusion is not the rate determining step (dpore> 2 nm). In this 

case, the reaction rate maintains relatively constant when dpore is in the order of 

magnitude of 0.1 nm (extremely small Knudsen diffusion), and this explains the 

occurrence of maxima in the catalytic tar cracking efficiency. In reality, the specific 

surface area of the catalyst may be altered by changing the porosity of catalyst 

structure to gain optimum performance for catalytic fast pyrolysis. 

 

(Insert Fig. 9 here) 

3.3.2 Effect of adsorption constant of tar on catalyst surfaces 

Adsorption constant, Ka, of tar vapor on the catalyst surfaces reflects the amount 

of tar molecules being adsorbed on the catalyst surface, and is thus directly related to 

the theoretical maximum reaction rate of catalytic tar cracking as shown in Equation 

(22). Ka is an intrinsic physiochemical property of catalyst and reflects the tar 

adsorption capability or selectivity of catalyst. This constant is a function of a number 

of factors including raw materials, recipe of the catalyst or preparation methods of the 

catalyst. However how the Ka changes with these factors are beyond the scope of this 

study. Fig.10 shows the model simulation results of tar cracking efficiency and mass 

yields of biomass pyrolysis products as a function of ratio of the adsorption constant 

to the reference value Ka/Ka,0. The reference value of Ka,0 was taken as 10-7 g/(g∙Pa) 

which was used in the validation simulation. From Fig. 10, it is found that with 



 

 

Ka/Ka,0 increasing from 0.5 to 5, the mass fraction of tar compounds decreases 

gradually while the fractions of other products increase, and this is particularly 

remarkable for water and aqueous. In the meantime, the catalytic cracking efficiency 

of the tar compounds increases linearly from 10 to 30% with Ka/Ka,0 from 0.5 to 2 

which follows the relationship given by Equation (22). With further increase in 

Ka/Ka,0 from 2 to 5, the enhancement of catalytic cracking efficiency slows down, 

increasing from 30% to 45%. This can be explained by the fact that at high intrinsic 

reaction rate of tar cracking, the mass transfer resistance becomes more influential on 

Rmax. Unlike S, the increase in Ka will not directly affect the internal mass transfer, the 

catalytic cracking efficiency increases in a square root function pattern with respect to 

Ka in which no local maxima is expected. 

(Insert Fig. 10 here) 

3.3.3 Effect of average size of active sites of the catalyst 

In the micro-scale structure of the catalyst, the size of active site, DAC, is the mean 

reactive area required by the specified reaction which reflects the catalytic ability per 

unit surface area of the catalyst. In general, with larger average size of active site, the 

number concentration of active sites for a given catalyst volume becomes smaller, 

hence the catalytic reaction rate will be slower. The number concentration is 

reciprocal to the square of active site size (Equation 22). However in this work, the 

active site size was used as the variable parameter as DAC value is comparable with 

size of gaseous molecules, and it would be explicit to illustrate that the catalyst 



 

 

configuration does not fall in the repulsive occupation regime in which occupation 

will no longer increase with the site concentration. In the base-case simulation, the 

reference active site size, DAC,0, was taken as 3×10-10 m (0.3 nm, fringe of gas 

molecule repulsive interactions become significant) which was used in the model 

validation simulation. The effect of DAC as the ratio of DAC/DAC,0 on the biomass CFP 

performance is shown in Fig. 11 from the model simulation. From the figure, it is 

found that the catalytic cracking efficiency of the tar compounds reduces dramatically 

from 22 to 7% with increasing the size of the active site from 0.3 to 0.6 nm (DAC/DAC,0 

from 1 to 2). However, with further increase in DAC from 0.6 to 0.9 nm (DAC/DAC,0 

from 2 to 3), the catalytic cracking efficiency of tar drops to below 4%. This pattern of 

reduction of tar cracking efficiency with DAC/DAC,0 also applies to the mass fractions of 

biomass CFP final products, as shown in Fig.11. This trend can be explained from 

Equation (22) which indicates that the theoretical maximum reaction rate of catalytic 

tar cracking is inversely proportional to the square of DAC. Therefore smaller average 

active site size is beneficial to catalytic tar cracking efficiency, and increase in number 

concentration of active site is a possible way to improve the CFP performance. On the 

oppotite trend, the tar mass farction in the biomass CFP products increases with 

increasing DAC/DAC,0 as less tar compounds are cracked when the size of active site is 

increased. The value of DAC reflects the number concentration of active sites per 

catalyst volume, and it may be reduced by increasing the amount of active 

components (e.g. noble metals) or improve their dispersion in the stage of catalyst 

preparation. 



 

 

(Insert Fig. 11 here) 

3.3.4 Effect of pore tortuosity factor 

The catalytic cracking reaction of tar can take place both on the particle outer 

surfaces and on the internal pore surfaces of the catalyst44,45. In reality, the 

non-cylindrical irregularity, curvature channels for instance, in pore geometry creates 

additional mass transfer resistance within the catalyst particle. To quantify the internal 

diffusion resistance due to geometrical irregularity of pores of the catalyst, the 

tortuosity factor of the pores (τ) is introduced which is defined as the ratio of average 

fluid pathway length through pores to a straight pathway channel over the same 

distance. Therefore, the tortuosity factor of the perfect cylindrical pores is equal to 1 

while the curved pores have the tortuosity factor greater than 1. In this study slightly 

tortuous pores (τ =1.2) were assumed for start as on average, as slightly tortuous pores 

could be observed in microscopic characterization of catalyst, and the impact of 

tortuosity was then investigated using the developed model. In the sensitivity analysis, 

the ratio (τ/τ0) of tortuosity factor to the reference value, which was given in Table 2, 

was investigated for the effects of tortuosity factor on biomass CFP performance, and 

the results are shown in Fig. 12. It can be seen from the figure that the tar mass 

fraction increases with τ while yields of other products decrease slightly. This is 

because the curvatures in the pores reduce the effective diffusion of the tar vapors 

through the catalyst particle, hence the overall reaction rate of catalytic tar cracking is 

reduced. However, the effect of tortuosity on catalytic cracking of tar is less significant 



 

 

compared to other previously mentioned factors. This can be observed from the 

catalytic cracking efficiency change, which is decreased from 21% to 19% with τ/τ0 

increasing from 1 to 4, and is further decreased to 13% with 10 fold increase in τ.  

(Insert Fig. 12 here) 

3.4 Effect of external mass transfer on the apparent surface of catalyst 

In this study, the effect of external mass transfer from bulk gas phase to the 

apparent surface of the catalyst in biomass CFP process was investigated by the using 

the developed model. The results are shown in Fig. 13 in which the product fractions 

and catalytic tar cracking efficiency are plotted against the ratio of external mass 

transfer coefficient to the base-case simulation value quantified with k/k0 varying from 

0.1 to 10. From Fig. 13, it can be seen that the impact of varying k is not significant in 

comparison to other parameters, as mass fraction of tar is decreasing slightly while 

yield of other products and the catalytic cracking efficiency of tar increases slightly 

(3%) with increasing k by 100 times (0.1 to 10). In Equation (30), fmt is introduced as 

the relative effect of external mass transfer resistance on overall volumetric rate of tar 

cracking., It can be seen from Equation (30) that when k is large enough, value of fmt 

approaches to 1 and will hardly change with further increasing k. This implies that 

when the external mass transfer resistance is negligible, the overall catalytic reaction 

rate will not depend on k. In this study, the base-case simulation average fmt was found 

to be 0.95 within the fluidized bed, this indicates the external mass transfer k is large 

enough to overcome the external mass transfer resistance due to small catalyst 



 

 

diameter. Therefore in the scope of this study, the catalytic tar efficiency increases 

slightly with k.  

(insert Fig. 13 here) 

3.5 Comparison of impacts of factors influencing CFP  

In the above sections, the impacts of a number of catalyst structural properties on 

biomass CFP performance have been investigated. In terms of the catalytic tar 

cracking efficiency, the order of impacts of these properties is found to be: 0.257 for 

the adsorption constant Ka, 0.226 for the size of active site DAC, 0.124 for the specific 

surface area S, 0.038 for the tortuosity factor of the pores τ, and 0.011 for the external 

mass transfer coefficient k. The catalytic tar cracking efficiency is most sensitive to 

adsorption constant, and biomass CFP performance could be improved tremendously 

by increasing Ka. In comparison with catalyst structural properties, external mass 

transfer is a negligible factor to influence the biomass CFP performance. 

4.  Conclusion 

In this study, a CFD model has been developed to simulate the catalytic fast 

pyrolysis of biomass (CFP) in a laboratory scale bubbling fluidized bed. In the 

developed model, sophisticated catalyst tar cracking mechanism, which is related to 

intrinsic chemical reactions, mass transfer and catalyst structural properties, has been 

proposed and embedded into the reactive multi-phase flow model. The model can be 

used to better understand the CFP process and to investigate the impacts of catalyst 



 

 

structural properties as well as mass transfer on the performance of biomass CFP. 

The developed model has been experimentally validated by the CFP of pine 

sawdust. The developed model also has been compared with previously reported 

model. It is found that the model developed in this study can give more accurate 

predictions which is attributed to the inclusion of the secondary catalytic cracking of 

tars, which is related to the microstructural properties of the catalyst.  

Parameter study has been carried out to examine impacts of catalyst structural 

properties on the tar cracking efficiency of the process. The model simulation results 

show that the CFP performance, in term of tar cracking efficiency, changes 

monotonically with the investigated properties except for the specific surface area. 

The optimum specific surface area for this case is about 3.0×109 m2/m3, which is 10 

times of the reference value used in the base-case simulation, and the corresponding 

maximum efficiency was found to be 36%. . 

The order of impacts of the catalysts properties on the overall CFP performance 

of biomass in bubbling fluidized bed is found to be: adsorption constant > size of the 

active site > specific surface area > tortuosity > external mass transfer. This implies 

tar adsorption selectivity of tar vapor should be taken into account as a key parameter 

in the future design of biomass CFP catalyst. The tortuosity of pores slows down the 

overall reaction rate by hindering tar vapor diffusion within the catalyst structure. The 

effect of external mass transfer between the bulk gas phase and the catalyst surface 

was found to have the least influence on the CFP performance because the mass 

transfer resistance in this study is found to be insignificant. 
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Fig. 1. Schematic diagram of bubbling fluidized bed reactor for the CFD 

modelling. 

 

Fig. 2. Reaction pathway scheme and kinetics of biomass catalytic fast pyrolysis 

 

Fig. 3. Comparisons of predicted product yields from the CFP model developed in the 

present study (with indicator of ‘s’) with the experiment data (with indicator of ‘e’) at 

different catalyst blending ratios.  



 

 

 

(a)              (b)           (c) 

Fig. 4. The model simulated results of volume fraction of (a) gases, (b) catalyst and (c) 

biomass the different phases for biomass CFP in the bubbling fluidized bed at steady 

operation conditions after 9 s from the biomass feeding start.  

 

  (a)  (b)                        (c) 

Fig. 5. The model predicted velocity fields of (a) gases, (b) biomass and (c) catalyst 

for biomass CFP in the bubbling fluidized bed after 9 s from the start. 

 

Fig. 6. Model predicted vertical velocity profiles of gas, catalyst and biomass along 

the vertical centerline for biomass CFP in the bubbling fluidized bed after 9 s from the 



 

 

start. 

 

(a)      (b)     (c) 

Fig. 7. Model predicted temperature fields of (a) gases, (b) catalyst and (c) biomass in 

the bubbling fluidized bed reactor at 9 s from the feeding start (temperature of 773 K 

of phases above the bed is due to initialization of solution). 

  

Fig. 8. Model predicted mass fraction contours of gas phase components in the 

pyrolysis reactor after 9 s from the start. 



 

 

 

Fig. 9: Model predicted pyrolysis products distributions and catalytic tar cracking 

efficiency as a function specific internal area of catalyst represented by S/S0. 

 

Fig. 10: Model simulated yields of biomass pyrolysis products and catalytic cracking 

efficiency of tar as a function of adsorption constant of tar on the catalyst surfaces. 

 



 

 

Fig. 11. Model simulated results of products distributions and catalytic cracking 

efficiency of tar from biomass CFP as function of average size of active sites. 

 

Fig. 12. Model predicted results for the effects of tortuosity factor of catalyst pores on 

product distributions and catalytic cracking efficiency of tar in biomass catalytic fast 

pyrolysis.  

 

Fig. 13 Pyrolysis products distributions and catalytic cracking efficiency of tar as 

function of film mass transfer coefficient. 
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Name Description Unit 
Greek and Roman symbols 
U0 reactor superficial velocity m/s 
Umf minimum fluidizing velocity m/s 
α volume fraction of phase (-) 
ρ density kg/m3 
ṁ interphase mass exchange rate kg/m3/s 
S user-defined mass/energy source kg/J m-3s-1 
Y mass fraction of species (-) 
ν⃗ velocity vector m/s 
p pressure  Pa 
τ̿ viscous stress tensor Pa 
g gravitational force m/s2 
K interphase momentum exchange coefficient  kg/m3/s 
vr terminal velocity correlation (-) 
d diameter m 
CD drag coefficient (-) 
e the coefficient of restitution (-) 
Cfr friction coefficient between solid particles (-) 
g0 solid particle radial distribution coefficient (-) 
h specific enthalpy J/kg 
h heat transfer coefficient W/m2/K 
q�⃗  heat flux W/m2 
a volumetric specific interfacial area m2/m3 
λ thermal conductivity W/m/K 
Cp heat capacity J/kg/K 
μ viscosity Pa·s 
k reaction kinetic constant s-1 
k external mass transfer coefficient m/s 
A pre-exponential factor of reaction s-1 
Ea activation energy of reaction kJ/mol 
R universal gas constant J/mol/K 
T temperature K 
CTS specific total concentration of site  mol/m3 
R volumetric reaction rate mol/m3/s 
η effective factor of volumetric reaction rate (-) 
fmt mass transfer correction factor  (-) 
ε void fraction  (-) 
S specific surface area m2/m3 
DAC average size of the active site  nm 
θ surface occupation fraction  (-) 
Ka adsorption constant Pa-1 
V volume m3 



 

 

C molar concentration mol/m3 
φ Thiele modulus (-) 
D mass diffusivity m2/s 
τ pore totuorisity factor (-) 
x component molar fraction (-) 
Subscripts 
i specie index  
g gas phase  
s bed material phase  
w biomass phase  
cata catalyst   
Kn Knudsen diffusivity  
pore catalyst micro-pore  
Dimensionaless 
Re Reynolds number  
Nu Nusselt number  
Pt Prandtl Number  
Sc Schmidt Number  

 



REACTION ENGINEERING, KINETICS AND 
CATALYSIS 

AIChE Journal 

 DOI10.1002/aic.17637 
 

 

 
Table 1: Reaction kinetics parameters of primary thermal pyrolysis 36.  

Reaction A (1/s) Ea (kJ/mol) 
Biomass → Gas (k1) 4.38 × 109 148 
Biomass → Tar (k2) 1.08 × 1010 153 

Biomass → Char (k3) 3.27 × 106 112 
 

Table 2: Catalysts structural properties for HZSM-5 and tar cracking reaction kinetic 
parameters for base-case model simulation 
Structural parameters of the catalysts Value (unit) 
Void fraction of catalyst (ε) 0.242(-) 38 
Tortuosity factor of pores (τ) 1.2(-) 
Specific internal surface area (S) 3.0×108 (m2/m3) 38 
Diameter of pores (dpore) 3.2 (nm) 38 
Average size of active sites (DAC) 3.0×10-10 (m) (0.3 nm) 
Adsorption constant of tar (Ka) 1.0×10-7 (g/(g∙Pa)) 
Pre-exponential factor (A)  2.73×107 (1/s) 
Activation energy (Ea)  108 (kJ/mol) 39 

 
Table 3: Physical properties, initial and boundary conditions used in the base-case 
simulation of catalyst fast pyrolysis  
Phase Parameter Value (unit) Comment 
Biomass  
(Pine sawdust) 
 
 

Density (ρw) 600 kg/m3  
Fixed 
value 

Particle size (dw) 0.5 mm 
Heat capacity (Cp,w) 1500 J/(kg∙K) 
Heat conductivity (λw) 0.105 W/m/K 

Bed Material 
Catalyst/Sand 
(HZSM-5/ 
Silicon) 

Density(ρcata/ρsand) 1210/2650 kg/m3  
Fixed 
value 

Heat capacity (Cp,cata/Cp,sand) 900/1130 J/kg/K 
Particle size (dcata/dsand) 0.5/0.23 mm 
Heat conductivity (λcata/λsand) 0.25/0.75 W/m/K   

Gas (N2 and pyro 
gas mixture) 

Viscosity (μg) 3.44×10-5 kg/(m∙s) 773K 
Heat capacity (Cp,g) mixing-law  
Heat conductivity (λg) 0.0563 W/m/K 773K 

Initial/Boundary  
Conditions 

Pressure-outlet (Pout) 101.3 kPa Fixed 
Temperature-inlet (Tin) 773 K Nitrogen 
Velocity inlet (U0) 0.3 m/s Nitrogen 
Mass flow rate-inlet (Mw,in)  2 kg/h Biomass 
Catalyst loading (Hstatic) 0.08 m Fixed  
Initial solid packing(εs,0) 0.6 Fixed  

 
 
 



 

 

 
Table 4: Comparisons of predicted product yields with the experiment data of 100% 
catalyst 

Parameters Mass fraction (%) 

  Simulation results         Experimental data(3) 
Product yields  Microscopic(1) Macroscopic(2)   

Tar+oil+aqueous  44.03 47.35 43.7±3.2 
Gas  18.95 16.41 19.4±1.1 
Char  17.76 15.36 17.8±0.6 
Water  19.26 20.88 19.1±2.4 

Tar Cracking 
 Efficiency (%) 

 21 22  

Note: (1) Simlation results from the microscopic CFP model developed in this study;  
(2) Simulation results from the macroscopic CFP model propsoed by Dong 24. 
(3) CFP Experiment of pine sawdust at pyrolysis temperature of 500°C, biomass 
feeding rate of 2 kg/h and nitrogen feeding rate of 2.2 m3/h.  
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